Simulation and modelling of hydrogen production by sorption enhanced steam methane reforming in fixed bed reactors by Rusten, Hans Kristian
Doctoral theses at NTNU, 2010:80
Hans Kristian Rusten
Simulation and modelling of
hydrogen production by sorption
enhanced steam methane reforming
in fixed bed reactors
ISBN 978-82-471-2121-4 (printed ver.)
ISBN  978-82-471-2122-1 (electronic ver.)
ISSN 1503-8181
N
TN
U
N
or
w
eg
ia
n 
U
ni
ve
rs
ity
 o
f
Sc
ie
nc
e 
an
d 
Te
ch
no
lo
gy
Th
es
is
 fo
r 
th
e 
de
gr
ee
 o
f
ph
ilo
so
ph
ia
e 
do
ct
or
Fa
cu
lt
y 
of
 N
at
ur
al
 S
ci
en
ce
s 
an
d 
Te
ch
no
lo
gy
In
st
itu
te
 o
f C
he
m
ic
al
 E
ng
in
ee
ri
ng
D
octoral theses at N
TN
U
, 2010:80
H
ans K
ristian R
usten
Hans Kristian Rusten
Simulation and modelling of
hydrogen production by sorption
enhanced steam methane
reforming in fixed bed reactors
Thesis for the degree of philosophiae doctor
Trondheim, April 2010
Norwegian University of
Science and Technology
Faculty of Natural Sciences and Technology
Institute of Chemical Engineering
NTNU
Norwegian University of Science and Technology
Thesis for the degree of philosophiae doctor
Faculty of Natural Sciences and Technology
Institute of Chemical Engineering
©Hans Kristian Rusten
ISBN 978-82-471-2121-4 (printed ver.)
ISBN  978-82-471-2122-1 (electronic ver.)
ISSN 1503-8181
Doctoral Theses at NTNU, 2010:80
Printed by Tapir Uttrykk
Preface
This work has been carried out at the Department of Chemical Engineering at the
Norwegian University of Science and Technology. The work has been financed by
the Norwegian Research Council through the KLIMATEK program.
My supervisor Dr. Hugo Jakobsen deserves a thousand thanks for his patience
and valuable support, specially for the input to the numerical part of the thesis.
The help and work of Dr. De Chen and Dr. Esther Ochoa-Ferna´ndez has been
invaluable and given me insight into the world of experimental work. Without the
experimental work of Esther, the simulations presented in this thesis would not had
been possible.
I would also like to thank Ha˚vard Lindborg and Erik Hessen for their contri-
bution to my work.
Thanks to my family and especially my parents for always believing in me,
and for my genes.
Also many thanks to friends and the NTNUI B-lag for making the years in
Trondheim a great pleasure even outside the office. Last but not least I would like
to thank myself for hanging in there, in what has been the most challenging task
of my life.
i
ii Preface
Abstract
An increased demand for hydrogen as energy-carrier and as fuel for clean power
generation is expected during the 21st century. The Kyoto-protocol states that the
world has to decrease it’s CO2-emissions to the atmosphere. A concept combin-
ing hydrogen production and sequestration of CO2 is the sorption enhanced steam
methane reforming (SE-SMR) process. This is an alternative to the traditional
steam methane reforming (SMR) for production of hydrogen. SE-SMR is a con-
cept that has received increased attention in recent years. The process utilizes a
solid CO2-acceptor to capture CO2 in the reforming reactor and thereby change
the normal thermodynamic limitations of steam methane reforming.
The work in this thesis has focused on simulation of hydrogen production by
sorption enhanced steam methane reforming in a fixed bed reactor. A robust tran-
sient one dimensional model has been formulated and implemented for the sim-
ulations of the reforming reactor. Three main models have been formulated, one
pseudo-homogeneous model and two heterogeneous model that account for intra-
particle mass and heat transfer. The two heterogeneous models are different in the
way the solid materials are placed in the reactor. The 1-particle model considers
one type of pellet in the reactor consisting of both catalytic and sorbent material,
while the 2-particle model considers two separate pellet types with catalytic and
sorbent material.
Kinetic models for all major reactions must be formulated to simulate the sorp-
tion enhanced steam methane reforming reactor. The steam methane reforming
reactions have been extensively studied earlier, and the kinetic model of Xiu and
Froment was used in the simulations. Different solid synthetic materials for the
high temperature CO2 capture have been studied, and kinetic models for capture
of CO2 on these materials have been formulated in this thesis. Two of the materi-
als, nanocrystalline lithium zirconate and sodium zirconate have been synthesized
at NTNU, while the lithium silicate was obtained from Toshiba. The materials
synthesized at NTNU showed quite similar kinetic properties, and the capture rate
of CO2 was described by a first order rate reaction with respect to fractional con-
version of the solid. However, while the shape of the rate expression was similar
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for the two zirconates, the reaction rates did differ substantially. The lithium zir-
conate had the slowest capture rate of the materials; with a kinetic constant about
100 times lower than the one for sodium zirconate, which showed the fastest ki-
netics. The capture rate on lithium silicate was found to be between the two other
materials.
The reactor simulations of SE-SMR show that it is possible to produce hy-
drogen with purity above 80 % on a dry basis in a fixed bed reactor with the in-
vestigated sorbents. The reactor performance are highly dependent on the capture
kinetics and while hydrogen with over 80% purity could be produced with a super-
ficial velocity of 2 m/s and a steam to carbon ratio of 3 with Na2ZrO3 as sorbent,
a superficial velocity of 0.3 m/s and a steam to carbon ratio of 5 was necessary
for Li2ZrO3. The performance of Li4SiO4 is between these two materials. In all
reactor simulations it was found that there will be large temperature gradients in
the reactor even if the total reaction is not very endothermic. If a fixed bed re-
actor is operated without external heating, the temperature close to the inlet will
decrease dramatically, while the outlet temperature will increase. This means that
temperature control could be necessary during hydrogen production, and that heat-
ing/cooling not only has to be supplied during regeneration.
The results from the reactor simulations have been incorporated in computer
simulations of the whole process of producing pure hydrogen by SE-SMR. Sorp-
tion enhanced reforming, regeneration of sorbent, heating and cooling of the reac-
tor bed, CO2 compression, H2 purification by presure swing adsorption, and heat
integration of the process are the main parts of the hydrogen production process.
The data on regeneration has been limited and the process sizing and performance
is mainly based on the reforming being the limiting factor. The efficiency is very
dependent on the amount of heat that must be supplied to the reactor in the regen-
eration step and the CO2-sorption kinetics of the sorbent. A thermal efficiency of
0.71 was calculated for an SE-SMR process with Na2ZrO3 as sorbent with a gas
velocity of 2 m/s, a 10 m long reactor, a pressure of 10 bar, a reforming temper-
ature of 848 K and a steam to carbon ratio of 3. The heat for regeneration was
in this case supplied by combustion of methane in pure oxygen and yielded high
CO2 removal (≈ 100%). The thermal efficiency is comparable and better than for
autothermal reforming with CO2 removal by an amine process.
The temperature of regeneration used for Li2ZrO3 as sorbent were only 52 ◦C
higher than the reforming temperature, while it was 325 ◦C higher for Na2ZrO3.
When Li2ZrO3 replaced Na2ZrO3 as CO2-acceptor, the lower temperature increase
for regeneration, which lead to less heat supplied, did make up for some of the
disadvantages of Li2ZrO3, but in total the slower kinetics make it a less promising
sorbent for SE-SMR. With all other parameters equal the thermal efficiency fell
from 0.71 to 0.67 when using Li2ZrO3 as acceptor instead of Na2ZrO3. At the
vsame time the cross-section area of the reactor had to be increased almost 10 times
to get the throughput that was necessary to have equal production of hydrogen.
Producing hydrogen with a total lower heating value of 700 MW the necessary
reactor cross-sectional area was about 20 m2 for the simulation with Na2ZrO3 as
sorbent, while the necessary crossectional area for Li2ZrO3 were 173 m2.
The possibility of not producing pure hydrogen, but a mixture of hydrogen and
methane by SE-SMR with Na2ZrO3 as sorbent has also been investigated. With the
low conversion of methane, the CO2-capture simulated for this process was only 62
% when the methane content in the product is calculated as CO2-equivalents. The
thermal efficiency of this process was about 0.83, compared to the 0.71 for the case
with pure hydrogen as product. If the kinetics of CO2-sorption could be increased,
giving higher hydrogen content in the product, an increased CO2 removal can be
reached without lowering the thermal efficiency.
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Chapter 1
Introduction
1.1 Global warming and CO2-capture
The intergovernmental climate panel’s (IPCC) report Climate Change 2007 states
that ”Most of the observed increase in globally-averaged temperature since the mid
20th century is very likely due to the observed increase in anthropogenic GHG
(green-house gas) concentrations”.7 Among the anthropogenic green-house gases,
which mainly includes methane, nitrous oxide, carbon dioxide and fluoride com-
pounds, CO2 is the most important. Of the total emissions, CO2 has a share of
76.7 % estimated in CO2-equivalents and 74 % of this comes from the use of fossil
fuel. From pre-industrial times (1750) the CO2-concentration in the atmosphere
has increased from about 280 ppm to 379 ppm (2005). It is acknowledged that
a decrease in the world’s CO2 emissions is necessary to decrease and ultimately
reverse the global warming due to anthropogenic green-house gas emissions. The
importance of this work was underlined by the presentation of Al Gore and the
IPCC as winners of the 2007 Nobel Peace Prize.
Different strategies can be employed to mitigate the CO2-emissions, and as the
world shows no desire to reduce its energy consumptions other strategies should be
investigated. One strategy is carbon capture and storage. Fossil fuels is the main
energy source in the world and by capturing carbon from the hydrocarbons and
store it, less CO2 will be emitted to the atmosphere. CO2-sequestration processes
can be divided into three main categories.
• Post-combustion systems separate the CO2 from the combustion flue gas.
This is the most mature CO2-removal technology in the world and chemical
absorption is the dominating process. CO2 is absorbed in a liquid, typi-
cally an amine-solution, and by heating the amine solution the pure CO2 is
stripped off. Other possibilities for post-combustion systems are the use of
solid sorbents and membranes.
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• Pre-combustion systems separate out the carbon from the fuel before the
combustion. This is done by converting the fuel into hydrogen and carbon
dioxide and/or carbon monoxide. This produces a high energy carbon free
fuel (hydrogen) which can be used both for large power generation facilities
and smaller mobile units which will only emit water.
• Oxy-fuel systems use pure oxygen for the combustion of natural gas and
with mainly CO2 and water as the combustion products this minimizes the
need for downstream separation equipment. The disadvantage is that large
volumes of expensive pure oxygen are needed and that combustion in pure
oxygen yields very high temperatures.
For the carbon sequestration to have any meaning, the CO2 has to be stored in a
closed environment which is secure for a long timescale. The primary possibility
for this is to store it underground and the concept is already well proven. Three
large scale industrial projects are presently in operation; the Sleipner project in
Norway, the Weyburn project in Canada and the In Salah project in Algeria.48
Depleted oil fields are suitable places for CO2-storage because of the cap rock in
these formations. CO2 can also be injected in oil fields that are still in operation to
maintain the pressure and thereby enhance the oil recovery (EOR).
1.2 The hydrogen economy
Hydrogen is by many viewed as the energy carrier for the future.1 Today the use of
hydrogen is mainly for ammonia/urea and methanol production and for hydrogena-
tion of heavy hydrocarbons. About 95% of the current global hydrogen production
is made and consumed on the same site in these chemical processes. This is ex-
pected to change dramatically, as hydrogen moves from being primary a reagent in
production of other chemicals to being an energy carrier. This change is foreseen
because hydrogen has several properties which makes it an attractive fuel:
• It has a high lower heating value per mass, 2.4, 2.8 and 4 times higher than
methane, gasoline and coal, respectively.
• Combustion of hydrogen does not lead to CO2-emissions or in the case
of low temperature fuel cells, no nitrous oxide, sulphur dioxide or carbon
monoxide.
• Fuel cells have high energy efficiency compared to traditional combustion
(∼ 50%, with a possibility to reach 60% vs. 20-38 % for internal combus-
tion46)
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• Compared to electricity it can be stored without significant losses.
Although there are strong initiatives to make hydrogen the fuel of the future,
there are several obstacles to overcome. Storage is a key issue for the use of hy-
drogen in the transport sector. As a gas the volume is far too large for practi-
cal use, hence it has to be pressurized or stored in other ways. Currently pres-
surized tanks at 350-700 atm permit storage of liquid H2 but is very expensive
(∼ $ 3000/kgH2).46 The transport of pure hydrogen also pose a large explosion
risk and other options for storage, such as storage in solid materials, seems to be
necessary for moving units. Another obstacle on the road towards a hydrogen
economy is that the fuel cell technology is not mature enough to compete with
internal combustion. Technology breakthrough is needed to reduce the price, and
improve the reliability and cost.1
For the production of hydrogen several different processes is possible and they
are shown in table 1.1, and it is expected that a combination of these technologies
will be used for the worlds hydrogen demand. It has to be pointed out that, in any
scenario, hydrogen is an energy carrier, like electricity, and not an energy source.
It has to be converted from natural hydrogen sources, typically hydrocarbons or
water, and when reacting with oxygen by the exothermic reaction 1.1 it can be
returned to nature as water.
H2 +
1
2
O2→ H2O ∆H298 =−286kJ/mol (1.1)
When the earth’s fossil fuel reserves dries out, both the energy and the hydrogen
must come from other sources, but during a slow transition to the hydrogen society
reforming of natural gas will have to play a major role. The price of hydrogen
produced from natural gas is still much lower than from other sources and the
economics is the major driving force in industrial processes.48
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Table 1.1: Summary of hydrogen production technologies
Hydrogen production technology Description
Electrolysis Water is split to hydrogen and oxygen
in an electrolytic cell
Reforming and gasification Natural gas is converted to hydrogen
and carbon dioxide, or higher hydro-
carbons and coal can be gasified using
oxygen.
Biomass Biological materials such as corn,
sugar canes, sunflower and sawmill
residues are transformed to hydrogen
and CO2. Biomass is called CO2-
neutral since it contributes to small net
CO2-emissions.
Thermochemical cycles Using waste heat from nuclear reactors
one can use a cycle involving e.g. sul-
phur and iodine compounds to extract
hydrogen from water.
Biological production Algae or bacteria can produce hydro-
gen from water
1.3 Steam methane reforming
Steam methane reforming (SMR) is the prevailing process for hydrogen production
and accounts for more than half of the world production.49 Natural gas is fed to a
reactor with excess of steam, and with methane as the main component in natural
gas, the main reactions in steam methane reforming are:
CH4 +H2O↔CO+3H2 ∆H298 = 206kJ/mol (1.2)
CO+H2O↔CO2 +H2 ∆H298 =−41kJ/mol (1.3)
Equation (1.2) is the reforming reaction and equation (1.3) is the water-gas shift
reaction.
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In conventional SMR the hydrogen and CO/CO2 are produced over a nickel
catalyst at high temperatures. The catalyst is contained in reformer tubes, which
are located in a box type fired furnace, where combustion of natural gas provides
the heat. To get high conversions high temperatures are needed, and the conver-
sion is favoured by low pressure. A high steam-to-carbon (S/C)-ratio will increase
the conversion of methane but decreases the energy efficiency of the process and
higher volumetric flow will increase the equipment cost. Typical operation tem-
peratures for SMR are 800-950 ◦C, a pressure of 20-40 bar and S/C-ratio about
2.5. An overview of the steps in an SMR-process with CO2- capture is shown in
figure 1.1
Natural 
gas Hydrogen
Sulphur 
removal
Pre-
reforming Reforming
CO2 
removal PSAShift
Figure 1.1: An overview of the steps in an SMR-process with CO2-capture and
hydrogen purification by pressure swing adsorption(PSA).
If the natural gas contain sulphur compounds, a pre-treating of the gas is nec-
essary to remove the sulphur which deactivates the reforming catalyst. After the
pre-treatment some processes uses a pre-reformer where heavier hydrocarbons are
converted to methane. The main reforming reactions are carried out in the fired
reformer where methane is converted to mainly hydrogen, carbon monoxide and
carbon dioxide. Equation (1.3) is thermodynamically favoured at low temperatures
and the high temperature reformer is followed by one or usually two shift reactors
operated at lower temperatures, typically 300-500 ◦C, to convert CO and steam to
hydrogen and CO2. To get pure hydrogen a pressure swing adsorption (PSA) unit
can be installed. If CO2 sequestration is to be employed this is done before the
PSA and can be done by an amine process.
Autothermal reforming and partial oxidation
Other routes to hydrogen production by converting natural gas are autothermal
reforming (ATR) and partial oxidation (POX). Partial oxidation utilizes reaction
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1.4 for the production of hydrogen:
CH4 +0.5O2↔CO+2H2 ∆H298 =−38kJ/mol (1.4)
The reaction can be carried out with or without a catalyst at high temperatures
(1250-1400 ◦C). As with SMR the gas is cooled, shifted (1.3) and CO2 removed
from the mixture after the high temperature reformer. The efficiency of POX is
lower than for SMR, because less hydrogen is extracted from water, but the range
of fuels that can be processed is much wider as it also can be used for hydrogen
production from coal and heavy hydrocarbons.48
Autothermal reforming is a combination of partial oxidation and steam methane
reforming. Steam, natural gas and oxygen are fed to the reactor, and the energy
needed for the reforming reactions is provided by combustion of natural gas. This
is done in a burner upstream to the catalytic section of the reactor, and typical re-
actor temperatures are 950 - 1050 ◦C. Because all the energy is supplied internally
in the reactor the expensive furnace for the SMR is not needed, which can make
ATR more cost-effective than traditional SMR. The oxygen can be supplied either
by air or by pure oxygen. Pure oxygen requires an expensive air-separation-unit,
but if CO2 sequestration is wanted, combustion with pure oxygen can make the
expensive amine-absorption unit obsolete.
Hydrogen purification
The hydrogen purity from the different production routes are typically 70-80% and
for applications as fuel cells higher purity hydrogen is required. This process is
usually performed in a pressure-swing adsorber (PSA). The PSA operates at 1-60
bar and at high pressure the impurities CO, CO2, CH4, etc adsorbs at a solid ma-
terial, e.g. activated carbon, zeolite or silica gel, and an essentially pure hydrogen
stream is produced. At a lower pressure, typically ambient or sub-atmospheric,
the adsorbed species are desorbed and the PSA tail gas produced. The tail gas
from the PSA-unit in a steam methane reforming process is mainly consisting of
methane and un-separated hydrogen and this gas can be combusted for heat supply
to the process. Typical PSA-processes consist of 4 to 16 beds dependent on the
flow rate,62 and H2-recovery of 80-90% is possible with today’s technology and
the purity of the product hydrogen is typically ∼99.999%.74
1.4 Scope of the work
Sorption enhanced steam methane reforming (SE-SMR) is an emerging technol-
ogy for hydrogen production with CO2-capture. The traditional steam methane
reforming is modified by installing a CO2 acceptor in the reactor bed together with
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the catalyst. The CO2 is thus captured in situ and the thermodynamical limitations
of the process changed. Pure hydrogen can be produced for use in fuel cells or
combustion turbines. To gain insight in the process and how it can be optimized,
reactor modelling can be a useful tool. By describing the reactor mathematically
it can be simulated under different operating conditions and one can observe the
effect in changing different paramaterers. The goal of this work has been to de-
scribe a fixed bed reactor with reactor models, both heterogeneous, where the intra-
particle transport is modelled, and pseudo-homogeneous where the reactor species
concentrations and temperatures are averaged over the solid and the gas. The het-
erogeneous models can be used to study if the gas-partical mass transfer and/or the
intraparticle mass transfer is a limiting step in the process and affectivity factors
can be found and used in the less time-consuming pseudo-homogeneous models.
The reactor models should be robust, e.g. tolerate large variations in operating
conditions, be fast and accurate. Contrary to most other chemical processes mass
is removed from the gas-stream in SE-SMR, and this has to be taken special care of
in the modelling. For simulations of chemical reactors, the reaction kinetics is an
important piece, and the kinetics have to be described matematically for the reac-
tor simulations. The kinetics of the reforming reactions in SMR has been studied
intensively and are well formulated, but in SE-SMR the CO2-capture kinetics must
be described and this has to be done specifically for each sorbent. By analyzing
experimental data of uptake of CO2 on the acceptors under different conditions it
is possibile to descibe the capture process mathematically, and these expressions
can be used in the reactor simulations. Different materials can be used as CO2-
acceptor but the main focus in this work has been on novel synthetic metal oxide
CO2-acceptors. When all the kinetic expressions are in place, the reactor models
are used to simulate the chemical reactor performance and the possible conver-
sions that can be achieved under different conditions can be studied. These results
are also important in the sizing of a real reactor system, where the necessary space
times to get the wanted conversions can be found. The goal of this work has been
to study the performance of fixed bed reactors with different materials as CO2
acceptors.
The performance of the reactors can then be used for simulations of the process
of producing hydrogen by sorption enhanced steam methane reforming, and how
the process is dependent of the properties of the CO2 acceptor can be evaluated. By
doing this, the thermal efficiency and the CO2 capture for the process at different
conditions can be studied.
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1.5 Outline of the thesis
In chapter 1 the motivation and some of the background for this thesis have been
described.
Chapter 2 describes the sorption enhanced steam methane reforming technology,
and the published literature on the subject is presented.
Chapter 3 describes the CO2-capture kinetics for the materials Li2ZrO3, Li4SiO4,
and Na2ZrO3, and mathematical relations are fitted to experimental data.
Chapter 4 describes the reactor models used to model the fixed bed SE-SMR re-
actor. One pseuso-homogenous model and different heterogeneous models are
presented. All relations for the parameters used in the models are given, and the
solution method for the set of partial differential equations is shown.
Chapter 5 presents the results of the reactor simulations on SE-SMR fixed bed
reactors. It is divided in results from simulations with Li2ZrO3, Li4SiO4 and
Na2ZrO3 as CO2-acceptor.
Chapter 6 presents the results from process simulations of the SE-SMR process,
and thermal efficiencies for the process are reported. Process design and sizing of
reactors are also looked into.
Chapter 7 gives the conclusions and the proposed further work.
Chapter 2
Sorption enhanced steam
methane reforming
2.1 Thermodynamics of SMR
The traditional steam methane reforming is a mature technology with high en-
ergy efficiency and relatively low capital investment. However, the reaction ther-
modynamics requires severe operating conditions for high conversion of methane.
The reforming reaction is thermodynamically favoured at high temperatures, hence
temperatures above 900 ◦C are necessary to get high conversion of methane. High
temperature together with high concentrations of CO also leads to problems with
coking in the reactor, which can lead to lower catalyst efficiency, higher pressure
drops and in a worst case scenario, blocking of the reactor. Equilibrium methane
conversion calculated from the equilibrium constants from Twigg78 for SMR at 20
bar as function of temperature and steam to carbon - ratio is shown in figure 2.1. To
reach conversions of 80-90 % at low S/C-ratios (2-3), it is seen that temperatures
above 900 ◦C is needed. Low S/C-ratios give higher thermal efficiencies, hence
SMR-processes are usually designed for S/C-ratios of about 2.5. Equilibrium dry
hydrogen mole fractions that correspond to the methane conversions in figure 2.1
are shown in figure 2.2. As seen in figure 2.2, hydrogen purities just above 0.7
can be reached for a S/C - ratio of 2.5 at 900 ◦C. By using shift reactors at lower
temperatures the hydrogen content can be increased, but the methane conversion
will be almost unchanged. SMR produces a net amount of moles, hence low total
pressures favours high conversion. However, to get lower investment costs total
pressures in the range of 20-40 bar are common. Figure 2.3 shows the equilibrium
conversion of methane as function of temperature and total pressure at a S/C-ratio
of 3.
Up until today CO2-sequestration has not been a main issue in the develop-
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Figure 2.1: Contour plot of equilibrium SMR-conversion as function of tempera-
ture and S/C-ratio.
ment of hydrogen production processes, but with the increased awareness on global
warming, this is an issue that has to be addressed. Simbeck states that hydrogen
production from fossil fuels with CO2-capture is the essential bridge to the hydro-
gen economy.73 One possible process for hydrogen production with CO2-capture
is enhanced steam methane reforming.
2.2 Enhancing the SMR
The concept of sorption enhanced reaction processes is not new, and Rostrup-
Nielsen63 reports that du Motay and Marechal proposed to add a CO2-acceptor
to hydrocarbon steam reforming as early as 1868. However, the process has not
received big attention until the last 20 years and first and foremost in this decade.
Bruun-Tsekhevoi et al.(1988) described a continuous process using dolomite as
sorbent12, and Han and Harrison (1994) used calcium oxide to capture CO2 in a
fixed bed reactor22. Air products developed a process in the 1990s they called
sorption enhanced reaction process (SERP).26,82 Sorption enhanced reaction pro-
cess or more precisely sorption enhanced steam methane reforming (SE-SMR)
utilises a solid CO2 acceptor, typically a metal oxide, to capture CO2 in situ and
thereby change the thermodynamical limitations.
MO(s)+CO2(g)↔MCO3(s) (2.1)
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Figure 2.2: Contour plot of equilibrium dry hydrogen mole fraction as function of
temperature and S/C-ratio at a pressure of 20 bar.
The total reaction for SMR, reforming reaction + water-gas shift, is:
CH4(g)+2H2O(g)↔CO2(g)+4H2(g) (2.2)
Combining equation (2.2) and equation (2.1) the total reaction for SE-SMR is:
CH4(g)+2H2O(g)+MO(s)↔ 4H2(g)+MCO3(s) (2.3)
By removing CO2 from the gas phase, the equilibrium limitations changes as de-
scribed by le Chateliers principle and the reactions yield more hydrogen. This
means that hydrogen can be produced at lower temperatures and with CO2-capture
in one step. The lower temperatures and the low partial pressures of CO2 also make
shift reactors redundant. Figure 2.4 shows the equilibrium methane conversion at
20 bar and a S/C-ratio of 3 as a function of temperature and partial pressure of CO2.
The equilibrium compositions is calculated from the equilibrium constants given
by Twigg.78 The CO2 equilibrium partial pressure over CaO is also shown in fig-
ure 2.4, and it is observed that a conversion of about 0.75 can be reached at ∼600
◦C in SE-SMR with CaO as CO2-acceptor. At the same conditions the conversion
of SMR is only just above 0.3 and to reach a conversion of 0.75 a temperature of
about 800 ◦C is needed. With lithium zirconate as acceptor a conversion of 0.45
is possible. This observation shows that low partial pressures of CO2 are neces-
sary at these conditions for high conversions, and the equilibrium partial pressure
12 Sorption enhanced steam methane reforming
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Figure 2.3: Contour plot of equilibrium SMR-conversion as function of tempera-
ture and pressure at a S/C-ratio of 3.
of CO2 on CaO at 600 ◦C corresponds to a mole fraction of only 150 ppm. The
equilibrium CO-fraction at these conditions is about 100 ppm.
The equilibrium dry hydrogen mole fraction at the same conditions is shown
in figure 2.5: It is observed that a dry hydrogen mole fraction of 0.92 can be
reached at a temperature of 600◦C at these conditions with CaO as acceptor. For
lithium zirconate a dry hydrogen mole fraction of 0.75 is possible, still significantly
higher than the corresponding equilibrium SMR dry hydrogen mole fraction of
about 0.52. Because high hydrogen purity is possible in one reactor with SE-SMR,
the shift reactors that are used in SMR are not necessary.
The high hydrogen and low CO-content together with the lower temperature
in SE-SMR also minimizes coking, which can be a serious problem in SMR. The
total enthalpy of the reforming section of SE-SMR will be slightly endothermic or
energy-neutral, dependent of the CO2-acceptor, but the total energy requirements
of the reactors will be the same as for SMR. The solid acceptor has to be regen-
erated, hence the heat gained from the exothermic capture must be supplied in the
endothermic regeneration.
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Figure 2.4: Contour plot of equilibrium SE-SMR-conversion as function of tem-
perature and partial pressure CO2 at a total pressure of 20 bar, the equilibrium
partial pressure of CO2 over CaO25 (— —) and the equilibrium partial pressure of
CO2 over Li2ZrO3 33 (— ·—) is also shown.
2.3 SE-SMR literature
Sorption of CO2 on different materials has been studied extensively since the early
1950s. However, in most cases it has been done at low temperatures (273 - 400 K)
and ambient pressures. Zeolites have good CO2-adsorption properties under these
conditions, but for temperatures in excess of 500 K the capacity is negligible.14
For SE-SMR it is necessary to work at higher temperatures because of kinetic
considerations, hence high temperature CO2-sorbents have to be looked into. The
CO2-acceptor for SE-SMR has to fulfill certain requirements:
Fast kinetics To get high conversions in a reasonable reactor volume, the CO2-
capture rate kinetics has to be fast, particularly at low partial pressures of
CO2.
Suitable thermodynamics The material should have low equilibrium partial pres-
sure of CO2 at temperatures from 450-650 ◦C. The temperature gap between
capture and regeneration must not be too high, or it must be possible to re-
generate the material by pressure swing.
Stability The material must have good stability, the capture-regeneration must be
reversible and it must be mechanical (Especially for fluidized bed operation)
14 Sorption enhanced steam methane reforming
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Figure 2.5: Contour plot of equilibrium SE-SMR dry hydrogen mole fraction as
function of temperature and partial pressure CO2, the equilibrium partial pres-
sure of CO2 over CaO25 (— —) and the equilibrium partial pressure of CO2 over
Li2ZrO3 33 (— ·—) is also shown
and thermal stable. The more expensive material, the more cycles must the
material be able to withstand.
High capacity Particularly for fixed bed operation it is important with high ca-
pacity to get longer cycle times
Hydrotalcite
In Air Products SERP hydrotalcite was used as CO2-acceptor and at temperatures
of 450 ◦C and pressures of ∼ 5 bar they could produce high purity hydrogen (>95
dry mole%) with methane as the main impurity. The CO content was as low as
∼50 ppm. For the regeneration of the sorbent it was used a pressure swing process
with depressurization to sub-atmospheric pressure (0.3-0.7 bar) and purge with
steam.82 Hydrotalcite-materials have been used in several studies of SE-SMR, and
it is an anionic clay consisting of positively charged layers of metal oxide (or
metal hydroxide) with inter-layers of anions, such as carbonate.14 Hydrotalcite
has quite low capacity of CO2, Ding and Alpay reports of a working capacity of
about 0.45 mol/kg, which is about 2 weight%.14 They also studied the kinetics of
CO2-capture on hydrotalcite and modelled the sorption using a linear driving force
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(LDF) - model. To get high conversions with hydrotalcite as CO2-acceptor a high
steam to carbon ratio (6) has been used.15,26
Limestone and dolomite
Natural occurring metal oxides as limestone and dolomite have been considered
promising and cheap candidates for high temperature CO2-capture. They are both
sedimentary rocks, mainly consisting of the minerals calcite (calcium carbonate)
and calcium magnesium carbonate, respectively. As the natural occurring minerals
already are in a carbonized state, they must go through calcination before being
used as CO2-sorbents, and are precursors and not sorbents. Calcium oxide reacts
with carbon dioxide as described in equation (2.4).
CaO+CO2↔CaCO3 ∆H298 =−178kJ/mol (2.4)
A group at Louisiana state university (USA) has done extensive research on calcium-
based sorbents with dolomite and limestone as precursors and report that sorbents
based on dolomite are superior to those based on limestone. Although the theoret-
ical maximum uptake on limestone (pure calcium carbonate) is higher, in reality
the dolomite-based sorbents (also containing magnesium oxide) show better kinet-
ics, higher maximum fractional conversion and better multicycle performance.22
Silaban et al., also from Louisiana state university, attribute the advantages of
dolomite-based sorbents to the presence of MgO which does not take part in the
carbonization and thereby stabilizes the sorbent.72 The same group reports that
high purity hydrogen can be produced with SE-SMR using dolomite-based sor-
bents. With a S/C-ratio of 4 they reached a dry hydrogen mole fraction >95% at a
temperature of 650 ◦C and a pressure of 15 atm.44 Johnsen et al. used dolomite as
sorbent-precursor and investigated SE-SMR in a bubbling fluidized bed reactor.30
At 600 ◦C and atmospheric pressures they reached equilibrium dry hydrogen mole
fractions (>98 mole%) at S/C-ratios of three. The main problem with sorbents
from natural CaO-sources have been the cyclic stability and Johnsen et al. report
that the maximum conversion after 25 cycles is only 30 % of the initial maximum
conversion (∼46 weight %).
Synthetic sorbents
Because of the poor multi-cycling stability of dolomite and limestone it has been
tried to make synthetic calcium-based sorbents. Li and Cai report that they have
made a sorbent based on calcium oxide and calcium aluminate (75/25 wt%) which
have better stability than dolomite and limestone.42 After 60 cycles the maxi-
mum conversion was about 40% of the initial maximum conversion while dolomite
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could reach about 20% of the maximum conversion after 60 cycles. In SE-SMR
with the synthetic sorbent they reached hydrogen purity >95 mole% at 650 ◦C,
atmospheric pressure and a steam to carbon ratio of 4.
Other metal oxides than the cheap and natural occurring calcium oxide have
also received attention as possible CO2-acceptors for SE-SMR and specially lithium
oxides have interesting properties. Nakagawa and Ohashi from Toshiba reported
in 1998 that lithium zirconate (Li2ZrO3) powder can capture CO2 up to 550 ◦C.51
Li2ZrO3 +CO2↔ Li2CO3 +ZrO2 ∆H298 =−160kJ/mol (2.5)
Ohashi and Nakagawa also found that the kinetics of lithium zirconate could be im-
proved by doping it with potassium. A group at the University of Cincinnati(USA)
has also worked on lithium zirconate as CO2-acceptor and have done CO2-uptake
experiments on pure and modified lithium zirconate.27,28,84 They also described
the kinetics of the CO2-capture by an unreacted shrinking core model.
The group from Toshiba have also studied lithium ortho-silicate as CO2-acceptor.
They found that it has better kinetic properties, could capture CO2 at lower partial
pressures and because silicate is cheaper than the expensive zirconia, the sorbent
would be cheaper.31
Li4SiO4 +CO2↔ Li2CO3 +Li2SiO3 ∆H298 =−143kJ/mol (2.6)
Lithium ortho-silicate have a very high theoretical maximum uptake, as Li2SiO3
could react with CO2, but it is believed that it is mainly the ortho-silicate that reacts
with CO2, making the theoretical maximum uptake 36% on weight basis.19 Kato
et al found that lithium silicate could capture CO2 at as low CO2 concentrations
as 2% at 500◦C while lithium zirconate showed no significant weight change at
these conditions.31 Venegas et al. have synthesized lithium silicate by three dif-
ferent techniques, the solid state reaction, precipitation, and sol-gel method. Only
the two first gave a satisfying material and the CO2-capture on these have been in-
vestigated. The different methods gave different particle sizes, which in turn gave
different sorption characteristics. The precipitation method gave particles sizes
about a tenth of the ones with the solid state method (3µm compared to 36µm),
and this gave significantly faster kinetics, and higher maximum conversion.79
Lo´pez-Ortiz et al. tested several different synthetic sorbents with sodium ti-
tanate (Na2TiO3), sodium antimoniate (Na3SbO4) and sodium zirconate (Na2ZrO3)
in addition to lithium zirconate and lithium silicate.45 Sodium zirconate showed
the best kinetic properties of the tested sorbents, and could be a candidate to com-
pete with the lithium oxides. It showed faster kinetics, but was harder to regener-
ate. Since lithium is more expensive than sodium it can also have lower cost.
Na2ZrO3 +CO2↔ Na2CO3 +ZrO3 ∆H298 =−149kJ/mol (2.7)
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Ochoa-Ferna´ndez52 has described the properties of the different candidates
for high temperature CO2-capture as outlined in table 2.1. The capture capacities
Table 2.1: An overview of the properties of different high temperature CO2 accep-
tors.52
Acceptor Capacity
(gCO2/g)
Stability Kinetics Regeneration
tempera-
ture[K]a
Dolomite 0.46 Poor Good 1173
Limestone 0.79 Poor Good 1173
CaO/Ca12Al14O33 0.45 Fair - 1173
CaO/γ-Al2O3 0.033 Good - 1173
Li2ZrO3 0.29 Fair Fair/Poor 1020
Na2ZrO3 0.24 Fair Good 1050
Li4SiO4 0.36 Fair Fair 990
Hydrotalcite 0.029 Fair/Poor Good PSRb
aEquilibrium regeneration temperature at 1 bar and 100% CO2
bPressure swing regeneration
given in table 2.1 are the theoretical maximum and in all practical applications the
capacity will be less. The volume change because of sorption will block pores and
limit mass transfer, and this will reduce the capture rate or even stop the capture
completely.
2.4 Reactor concepts
Two reactor concepts that are widely used in the chemical industry have been pro-
posed for SE-SMR.
• Fluidized bed reactors
• Fixed bed reactors
Both reactor concepts offer their advantages and disadvantages for the process.
The SERP process by Air Products,26 was carried out in a fixed bed reactor sys-
tem, while the early process described by Bruun-Tsekhovoi was carried out in a
continuous fluidized bed process.12
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Figure 2.6: A fluidized bed reactor system.
Fluidized bed
The fluidized bed reactor had it’s breakthrough in 1942 when Standard Oil started
with catalytic cracking of gasoil in a fluidized bed unit.20 Because the catalyst de-
activates rapidly in catalytic cracking it must be regenerated continuously and until
today catalytic cracking has been the main application of fluidized bed reactors.
Though, other applications have also been introduced, like the phtalic anhydrid
and ethylene dichloride synthesis. A typical fluidized bed reactor configuration is
shown in figure 2.6. The solid flows between the two reactors, where two different
reactions are carried out and different temperatures can be employed.
The flow of solids is the main difference between a fluidized and fixed bed.
This also leads to the advantages and disadvantages compared to a fixed bed re-
actor. The positive and negative aspects of a fluidized bed reactor system for SE-
SMR are:
+ The sorbent can be continuously regenerated
+ Dependent on the sorbent an eventual small need for energy in the reforming
reactor can be supplied by hot particles.
+ Large temperature gradients that can lead to material problems are avoided
in a fluidized bed.
+ Low pressure drop compared to fixed bed.
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- Pressure swing operation is very difficult
- It is more complex to design and operate a fluidized bed than a fixed bed.
- The mechanical strength of the particles must be high.
A fluidized bed reactor can be operated in different modes dependent on gas veloc-
ity and particle properties. In the bubbling bed regime the particles are fluidized
but there is no total movement of particles through the reactor and the gas moves
through the particles in bubbles. When the gas velocity is increased the bed will go
into a turbulent regime, where the mixing of solids is more intense and the bed is
more uniform. When the gas velocity is further increased the particles will start to
blow out over the top of the reactor and we have a net entrainment of solids. If the
velocity is further increased, the transport regime is reached, with a steep decline
in the solid volume fraction and a large net entrainment.
Continuous operation is possible in all the regimes, even if the bubbling bed
and turbulent bed does not have a ”natural” transport of solids. If net transport
of solids is wanted in these modes special installations have to be made so that
particles are removed from the reactor bed. However, some particles and fines
will be carried with the gas also in the lower velocity regimes, and these have to
be separated and sent back to the bed using a cyclone. For the regimes with net
entrainment of solids a cyclone will be placed on the top to separate the product
gas from the particles, which are sent to the other reactor. The regime a process
is operated in, depends on different properties of the process, with the reaction
kinetics as one important variable. Higher velocity will both give shorter residence
times and lower solid fraction in the reactor, hence the kinetics have to be fast for
the fast fluidization and transport regimes to be employed.
For a sorption process the continuous regeneration is the major advantage of a
fluidized bed, and for such a process all the regimes could be employed dependent
on the properties of the reactions and the particles. A reactor concept could be a
combination of two reactors operated in different regimes, e.g. the sorption in done
in a transport reactor and the regeneration in the bubbling bed regime. One sorption
process based on the fluidized bed reactor that is already commercially proven is
the Lurgi CFB process where SO2 is removed from flue gas using limestone.34
The fluidized bed has, as mentioned, some advantages for the process and it
is claimed that for SE-SMR in an industrial scale a fluidized bed reactor system is
the only alternative.30
Fixed bed reactor
The fixed bed reactor is used for the majority of the chemical processes in the
world, and it is normally used for steam methane reforming. Different types of the
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fixed bed reactor are the multitube reactor, the multibed reactor, and the single bed
reactor. Figure 2.7 shows the main types of fixed bed reactors.
Figure 2.7: Different fixed bed reactor concepts.
The reactor or reactor tubes is packed with the catalyst which can be installed
as catalyst pellets or as a structured packing. For the traditional SMR where indi-
rect heating is used, the multitube reactor is employed and the heating is supplied
by firing natural gas outside the tubes. For the more novel autothermal reactors
a single bed reactor is used, with firing of natural gas directly inside the reactor.
For the SE-SMR the selection of fixed bed reactor configuration is based on the
heat supply. The regeneration of the sorbent demands heat and this has to be trans-
ferred to the reaction zone. The positive and negative aspects of a fixed bed reactor
system are:
+ The fixed bed reactor has a simple and well-known design.
+ Pressure-swing operation can be employed.
+ The higher solid density in the fixed bed reactor can lead to lower reactor
volumes.
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- The pressure drop can be large
- Large temperature gradients can lead to material problems
- The process must be operated in a cyclic manner and the cycle-times of
reforming and regeneration must be matched
The pressure drop is mainly dependent on the shape/size of the pellets and the
gas velocity. In SMR there are steep concentration gradients inside the catalyst
pellets, which mean that most of the reaction is occurring close to the outer sur-
face of the pellet. To get a better utilization of the catalyst, smaller pellets would
be favourable, but this would lead to higher pressure drops, which make the size of
the particles an important trade-off in the fixed bed reactors. Typical effectiveness
factors for the catalyst in SMR are below 0.1 and less than 5% of the catalyst bed
loaded into a conventional reformer is not utilized.3 To get higher effectiveness
and reducing the pressure drop different particle shapes have been tried. A particle
design from Haldor Topsoe is seen in figure 2.8. The shape and size of the pel-
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catalyst properties are dictated by the severe operating 
conditions, i.e. temperatures of 450–950oC and steam 
partial pressures of up to 30 bar.
The activity depends on the nickel surface area. It can 
be shown by computer simulations that the catalyst is not 
the limiting factor for the operation of a tubular reformer. 
An increase of the heat flux and the load at the given exit 
temperature by a factor of two results in an increase in 
methane leakage by only 10%[7]. For normal steam reforming 
catalysts, the utilization of the activity (as expressed through 
the effectiveness factor) is smaller than 10% because of 
transport restrictions[6]. The low effectiveness factor means 
that for a given catalyst type, the activity is roughly 
proportional to the external surface area.
The shape of the catalyst pellet should be optimized to 
achieve maximum activity with minimum increase in pressure 
drop. The pressure drop depends strongly on the void fraction 
of the packed bed and decreases with increasing particle 
size. Hence, the optimum situation is a catalyst filling of 
pellets having a large external diameter and with a high 
void fraction, as achieved with rings or cylinders with several 
holes (Figure 7). Other solutions may derive from the use 
of catalysts based on ceramic foam, monoliths and even 
catalyzed hardware[18].
Catalysts for feedstock flexibility
Many refineries benefit from flexibility in feedstock, taking 
advantage of the surplus of various hydrocarbon streams 
in the refinery. Steam reforming of liquid hydrocarbons is 
also used for the hydrogen generation for fuel cells, with 
diesel and jet fuel considered as “logistic fuels.” With proper 
desulfurization, it has been possible to convert light gas oils 
and diesel into syngas with no trace of higher hydrocarbons 
in the product gas[19]. The higher hydrocarbons are also 
more reactive than methane, with aromatics showing the 
lowest reactivity, approaching that of methane.
The formation of carbon may lead to a break-down of the 
catalyst and the build-up of carbon deposits. Disintegrated 
catalyst pellets may cause partial or total blockage of the 
reforming tubes resulting in hot spots or hot tubes. The 
uneven flow distribution will cause a self-accelerating situation 
with further overheating of the hot tubes. Therefore, carbon 
formation cannot be tolerated in tubular reformers. The 
important problem is whether or not carbon is formed; not 
the rate at which it is formed[6].
Higher hydrocarbons show a higher tendency for carbon 
formation on nickel than does methane and, therefore, 
special catalysts containing either alkali or rare earths or 
based on an active magnesia support are required[6,18]. With 
low catalyst activity, the thermal cracking route (pyrolysis) 
may also take over in the reformer tube[13]. This is the 
situation in cases of severe sulfur poisoning or in attempts to 
use non-metal catalysts with low activity. The risk for carbon 
formation depends on the type of hydrocarbon. In this case 
the contents of aromatics are critical. Ethylene formed by 
pyrolysis results in rapid carbon formation on nickel.
Naphtha can be processed directly in the tubular reformer 
when using special catalysts[6] as practiced in many industrial 
units, but the control of the preheat temperature and heat 
flux profile may be critical. These constraints are removed 
when using a prereformer as illustrated in Figure 5. The 
prereforming catalyst is typically a highly active nickel catalyst. 
This catalyst also works as an effective sulfur guard for the 
tubular reformer and downstream catalysts, by removing any 
traces of sulfur still left after the desulfurization section.
Process lay-outs
Modern hydrogen plants will almost invariably be designed 
using a low steam to carbon ratio. A high steam to carbon ratio 
(4–5 mol H2O/C-atom) would result in higher conversion 
of the hydrocarbons, but a low steam to carbon ratio 
(typically 2.5 or lower) reduces the mass flow through the 
plant and thus the size of equipment. The lowest investment 
is therefore generally obtained for plants designed for a low 
steam to carbon ratio. Also, a low steam to carbon ratio 
results in a more energy efficient plant and thus in lower 
operating costs. In principle, a low steam to carbon ratio 
increases the methane leakage from the reformer, but this 
can be compensated for by increasing the reformer outlet 
temperature to, typically, 920oC.
Operation at a low steam to carbon ratio requires the 
use of a non-iron containing carbon monoxide conversion 
catalyst, i.e. a copper-based medium temperature shift (MTS) 
catalyst. The conventional iron catalyst for high temperature 
Figure 7  The reforming catalyst.
Figure 8  Steam reforming of higher hydrocarbons mechanism.
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Figure 2.8: Catalytic pellets from Haldor Topsoe.64
lets may also be of importance in SE-SMR, where there are two active materials
with different properties. In this case the distribution of the CO2-acceptor and the
catalyst will also be an important proc s parameter. Both properties can be in-
corporated in one particle, or two different particles with one property in each can
be employed. In addition, the reactor could be divided into zones with different
fractions of the materials to optimize the pr cess.
A fixed bed reactor system r SE-SMR must be operat d in a cyclic manner
and Waldron et al. have described the pressure swing process as follows:82
1 The reactants consisting of steam and methane at the high pressure and re-
acting temperature is passed through the bed until the carbon oxide levels in
the outlet reach a preset level.
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2 The reactor is depressurized to ambient pressure.
3 The reactor is evacuated to sub-atmospheric pressure and purged with steam.
4 The reactor is pressurized to the high pressure using steam.
In case of temperature swing operation this could be implemented with or without
in combination with pressure swing. In a combined temperature/pressure swing
the temperature has to be increased in step 2 to the wanted desorption temperature,
and the temperature have to be decreased in step 4 back to the wanted reaction
temperature. The gas used for desorption could be steam or other gases, but it
should be easy to separate it from the product CO2 stream, for the CO2 to be
transported to storage. Flue gas from combustion of hydrogen/methane in pure
oxygen could supply the needed heat to the reactor and the CO2/steam used as
purge gas.
2.5 Modelling of SE-SMR
The reactor modelling work on SE-SMR with actual sorbent kinetics is sparse,
and limited to calcium oxide and hydrotalcite as CO2-acceptor. For fixed bed re-
actors, the most detailed work has been done by a group at the university of Porto,
resulting in several papers.85,86,87,88 They used hydrotalcite as CO2-acceptor and
adopted the sorption-kinetics from Ding and Alpay14. The models used for sim-
ulations are transient 1-D axial dispersion models, formulated both for pseudo-
homogenous85,87 and heterogeneous88 cases. They analyzed both the possibility
of different reactor configurations and the effect of intraparticular diffusion. Ding
and Alpay have also done reactor simulations with their own kinetics on hydro-
talcite, and compared the simulation results from a fixed bed reactor model with
experimental data on SE-SMR, which gave good fit to the experimental data us-
ing the found capture kinetics and the SMR-kinetics from Xu and Froment.89 The
simulations and experiments were done with quite low residence times, which with
the low capacity of hydrotalcite lead to a pure transient operation of the reactor.
No pseudo-steady state with enhanced reforming was obtained. However, an en-
hancement of the reforming were obtained in the first 3-4 minutes of operation.15
A temperature swing concept for SE-SMR with hydrotalcite as CO2-acceptor
has been simulated by Lee et al. and they found that the temperature swing pro-
cess showed favourable characteristics to the pressure swing.41 The reforming was
carried out at 490 ◦C and the regeneration at 590 ◦C. With an S/C-ratio of 4 and a
pressure of 1.5 bar hydrogen fraction of 0.9999 was obtained(!). The model used
for the simulation was a transient pseudo-homogeneous CSTR-in-series model.
Koumpouras et al. have proposed a reactor system based on a monolith catalytic
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reactor with the sorbent pneumatically conveyed through the reactor.36 They mod-
elled this using a steady state plug flow model. Hydrotalcite was used as acceptor
and with a temperature of 450◦C and a S/C-ratio of 6 a methane conversion of
0.75 was reached. The same group has also done simulations of a fixed bed reactor
looking at the effect of sorbent characteristics and state that an ideal sorbent has
the capacity of lithium zirconate and the kinetics of hydrotalcite.35
Another Lee found an expression for the kinetics of CO2-capture on calcium
oxide in 200438 and have used this for simulations of a fixed bed reactor39 and
a moving bed reactor.40 The fixed bed reactor was simulated using a transient
pseudo-homogenous plug flow model. It was found that inlet temperatures above
650 ◦C had to be used to get a satisfying conversion. In the moving bed reactor,
the solid flows counter-current to the gas at a fixed circulation rate and it was used
a steady state pseudo-homogenous plug flow model. For the simulations of both
reactor types it were used an efficiency factor of 0.3 for the carbonation. In both
reactors hydrogen purities above 0.97 was obtained.
Johnsen et al. used calcined dolomite as CO2-acceptor and simulated a flu-
idized bed model using a steady state two-phase model for the reformer. The
cyclic process with calcination was simulated, but for the regenerator no actual ki-
netics was used, and it was assumed that the regeneration was at equilibrium. Only
heat and mass balances were solved for this reactor. The reforming was performed
at 600◦C and the regeneration between 850 and 900 ◦C. For an S/C-ratio of 3 at
600◦C a hydrogen purity of 0.97 was obtained.
Li and Cai have synthesized CaO/Ca12Al14O33 and modelled the CO2-capture
kinetics and the regeneration kinetics.42 Using these kinetic models they have sim-
ulated the SE-SMR cycle for a thermal swing process in a fixed bed reactor. The
reactor model used was a transient pseudo-homogeneous plug flow model, and
the reforming temperature 650 ◦C and the regeneration temperature about 900 ◦C.
Argon was used as purge gas for the regeneration.
Zagoruiko and Okunev91have also simulated SE-SMR with Calcium Oxide as
sorbent, with the regeneration method as the novelty. 1% methane in air was fed
to the regeneration reactor and the combustion heat used to supply the heat for
the endothermic calcination. The simulations show that this way of regeneration
is possible and the highest efficiency is obtained when feeding the combustion
mixture counter-currently to the feed direction used for the reforming step. The
material balance was formulated as a quasi-steady state plug flow model, while
the heat balance was formulated in terms of a transient enthalpy balance. No data
was given on the product gas composition from the reforming reactor.
Table 2.2 shows an overview of some of the modelling work done on SE-SMR.
It is observed that for both hydrotalcite and calcium oxide purities above 0.9 can be
reached, and both in fluidized bed and fixed bed reactors. The working temperature
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for hydrotalcite is lower than for the calcium oxide, but it does not show quite as
fast kinetic as the pure calcium oxide. The main difference is, as earlier mentioned,
the capacity, and it can be produced significantly more hydrogen per mass of solid
with calcium oxide as sorbent.
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Chapter 3
Kinetic modelling
To be able to simulate SE-SMR by reactor models all major chemical kinetic rate
expressions must be formulated mathematically. A steady state kinetic model for
reforming reactions have been given by Xu and Froment89, and it was confirmed
by Ding and Alpay15 that this model is applicable to transient reactor model, both
in the presence and absence of a sorbent. This means that the kinetic rate ex-
pression for the CO2-capture is the missing part in the chemical reaction kinetics
in SE-SMR. By measuring the transient weight uptake on a sorbent as function
of operating parameters such as CO2-partial pressure and temperature, a kinetic
model can be fitted to the experimental data.
Gas-solid reaction chemistry has been studied extensively but still there are dif-
ficulties in understanding and modelling the actual reaction rates. This is because
the mechanisms are complex, with the overall reaction rates influenced not only by
chemical reactions but by physical adsorption, mass and/or energy transfer. These
mechanisms are also affected by changes in morphology, crystallite orientations,
crystallite size, impurities, etc.
For many gas-solid reactions the rate is determined by the rate of physical
adsorption on the surface, and a common way of modelling this is by a linear
driving force (LDF) model. The LDF-model is expressed as in equation (3.1)
∂qi
∂ t
= K(qeqi −qi) (3.1)
Where q is the mass uptake per pass of sorbent. For physical adsorption, there
are several different isotherms that can describe the equilibrium between the gas
phase and the adsorbed species (qeqi ), e.g. the linear, Toth and Langmuir isotherms.
Ding and Alpay found that the CO2-capture on hydrotalcite was well described by
the LDF mode with a Langmuir isotherm.14 The sorption capacity was strongly
dependent of the partial pressure of CO2, which indicates that physical adsorp-
tion is the rate limiting step. Ding and Alpay reports that there are indications
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that there is some strong irreversible chemisorption on fresh material, followed by
weak physical adsorption.
For the other materials described in section 2 other models have been used to
describe the kinetics. In most cases of kinetic modelling of gas-solid reactions the
starting point is the general diffusional mole balance:
ε
∂ca
∂ t
=
1
rm
∂
∂ r
(
rmDe
∂ca
∂ r
)
− (−ra) (3.2)
The m takes different values dependent of the geometry (0 for slab, 1 for cylin-
der, and 2 for sphere) A concept frequently used to model gas-solid reactions is
the shrinking unreacted core model.83 A schematic representation of a spherical
sorbent particle is shown in figure 3.1. The largest section in figure 3.1 is a repre-
Figure 3.1: A schematic representation of a particle, showing a particle reacting
with the shrinking core model, and in one segment grains reacting by the grain
model.
sentation of a spherical particle reacting by the shrinking core model. The model
considers a spherical particle where a fluid reacts with the solid (gray) to produce
a porous solid product layer(white). The unreacted solid is impervious to the fluid,
and the reaction occurs at the front between the unreacted and reacted solid. For
the unreacted shrinking core model the term (−ra) in equation (3.2) is set to zero
because all reaction happens at the front between the unreacted and reacted solid,
and the reaction rate is accounted for in the boundary conditions between the solid
phases of unreacted solid and reaction product. With a first order reaction with
respect to gas concentration, Johnsen solved equation equation (3.2) analytically
29
for the fractional conversion (x) and got the result:30
dx
dt
=
3
rp
(1− x)2/3 1.27ρsRT (pa− pa,eq)
1
k +
rp((1−x)1/3−(1−x)2/3)
Dp
+ (1−x)
2/3
kg
(3.3)
Shieh and Lee have solved the shrinking core model for slab, cylindrical and sphere
geometry for a random reaction order.71 They also included an induction period to
account for nucleation at the surface. The resulting equation was on the form:
t ∗∗= g(x)+ 2
2Dp
Vp
ap
(1+1/Keq)P(x) (3.4)
Where
t ∗∗= νkap
ρs fgVp
(Cna−Ceqa )(t− tind(1− e−t/tind )) (3.5)
g(x) = 1− (1− x)1/ fg (3.6)
P(x) =

1−3(1− x)2/3 +2(1− x) fg = 3 for a sphere
x+(1− x)ln(1− x) fg = 2 for a long cylinder
x3 fg = 1 for an infinite slab
(3.7)
Except the term for the induction period (−tind(1− e−t/tind )) this model is similar
to the shrinking core model in Szekely.76 Two alternatives to the shrinking core
model are the pore model and the grain model proposed by Szekely and Evans.75
Referring to figure 3.1 the pore model assumes that the diffusion through the pores
is rate-limiting and the pore structure changes with reaction. The grain model
assumes that the rate limiting step is in the smaller solid grains, but is in many
ways similar to the shrinking core model. The diffusion in the grains is solid state
diffusion contrary to the shrinking core model which accounts for pore diffusion.
The shrinking core model and the grain model can also be combined, then the
grain kinetics is employed in the ra.
In general terms the kinetics of a gas-solid reaction can be described as:21
dx
dt
= K f (Pa)F(x) (3.8)
Some of the different expressions for F(x) in equation (3.8) given by Gomez-Barea
et al. are listed in table 3.1.21 Here, the kinetic expression is divided in two parts,
i.e. one part that is dependent on the fractional conversion of the solid material
(F(x)), and one part that is dependent of the gas partial pressure. The kinetic
constant (K), will in most cases be dependent of the temperature. The formulations
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can be based on a mechanical explanation, or they can be purely empirical with no
attempt to explain how the reaction occurs. The advantages of a mechanistic based
model can be that it can be used outside the intervals where the experiments were
conducted, but still there are risks that the kinetic mechanisms can change. Models
that explain the mechanism can also be of use in the synthesis of new and improved
materials. If the mechanisms of kinetics are known, the materials can be made in
such a way that the known limitations are minimized. However, the mechanistic
based models need more detailed testing of the materials because more parameters
have to be determined, and in reactor modelling the most important aspect is that
the model give the correct reaction kinetics and not that the model describes the
reaction mechanisms, even if it ideally does both.
Table 3.1: Some expression for F(x) in equation (3.8)21.
Name F(x) Reference
Volumetric model (1− x) Szekely76
Grain model (1− x)2/3 Szekely76
Random pore model (1− x)(1−ψ0 ln(1− x))1/2 Bhatia and Perlmutter8
Avrami-Erofeev n(1− x)(− ln(1− x))(n−1)/n Avrami-Erofeev4,5,6,24
Traditional (1− x)n —
3.1 A kinetic model for the CO2-capture on Li2ZrO3
The kinetics of the gas-solid reaction between lithium zirconate and carbon diox-
ide has earlier been modelled by Ida and Lin with a double-shell unreacted core
mechanism.27 After an initial stage the dense Li2ZrO3 core is covered by two lay-
ers, an inner layer with ZrO2 and an outer layer of Li2CO3. The rate-limiting step
was found to be the diffusion of CO2 in the Li2CO3-layer. The lithium zirconate
from Ida and Lin was made by the solid state method, and the pure lithium zir-
conate needed >24 h to reach a 18% weight gain in a CO2 atmosphere at 500 ◦C.
Nair et al. states that lithium zirconate made by sol-gel procedures are superior in
terms of sorption properties.50 Using a novel soft-chemistry route our group have
synthesized nanocrystalline lithium zirconate and by that minimizing the grain
sizes. The detailed synthesis method is presented by Ochoa-Ferna´ndez et al.59 The
CO2-capture properties of this lithium zirconate material were evaluated using a
tapered-element oscillating microbalance (TEOM). A TEOM calculates the mass
change in the fixed bed by measuring the changes in natural frequency of an os-
cillating quartz element containing the sample and has short response times which
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L
R
Li2ZrO3
ZrO2
Li2CO3
Figure 3.2: Illustration of the particle used in Ida and Lins shrinking core mecha-
nism for Li2ZrO3
make it suitable for measuring fast sorption reactions. While exposing lithium zir-
conate to gas flows with different partial pressures at different temperatures, the
uptake of CO2 was measured, and on the basis of these data a kinetic rate ex-
pression was determined. To avoid the influence of external mass transfer, the
gas flow was increases until no change in initial uptake rate was observed. The
uptake of CO2 is measured at three temperatures, 530, 550 and 575 ◦C and at par-
tial pressures in the range of 0.3-1 bar. The experimental setup and procedures
of the TEOM measurements are described in detail by Ochoa-Ferna´ndez et al.59
The double shell shrinking core model from Ida and Lin is based on equation (3.2)
and the description of the particle is shown in figure 3.2. By defining y as L/R the
weight uptake on Li2ZrO3 by the double shell shrinking core mechanism could be
expressed as:
∆w
w0
= 29(1− y3) (3.9)
where y is the solution of the cubic equation:
y3−3/2y2 + 2αCCO2t +1
2
= 0 (3.10)
When trying to fit the model from Ida and Lin to the experimental data, it was
evident that it could not explain the uptake measurements and the same applied for
variations of the shrinking core model, like the grain model of Szekely. Figure 3.3
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shows the best fit of two of the experimental data at 848 K and partial pressures
of CO2 of 1 and 0.7 bar. The fit is not satisfying, and other kinetic expressions
had to be looked into. Szekely describes a model he calls the volumetric model,
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Figure 3.3: Experimental data (· · ·) and the fitted shrinking core model from Ida
and Lin27(—) for capture of CO2 on lithium zirconate.
where the uptake rate is a function of (1− x), where x is the fractional conversion
of the acceptor.76 The small crystal sizes in the material can make the kinetics
limited by nucleation and crystal growth. These processes have been described by
the Avrami-Erofeev model where the function of conversion in general terms is
formulated as:4,5,6,24
F(x) = n(1− x)(− ln(1− x))(n−1)/n (3.11)
The n in the Avrami-Erofeev model can take the value of 1, 2, and 3, and for n = 1
the model describes random nucleation and reduces to:
F(x) = (1− x) (3.12)
The fractional conversion, x, is 1 at full saturation of the CO2-acceptor and defined
by:
x =
q
qmax
(3.13)
q is the mass of CO2 captured per mass of lithium zirconate, qmax is q at maximum
capture and is found to be 0.22 for this sample of Li2ZrO3. The experimental
data showed good fit to this model which can be called random nucleation by
the Avrami-Erofeev model or the model which Szekely just calls the volumetric
model without giving a mechanistic explanation. The Avrami-Erofeev model was
originally used to describe phase transformations of steel, later on it has been used
for several other chemical processes, like the oxidation of nickel.24 The measured
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data show a dependency of the partial pressure of CO2 close to 2, a number which
can indicate that the chemical reaction rate can be a limiting step or it can mean
that the rate limiting step changes with changes in partial pressure. Because of
the good fit to the experimental data, the expression chosen for the dependency of
partial pressure was on the form:
f (pCO2) = (pCO2− pCO2,eq)2 (3.14)
The total expression for the capture rate is then given as:
dx
dt
= K(pCO2− pCO2,eq)2(1− x) (3.15)
The equilibrium partial pressure of CO2, pCO2,eq, is modelled using thermody-
namical data.33 K is the effective reaction rate constant for which an Arrhenius
expression is used for the temperature dependence.
K = K0e
− EcapR ( 1T − 1T0 ) (3.16)
T0 in equation (3.16) is set as 848 K. The fitted parameters in equation 3.15 and
3.16 are given with standard deviations in table 3.2. An in-house Matlab code for
Table 3.2: Parameters fitted to equation (3.15)
K0(s−1) 8.07×10−13±7×10−15
Ecap(J/mol) 7.7×104±2×103
nonlinear model fitting using a secant version of Marquardt’s47 method of least
squares was used to determine the parameters in the model. The experimental data
and the model fit at different partial pressures of CO2 and temperatures are shown
in figure 3.4. There is a short induction period at lower partial pressures which
give small discrepancy to the model, but we find the model sufficiently good to be
able to simulate the SE-SMR. A maximum in the capture kinetics is observed at a
temperature around 585 ◦C that this model is not able to explain, thus the model
should not be used at temperatures significantly higher than the ones used in the
measurements.
3.2 A kinetic model for CO2-capture on lithium ortho-
silicate
Contrary to the lithium zirconate material that was studied, the Li4SiO4 is a com-
mercial material obtained from Toshiba. The material is made by solid state syn-
thesis and the detailed synthesis method is reported by Kato et al.32 The kinetics of
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Figure 3.4: Experimental data (· · ·) and the kinetic model (—) for capture of CO2
on lithium zirconate.
CO2-capture on the Li4SiO4-based material from Toshiba have been examined in a
tapered element oscillating microbalance (TEOM) at three different temperatures,
803, 823 and 848 K, and at partial pressures of CO2 in the range 0.05-1 bar. The
material was grounded to a fine powder before the experiments and the flow rates
used in the measurements were high enough to assure no external mass-transfer
limitations. The experimental setup and procedures of the TEOM measurements
are described in detail by Ochoa-Ferna´ndez et al.57
As already reported different expressions for F(x) have been given in the lit-
erature and a selection of these is listed by Gomez-Barea and Ollero21. A com-
monly applied model is the shrinking unreacted core model for spheres76 where
F(x) = (1− x)2/3. Other used models are the random pore model8 and the vol-
umetric model76. None of these models or variations of these, like the shrinking
core model with different geometries and including an induction period71, showed
satisfying fit to the experimental data over the whole range of operating conditions.
Neither did any variation of the Avrami-Erofeev model. For the gathered experi-
mental data an expression with F(x) = (1−x)n and an n-value of 2 gave best fit to
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the data. This formulation does not explain the capture mechanism, but indicates
that the rate limiting step is changing with fractional conversion, as reported by
Lee38 for the reaction of calcium oxide with CO2. A rigorous mechanistic model
for the CO2-capture should include the change in rate-limiting step during the
course of reaction and with change in temperature and partial pressure of CO2, but
for the purpose of this work, which is the modelling of SE-SMR, a simpler model
is considered sufficient. To be able to formulate a more descriptive model which
explains the different steps in the capture of CO2 further experimental analysis is
needed.
After determining the expression for F(x) the reaction rate expression is given
as:
dx
dt
= K f (pCO2)(1− x)2 (3.17)
Mechanistic models based on first order reaction kinetics with respect to the CO2
partial pressure use f (pCO2) = pCO2 − pCO2,eq, but the experimental data clearly
showed that the kinetics were not first order with respect to partial pressure. Simi-
lar to the function of fractional conversion this indicates that the rate-limiting step
changes with partial pressure. Non-linear dependencies of the partial pressure has
also been found and modelled for other gas-solid reactions, like the reaction of
CO2 with calcium oxide.30 The expression found for the modelling of the capture
kinetics is shown in equation (3.18).
dx
dt
= K(pCO2− pCO2,eq)n(1− x)2 (3.18)
Experiments have also been carried out to get the equilibrium partial pressure of
CO2 for the material, and this was done by finding the highest partial pressure of
CO2 at different temperature which did not lead to weight-gain after several hours
in the TEOM. This was done because according to the thermodynamic data from
the literature33 equilibrium partial pressures were much higher than the partial
pressures where CO2-capture was observed, e.g. at 848 K the equilibrium par-
tial pressure from the literature is 0.1 bar, while capture was observed at partial
pressures down to 0.025 bar. From these experimental data an expression for the
equilibrium partial pressure of CO2 as a function of temperature was found:
ln(
1
pCO2,eq
) =−0.0066T −2.25 (3.19)
The experimental data and the equilibrium partial pressure from equation (3.19)
are shown in figure 3.5. By integrating equation (3.18) in time the expression
fitted to the experimental data was found:
x = 1− 1
1+K(pCO2− pCO2,eq)nt
(3.20)
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Figure 3.5: The modelled equilibrium partial pressures (—) and the experimentally
found equilbrium partial pressures (◦) as a function of temperature for lithium
ortho-silicate
x is the fractional conversion of sorbent, defined as q/qmax where q is the mass
uptake of CO2 per mass of sorbent, and qmax is the maximum of q found for this
material, which was 0.20. For the kinetic constant (K) an Arrhenius expression
(3.16) is used for the temperature dependence with T0 set to 848 K.
The fitted parameters in equation (3.18) and equation (3.16) with standard de-
viations for lithium ortho-silicate are given in table 3.3. Figure 3.6 shows the
Table 3.3: Capture kinetic parameters
K0(s−1) 1.84×10−4±1.7×10−5
Ecap(J/mol) 1.1×105±3×103
n(−) 0.26±0.01
experimental data and the model fit at all examined partial pressures and temper-
atures. The fit is reasonably good, particularly since the material will undergo
minor changes as it is used in several cycles. Changes in the morphology dur-
ing the capture-regeneration cycles will have some effect on the sorption kinetics
which will lead to discrepancies to any kinetic model. Though, the model fit is
found sufficient to model the SE-SMR with Li4SiO4 as CO2-acceptor.
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Figure 3.6: Experimental data (· · ·) and the kinetic model (—) for capture of CO2
on lithium ortho-silicate.
3.3 A kinetic model for CO2-capture on sodium zirconate
The last material that has been investigated experimentally is sodium zirconate.
Because it had promising thermodynamic properties and it was reported by Lo´pez-
Ortiz et al.45 that it could compete well with the lithium oxides as CO2-acceptor,
a sodium zirconate material was synthesized. Because of the superior properties
of the lithium zirconate made with the novel soft-chemistry route57 compared to
other lithium zirconate powders, the sodium zirconate was also synthesized using
this method and it is described in detail by Zhao et al.92
The CO2-capture properties were measured in the TEOM at partial pressures
in the range 0.05 - 0.14 bar and temperatures in the range 753-848 K. Because the
material is made in the same way as the lithium zirconate, it could be expected
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that it followed much of the same kinetic mechanisms. Although the kinetics is
much faster than the capture on Li2ZrO3, the same kinetic expression was found
to fit well to the CO2-capture on Na2ZrO3. The other gas-solid reaction models
described, such as the shrinking core model, the random pore model, and others,
did not give satisfactory fit to the experimental data. This means that the expression
fitted to the capture data was on the form:
dx
dt
= K(pCO2− pCO2,eq)2(1− x) (3.21)
The maximum uptake, qmax, of this Na2ZrO3-material was found to be 0.172 and
the Arrhenius expression given in equation (3.16) with 848 K used as T0 was used
for the temperature dependence of the kinetic constant. In the same way as for
lithium silicate the experimental data showed that the equilibrium partial pressure
of CO2 from the literature was higher than the partial pressures where capture was
observed. At 848 K capture of CO2 were observed down to partial pressures of
150 Pa while the equilibrium partial pressure is at about 2000 Pa. The expression
found for the temperature dependency of the equilibrium partial pressure was:
ln(
1
pCO2,eq
) =−0.0018T −3.5 (3.22)
The experimental data and the equilibrium partial pressure from equation (3.22)
are shown in figure 3.7. Then, using the same in-house code as earlier for model
fitting, the parameters for the model was found. These are given in table 3.4 to-
gether with the respective standard deviations. The model and the experimental
data are shown in figure 3.8. Especially the initial rates show a very nice fit to
the model, while there are some discrepancies at higher conversions for a few of
the experimental series. This could occur because the material morphology can
change during the capture-regeneration cycles and this simple model is not able
to describe these changes accurately. However, the model is found sufficiently
accurate to model the SE-SMR, and the fit is good for such a simple model.
Table 3.4: Parameters fitted to equation (3.21)
K10(s−1) 9.0×10−11±1×10−12
E1(J/mol) 1.57×105±1×103
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Figure 3.7: The modelled equilibrium partial pressures (—) and the experimentally
found equilibrium partial pressures (◦) as a function of temperature for sodium
zirconate
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Figure 3.8: Experimental data (· · ·) and the kinetic model (—) for capture of CO2
on sodium zirconate.
Chapter 4
Reactor models
For simulations of a chemical reactor there a several different approaches, from
simple plug flow models to rigorous CFD-models. A more complex model re-
quires more computation and programming time. The goal of this work has been
to develop a model that is able to describe the SE-SMR process in a fixed-bed
reactor with large differences in operating conditions and that are stable and fast.
4.1 Transport equations
A starting point for a chemical reactor model is the general mass balance equation
for a chemical species i in reacting fluid flow with varying density, temperature,
and composition, which is written as:
∂ρi
∂ t
+∇ · (ρiv)+∇ · Ji = Si (4.1)
The first term considers time variations in specific density of species i and the
second part describes the transport of i by convective transport. The third term
is the dispersion term which covers diffusion, transport by turbulence effects and
backmixing due to packing. On the right hand side is the source term for the
chemical species and it is typically a reaction rate term in a chemical reactor.
A transient model, i.e. a model that includes the first term in equation (4.1),
is chosen in this work because the capture of CO2 has a time-dependent nature.
When the fractional conversion of the acceptor increases the capture rate decreases
and eventually the conversion in the reactor drops below a set point. Then the ac-
ceptor has to be regenerated before a new cycle of hydrogen production can start.
The model chosen is one-dimensional, but particularly if the reactor has indirect
heating through the tube walls, a 2-D model could be useful to investigate the
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radial temperature profiles in the reactor tube. However, this property has been ne-
glected to reduce the computational time. In traditional SMR the gas velocities are
high and modeling of this process has been done without including the dispersion
term.20 The capture kinetics on most sorbents are much slower that the reforming
kinetics, though lower gas velocities have to be used to get satisfying conversion.
Because of this, the convection does not necessarily dominate over the dispersion,
and the dispersion term is taken into account in the reactor model. The dispersion
term is described with an expression analogue to Fick’s law, using an effective
dispersion coefficient instead of the molecular diffusion:
Ji = Dz,iρg
∂ωi
∂ z
(4.2)
After doing these assumptions a cross-sectional average of equation (4.1) reduces
the model to one dimension, and after introducing mass fractions, the transport
equation for porous media flow is given as:
εb
∂ρgωi
∂ t
+
∂
∂ z
(ρgωiu) =
∂
∂ z
(
εbDz,iρg
∂ωi
∂ z
)
+Si (4.3)
Equation (4.3) is solved for the components H2, CO, CH4 and CO2. H2O is
the dominating component in the system and the mass fraction of H2O is obtained
from equation (4.4).
5
∑
i=1
ωi = 1 (4.4)
For fast reactions in the catalyst pellet the transport to and inside the pellets
can be a rate limiting step of the process. Pseudo-homogeneous models do not
model the pellets explicitly and the reactor is modeled as one phase averaged over
the gas and solid volumes. To account for a limiting intraparticle transport, ef-
ficiency factors between 0 and 1 are introduced in pseudo-homogeneous models.
A heterogeneous model also models the transport and reaction inside the cata-
lyst pellets and with this higher resolution the computational time will be higher.
However, if the efficiency factors for the reaction in the pellets are unknown a
heterogeneous model can be used to get necessary information whether the intra-
particle transport is a rate limiting step and what effectiveness factor that has to be
used in the pseudo-homogeneous model to account for this. In this work both a
pseudo-homogeneous and two heterogeneous models has been programmed. The
two different heterogeneous models have been made to investigate the difference
in reactor performance when the sorbent and the catalyst are located in the same
particle, and when they are placed in two different particles. In the latter case the
conversions could be lower because of higher transport resistance when the CO2
is not captured close to the catalyst.
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For all the three different models, the mass balance of species i in the reactor
bed is modelled by equation (4.3), the only difference is the source term, Si, with
the expressions shown in equation (4.5). For the one-particle (1-P) and two-particle
(2-P) heterogeneous models the source term contains particle-bulk mass transfer
terms and for the pseudo-homogeneous model (P-H) Si is a reaction-rate term.
Si =

av,catkiρg(ωsi,cat−ωi)+av,capkiρg(ωsi,cap−ωi) 2-P
av,pkiρg(ωsp,i−ωi) 1-P
1−εb
1+α 1−εp,cat1−εp,cap
(1− εp,cat)ρcatνiri
P-H
+ 1−εb
1+ 1−εp,capα(1−εp,cat)
(1− εp,cap)ρcapνcaprcap,i
(4.5)
The bulk-particle mass transfer is modelled using a linear relationship between
the mass transfer and the difference in bulk and particle surface mass fractions.
The mass transfer resistance is included using a mass transfer coefficient. For the
two-particle model, the mass-transfer term considers both mass-transfer from the
catalyst and CO2-acceptor particles; hence two terms are included in this case.
There are also two terms in the source term for the pseudo-homogeneous model;
the capture rate on the CO2-acceptor and the reforming kinetics on the catalyst.
For a case with both materials in one particle, the void fractions (εp,cat and εp,cat)
will be the same and the source term can be simplified.
The general heat balance in terms of temperature yields:
ρCp
∂T
∂ t
+ρCpv∇ ·T = ∇(λ∇T )+Q (4.6)
Using the general heat balance (4.6) as a starting point and making the same as-
sumptions as for the mass balance a one dimensional energy balance can be for-
mulated for the temperature in the fixed bed reactor:
(ρgCpgεb +ρsCps)
∂T
∂ t
+ρguCpg
∂T
∂ z
=
∂
∂ z
(
λz
∂T
∂ z
)
+S′i (4.7)
In the same way as that for the component transport, the source term (S′i) is
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different for the different models, as defined in equation (4.8).
S′i =

av,cath(T −T scat)+av,caph(T scap−T )+Q 2-P
av,ph(T sp −T )+Q 1-P
1−εb
1+α 1−εp,cat1−εp,cap
(1− εp,cat)ρcat ∑3i ∆HRiRi
P-H
+ 1−εb
1+ 1−εp,capα(1−εp,cat )
(1− εp,cap)ρcap∆Hcaprcap +Q
(4.8)
The terms are analogous to the terms in the component transport equation, with
heat-transfer terms for the heterogeneous models and a heat-of-reaction term for
the pseudo-homogeneous model. Q in equation (4.8) is the heat transferred from
the reactor walls. This term is given as:
Q =
4U
dt
(Tw−T ) (4.9)
For the catalyst pellets the basis is also the general mass balance for a chem-
ical species (4.1), but the assumptions made are different. Inside the catalyst and
capture pellets convective terms are assumed not significant, because the pressure
gradients will be very small, which make the convective term obsolete.13 It is as-
sumed spherical catalyst pellets, hence spherical coordinates is a natural choice.
The general mass balance may be reduced to one dimension due to symmetry and
using spherical coordinates the resulting equation for the chemical species i yields:
εp
∂ρgωp,i
∂ t
=
1
r2
∂
∂ r
(r2Dp,iρg
∂ωp,i
∂ r
)+ r¯i (4.10)
Two different models based on these equations are simulated, one model with
one particle (1-P) consisting of both the sorbent and the catalyst, and one model
with two different particles (2-P). For the model with one type of particle the term
r¯i consists of both the reforming reaction-rates and the capture reaction-rate. For
all components but CO2, the capture-rate is zero. The reaction-rates in the pellets
can then be expressed as:
r¯i =

1−εp
1+α ρcatri +
1−εp
1+ 1α
ρcaprcap,i 1-P
(1− εp,cat)ρcatri 2-P, cat
(1− εp,cap)ρcaprcap,i 2-P, cap
(4.11)
In the model with two types of particles, equation (4.10) is solved for both of
them. Like the equations for bulk component transport, equation (4.10) is solved
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for four components and H2O is calculated from the sum of mass fractions (4.4).
In the sorbent particle, all components but CO2 are inert, and only one component
equation is solved in addition to the energy equation (4.12).
(εpρgCpg +(1− εp)ρpCps) ∂Tp∂ t =
1
r2
∂
∂ r
(r2λp
∂Tp
∂ r
)+∆HR (4.12)
The temperature equation for the particles (4.12) are solved in the same manner as
the component equations, with different ∆HR for the different models.
∆HR =

1−εp
1+α ρcat ∑
3
i (−∆HRi)Ri + 1−εp1+ 1α ρcaprcap,i(−∆Hr,cap) 1-P
(1− εp,cat)ρcat ∑3i (−∆HRi)Ri 2-P, cat
(1− εp,cap)ρcaprcap,i(−∆Hr,cap) 2-P, cap
(4.13)
Steady state reactor models, which are the most common in reactor simulations,
do not usually use the full formulation of the pressure-velocity coupling. A very
common way of modelling the pressure profile in the reactor is by using the Ergun
equation:
d p
dz
=− f ρg|u|u
dp
(4.14)
This formulation has also been used in models with time variations, but prob-
lems were encountered when trying to employ this model in our case. At low
gas velocities the Ergun formulation gave nice results and it is under these condi-
tions that it was used by Xiu et al.85 When the gas velocities were increased no
stable solutions were found even at very short time-steps. Due to this problem it
was decided to formulate the pressure-velocity coupling more rigorously including
the transient and convectional terms of the momentum equation. The momentum
equation for an averaged 1-D fixed-bed reactor can be given as29:
∂
∂ t
(ρgu)+
∂
∂ z
(
ρguu
εb
) =−εb ∂ p∂ z − εb f
ρg|u|u
dp
(4.15)
Viscous forces, gravitational forces and the wall friction forces are small compared
to the friction term in porous media for reactor conditions used in these simulations
and hence neglected in the momentum equation. Compared to a standard momen-
tum equation for gas flow, a porous media friction term, (−εb fρg|u|u/dp), is added
to the right hand side.
The continuity equation has to be solved in addition to the momentum equation
to determine the pressure and velocity profiles. The bulk gas continuity equation
yields:
εb
∂ρg
∂ t
+
∂
∂ z
(ρgu) =−Rcap (4.16)
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The capture kinetics, Rcap, are accounted for in the continuity since mass in terms
of CO2 is removed from the gas phase of the reactor bed.
4.2 Boundary conditions
To get a well-formulated set of equations for the reactor, boundary conditions have
to be defined. At the inlet the properties of the inlet stream are used as boundary
condition:
ωi = ωi, f
T = Tf
m˙ = m˙ f
at z = 0 (4.17)
At the outlet the compositions and temperatures are not known, hence a differ-
ent approach has to be used. It is common to assume that there are no gradients at
the outlet and use the Danckwerts boundary condition, and this condition is used
for the temperature and the mass fractions. The pressure at the outlet is assumed
to be known, and is set as a constant pressure in the model. All the boundary
equations at the outlet are given in equation (4.18).
∂ωi
∂ z
= 0
∂T
∂ z
= 0
p = pout
at z = L (4.18)
In the particle phase the spherical particles are assumed to be symmetric, which
means that there will be no gradients in the middle. At the outer surface, the
species mass boundary condition is set based on the mass transfer to the particle.
The diffusional transport at the surface equals the mass transport between the gas
phase and the particles. Similar conditions are applied for the temperature at the
surface. (
Dp,i
∂ωi
∂ r
)
r=rp
=−ki(ωp,i−ωi) (4.19)(
λp
∂Tp
∂ r
)
r=rp
=−h(Tp−T ) (4.20)(
Dp,i
∂ωi
∂ r
)
r=0
= 0 (4.21)(
λp
∂Tp
∂ r
)
r=0
= 0 (4.22)
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4.3 Thermodynamics and parameters
The gas phase modeled is at moderate pressure and high temperatures and the ideal
gas law should be sufficient to describe it, and the gas densities are calculated by
using the ideal gas law:
ρg =
p
RT ∑i
Miyi (4.23)
The thermodynamic properties viscosity, heat capacity and heat conductivity
of the gases are all calculated from relations in Poling et al.61
Gas viscosity:
µi =
AiT 3/2
T +Bi
(4.24)
Gas heat capacity:
Cpgi = AiT +BiT 2 +CiT 3 +DiT 4 (4.25)
Gas conductivity:
λi = Ai +BiT +CiT 2 +DiT 3 (4.26)
A, B, C and D in the relations given above are all material-specific constants. To
get the property of the gas mixture a mole weighted sum is used for the properties
listed above:
µg =∑
i
yiµi (4.27)
In reactor modeling there are some dimensionless groups that are commonly used
in different contexts. The ones used in this work are given here:
Reynold number: Rep =
ρudp
µg
(4.28)
Schmidts number: Sc =
µg
ρgDm
(4.29)
Sherwood number: Sh =
k
Dmdp
(4.30)
Nusselt number: Nu =
h
λgdp
(4.31)
Prandtl number: Pr =
Cpgµ
λg
(4.32)
Several different parameters are necessary in the model and these are based on
empirical correlations from the literature. The axial dispersion coefficient (Dz,i) is
calculated from equation (4.33):18
Dz,i = 0.73Dim +
0.5udp
1+9.49Dim/(udp)
(4.33)
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The molecular diffusivities (Dim) of component i in the gas-mixture are cal-
culated from the Wilke equation (4.34)9 and the molecular binary diffusivities are
calculated from relations in Poling et al.61
1
Dim
=∑
k 6=i
yk
Dki
(4.34)
A correlation for the mass-transfer coefficient between the gas phase and the
particle is given by:81
Sh = 2+1.1(Sc)1/3(Rep)0.6 (4.35)
In equation (4.10), the effective diffusion coefficient in the particle (Dp,i) is calcu-
lated from the relationship in equation (4.36).
Dp,i = Dimεp/τ (4.36)
The heat-transfer coefficient between the gas phase and the particles are calcu-
lated using the analogy between heat- and mass-transfer replacing Sh and Sc with
Nu and Pr in equation (4.35).
Nu = 2+1.1(Pr)1/3(Rep)0.6 (4.37)
A relation for the effective axial bed conductivity is given by Yagi et al.:90
λz
λg
=
λ 0z
λg
+0.75(Pr)(Rep) (4.38)
λ 0z
kg
in equation (4.38) is given by equation (4.39):
λ 0z
kg
= εb +
1− εb
0.139εb−0.0339+2/3(λg/λp) (4.39)
Gas conductivities (λg) are estimated from the Eucken formula10.
The void fraction in the bed is dependent of the size of the particles and a rela-
tion has been given that is valid for dpdt ≤ 0.516:
εb = 0.4+0.05
dp
dt
+0.412
(
dp
dt
)2
(4.40)
A relation for the friction factor used in equation (4.15) is given in equa-
tion (4.41).23
f = 6.8
(1− εb)1.2
ε3b
Re−0.2p (4.41)
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4.4 Reaction kinetics
The steam methane reforming and the water-gas shift reaction kinetics can be de-
scribed by three equations, two of which are independent:
1. CH4 +H2O⇔CO+3H2 (4.42)
2. CO+H2O⇔CO2 +H2 (4.43)
3. CH4 +2H2O⇔CO2 +4H2 (4.44)
The kinetics of these reactions have been described by Xu and Froment:89
R1 =
k1
p2.5H2
(
pCH4 pH2O− p3H2 pCO/K1
)
/DEN2 (4.45)
R2 =
k2
pH2
(pCO pH2O− pH2 pCO2/K2)/DEN2 (4.46)
R3 =
k3
p3.5H2
(
pCH4 pH2O− p4H2 pCO2/K3
)
/DEN2 (4.47)
DEN is given as 1+KCO pCO +KH2 pH2 +KCH4 pCH4 +KH2O pH2O/pH2 and the ki-
netic constants taken from Xu and Froment are given below:89
k1 = 0.01618e−240100/R(1/T−1/648) (4.48)
k2 = 2.10 ·10−5e−67130/R(1/T−1/648) (4.49)
k3 = 0.001926e−243900/R(1/T−1/648) (4.50)
KCH4 = 0.1790 ·10−5e38280/R(1/T−1/823) (4.51)
KCO = 40.910 ·10−5e70650/R(1/T−1/648) (4.52)
KH2O = 0.4152 ·10−5e−88680/R(1/T−1/823) (4.53)
KH2 = 0.0296 ·10−5e82900/R(1/T−1/648) (4.54)
The equilibrium constants are taken from Twigg78, and are given as a function
of Z, where Z = 1000/T −1.
K1 =
1.027 ·1010
e(0.2514Z4−0.3665Z3−0.58101Z2+27.1337Z−3.2770)
(4.55)
K2 = e(−0.29353Z
3+0.63508Z2+4.1778Z+0.31688) (4.56)
K3 = K1K3 (4.57)
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The capture reaction-rate (rcap,i) is given by equation (4.58) where the relation for
dx
dt is different for the different sorbents.
rcap = qmax
dx
dt
(4.58)
The relationships and parameters for dxdt are given in chapter 3.
4.5 The algorithm
To solve the set of partial differential equations formulated for the reactor, they
have to be discretized and the result is a set of algebraic equations. There are in
principal three types of discretization methods: finite differences, finite element
and finite volume method. The finite volume method is chosen in this case, be-
cause it is easy to implement and the conservative form assures that the conser-
vation principle fulfilled. In this method the equations are integrated over the cell
volumes, which are subvolumes of the reactor volume. The conservative general
mass balance for a chemical species (4.1) is used as starting point in the following
discussion. After introducing the relation for Ji from equation (4.2) the equation
becomes:
∂ρi
∂ t
+∇ · (ρiu) = ∇ · (Dρ∇ωi)+Si (4.59)
For the finite volume method the equation is first integrated over the cell volume
∆V : ∫
∆V
∂ρi
∂ t
dV +
∫
∆V
∇ · (ρiu)dV +
∫
∆V
∇ · (Dρg∇ωi)dV =
∫
∆V
SidV (4.60)
The Gauss divergence theorem states that:∫
∆V
∇ · f dV =
∫
A
n · f dA (4.61)
The reactor is divided into cells and an illustration of one cell is shown in figure 4.1.
The area, A, is the cross-section of the reactor, and the reactor is divided axially
into subsections with length ∆z.
Using equation (4.61) the volume integrals in equation (4.60) can be rewrit-
ten as surface integrals and by integrating over the time interval ∆t the resulting
equation is:∫
∆t
∂
∂ t
(∫
∆V
ρidV
)
dt +
∫
∆t
∫
A
(ρiu) ·ndAdt
+
∫
∆t
∫
A
((Dρg∇ωi)) ·ndAdt =
∫
∆V
SidV (4.62)
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Δz
n
A
Figure 4.1: Illustration of one cell volume, ∆V with the surface of one cell, A, the
normal vector, n, and the height of one cell, ∆z, specified.
E
Δz
W ew P
Figure 4.2: The cell volume, with the positions used in the dicretization marked.
When performing the integration over the surface area, reducing equation (4.62)
to one dimension, and introducing mass fractions, the result becomes equation (4.63).
The time derivative is approximated by a first order forward difference, ∂ f∂ t =
f− f 0
∆t ,
where f 0 is the value in the previous time step. An implicit scheme is used which
means that all variable values except one in the time derivative, are in the new time
step. One cell volume for a one-dimensional model is shown in figure 4.5.
εb
ρgωi−ρ0gω0i
∆t
∆V +(ρguωiA)e− (ρguωiA)w
= (εbDzρg
dωi
dz
A)e− (εbDzρg dωidz A)w +Si∆V (4.63)
The surface areas of all cell volumes are equal and when setting ∆V = A∆z the
area A can be cancelled out. First order upward differences is used for ωi in the
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convective terms, which means that if the flow direction is from left to right in
figure 4.5 the value in point W is used for the variable in point w and the value in P
is used for the point e. Central differences are used for the dispersion term, which
means that dωidz
∣∣∣
e
= ωiE−ωiP∆z . The mass flux ρgu is written as F and the values on the
cell faces is taken as the arithmetic mean between the nodal points. The algebraic
equation then becomes for a flow direction from left to right:
εb
ρgPωiP−ρ0Pω0iP
∆t
∆z+(FeωiP−FwωiW )
=
(
εbDzeρge
(ωiE −ωiP)
∆z
)
−
(
εbDzwρgw
(ωiP−ωiW )
∆z
)
+Si∆z (4.64)
For the solution of the discretized equation the equation is rearranged on the
form shown in equation (4.65), where ωi is the variable the equation is solved for.
aPωiP = aWωiW +aEωiE +S (4.65)
For the general mass balance equation the expressions for the coefficients aP,
aW ,aE and S for the inner volumes are shown below for a random flow direction.
aW = Dw +max(Fw,0) (4.66)
aE = De +max(−Fe,0) (4.67)
S = εbρgω0iP
∆z
∆t
+SiP∆z (4.68)
aP = aW +aE +Fe−Fw + εbρP∆z∆t (4.69)
Si is the source term for the different models given in equation (4.5). The
energy equation is treated in the same way as the component mass balance, and
the coefficients for the energy equation (4.7) are:
aW = λzw +max(FWCpg,0) (4.70)
aE = λzw +max(−FECpg,0) (4.71)
S = (εbρgCpg +ρsCps)T 0P
∆z
∆t
+S′iP∆z (4.72)
aP = aW +aE +(εbρgCpg +ρsCps)
∆z
∆t
(4.73)
The term S′i is the terms in equation (4.8) evaluated in the center point, P.
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 P WEΔr
Figure 4.3: A planar projection of one cell volume ∆V in the solid particles.
For the catalyst pellets the procedure will be somewhat different. Contrary to
the cylindrical reactor volume, the surface area of the cell in the spherical particle
is different at different radial positions. A planar projection of one cell volume in
the spherical particle is shown in figure 4.3. In the reactor transport equations the
intercell-areas are equal and cancel out each other, while in the spherical case they
do not cancel out. The cell surface areas are functions of the radius and are equal
to 4pir2. The coefficients for the species mass balance in the catalyst pellet are:
aW =
ρgwDpr2w∆t
∆rr2PεpρgP
(4.74)
aE =
ρgeDpr2e∆t
∆rr2PεpρgP
(4.75)
S = ω0P +
ri∆t
εpρgP
(4.76)
aP = 1+aE +aW (4.77)
The parameters for the energy equation in the pellet are derived in the same
way as for the species mass balance and given as:
aW =
λpr2w∆t
∆rr2P(εpρgCpg +(1− εp)ρpCps)
(4.78)
aE =
λpr2e∆t
∆rr2P(εpρgCpg +(1− εp)ρpCps)
(4.79)
S = T 0P +
∆HR∆t
(εpρgCpg +(1− εp)ρpCps) (4.80)
aP = 1+aE +aW (4.81)
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The pressure-velocity coupling of the bulk phase is treated in a different way
than the other equations. It is used a staggered grid for the velocity, which means
that while all other variables are solved for in the ordinary nodal points, the ve-
locity nodal points lie on the cell faces, i.e. in point e and w in figure 4.5. This
is to avoid an instability called “the checker board problem” where a highly non-
uniform field can act like a uniform field in the discretized equations.80 To solve
the momentum equation (4.15) and the continuity equation (4.16) an algorithm
called semi implicit method for pressure linked equations (SIMPLE) is used.60
Because there are no own differential equation for pressure, the pressure field is
instead solved for a pressure correction. An initial pressure field is guessed and
the velocities are calculated from this pressure field. Then the pressure corrections
are found, and the pressure field and the velocities are corrected. This is done in
an iteration loop until the pressure correction terms are zero. The pressure field
that is calculated by this algorithm will only give a relative pressure field. To get
the total pressure the absolute pressure in one of the nodal points has to be known.
In this case the outlet pressure is set as the known pressure, and all pressures are
calculated relative to this outlet pressure. The momentum equation equation (4.15)
is discretized using the same method as the other transport equations, and the re-
sulting coefficients for solution of the velocity field are:
aE = max(−Fe,0) (4.82)
aW = max(Fw,0) (4.83)
S = pW − pE +ρ0g u0
∆z
∆t
(4.84)
aP = aW +aE +Fe−Fw + εb f ρg|u|∆zdp∆t +ρg
∆z
∆t
(4.85)
A parameter called du is used in the pressure correction equation and is calcu-
lated as 1/aP where aP is calculated from equation (4.85). The coefficients for the
pressure correction equation are:
aE = ρgEduE (4.86)
aW = ρgW duW (4.87)
S = Fw−Fe + εb(ρ0g −ρg)
∆z
∆t
−Rcap∆z∆t (4.88)
aP = aW +aE + εb
∑i Miyi
RT
∆z
∆t
(4.89)
The pressure fields and the velocities are updated using the calculated pressure
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corrections:
pnew = pold + pc (4.90)
unew = uold +du(pce− pcw) (4.91)
When the algebraic equations are solved directly the change in the variables
can be large, and lead to oscillations and divergence of the solution. To avoid
divergence, under-relaxation is used for all the equations. This means that instead
of using the new calculated value, the variables is updated using partly the old
iteration value and the new calculated value. Using the species mass fractions as
an example, the iteration values are then updated like:
ωi = (1−β )ωoldi +βωnewi (4.92)
ωoldi is the value from the previous iteration step, whileωnewi is the value calculated
from the coefficients. β is the relaxation factor and is between 0 and 1.
Solution of all the algebraic equations is done using the tri-diagonal matrix
algorithm (TDMA).77 It solves one-dimensional problems directly. By using the
coefficients described in the previous section and the boundary conditions for each
equation, the value of the variables in each nodal point are calculated.
A time splitting scheme is employed to make the algorithm more efficient,
which means that not all equations are solved implicitly in each time step. At t
= 0 the velocity-pressure coupling is implicitly solved without the component and
energy transport equations in an initialization procedure to start the algorithm with
consistent flow and pressure fields. For t > 0 the algorithm can be sketched like:
1. The temperature and component species equations are solved implicitly in
an iteration procedure until convergence is reached. The pressure and the
velocity are held constant in these calculations while the gas density, ρg, is
updated continuously with the change in gas composition and temperature.
2. The pressure-velocity coupling is solved by an adapted SIMPLE-algorithm
3. The variables are stored and the algorithm proceeds to the next time-step
with calculation of new temperature and component mass fractions.
In the heterogeneous models the particle equations are solved in step 1 simul-
taneously with the bulk transport equations using an implicit scheme. The particle
equations and the bulk transport equations are thus solved in an iteration-loop un-
til convergence is reached in the specific time-step, because the reaction rate terms
and heat of reaction are non-linear.
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Chapter 5
Simulation results
In this chapter of the thesis the results of simulations with the models described in
the previous sections are presented. The kinetic models of section 3 have been used
to simulate the capture reactions, and the results for SE-SMR with the different
CO2-acceptor materials are given in three separate sections of the chapter. The
numerical computer environment Matlab has been used for all simulations, except
for the simulations of a fluidized bed reactor used for comparison.
5.1 Simulations with Li2ZrO3 as CO2-acceptor
A tube reactor with dimensions given in table 5.1 is simulated for SE-SMR with
lithium zirconate as CO2 acceptor. It is operated at a total pressure of 10 bar.
Because the reforming kinetics are fast compared to the sorption rate, a high ra-
tio between CO2-acceptor and catalyst is used. The reactor is filled with steam
(97 mole%) and a small amount of hydrogen at the desired temperature, 848K,
at startup. The input to the reactor is methane and steam, in which the steam to
methane ratio is set to 6. A high steam to carbon ratio is necessary to reach high
conversions. A typical set of reactor conditions is presented in table 5.2 and these
are referred to as standard conditions in the subsequent parts of the paper. The
inlet mass flux, which is set to 0.77 kg/m2s in the simulations, corresponds to a
superficial gas velocity of 0.3 m/s. Physical properties of the reactor and materials
are given in table 5.1. A measure used for the performance of the reactor is the
dry hydrogen mole fraction, which is the hydrogen mole fraction of the gas after
steam is removed. The dry mole fractions are calculated as in equation (5.1).
ydi =
yi
1− yH2O
(5.1)
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Table 5.1: Physical parameters used in the simulations
dp(m) 0.005
dt(m) 0.1
L(m) 4
εp(m) 0.5
τ(−) 3
ρcap,p(kg/m3) 2500
ρcat,p(kg/m3) 2300
λp(W/mK) 0.2
Cps(J/kgK) 1000
Table 5.2: Standard reactor conditions
Pout(bar) 10
Tf (K) 848
Tw(K) 848
m˙ f (kg/m2s) 0.77
α(−) 4
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5.1.1 Assessing the need for heterogeneous models
For steam reforming, heterogeneous models or pseudo-homogeneous models in-
cluding an effectiveness factor have been used to simulate the process. The methane
steam reforming process has been found to be strongly intra-particular diffusion-
controlled20 and to check if this is the case also for the SE-SMR, heterogeneous
models have been formulated. Dry hydrogen mole fractions at t = 200 s are plot-
ted in figure 5.1 and no significant differences are observed in the reactor perfor-
mances for the pseudo homogenous, one-particle heterogeneous and two-particle
heterogeneous models. No advantage of heterogeneous models is observed at
standard conditions because the capture of CO2 is the limiting step of the process.
In contrast to the steam methane reforming where the reactions are very fast, the
capture kinetics are slow compared to the diffusion processes. The search for new
and better CO2-acceptors is in progress, and with faster kinetics, heterogeneous
models or pseudo-heterogeneous with effectiveness factors may be needed. In the
present case, a pseudo-homogeneous model with effectiveness factors of one gives
satisfying results for the particle dimensions used.
With larger particles the process will move towards being controlled by intra-
particle diffusion. Figure 5.2 shows the dry hydrogen outlet mole fraction at stan-
dard conditions for both one and two particles after 50 seconds. The conversion in
the reactor decreases with larger particles. The effect is, as expected, greater for
the two-particle model and occurs at smaller particle sizes. The reason for this is
that for two particles the CO2 have to diffuse out of the catalyst particle, through
the bulk phase, and into the sorbent and this becomes the limiting step. For one
particle the diffusion to and from the bulk phase becomes the limiting step at larger
particle diameters.
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Figure 5.1: Comparison in dry hydrogen mole fraction with pseudo-homogeneous
model (——),one-particle heterogeneous model (·—) and two-particle heteroge-
neous model (— —) at t = 200 s, standard conditions, Li2ZrO3 as acceptor.
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Figure 5.2: Outlet dry hydrogen mole fraction at standard conditions for different
particle sizes from one-particle (o) and two-particle (x) heterogeneous models at t
= 50 s, Li2ZrO3 as acceptor.
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5.1.2 Effects of solving the full momentum equation
A full velocity-pressure coupling is solved for the models described in section 4.
This part of the simulation is computationally expensive and the necessity for this
model part is tested by comparing its results with other simpler model formula-
tions. The two alternative approaches used are to assume constant gas velocity
through the reactor or assume a constant mass flux through the reactor. When
the full total continuity equation is not solved, the solution might be different.
Comparisons of the velocity and hydrogen mole fraction that were obtained in the
reactor are shown in figure 5.3 and figure 5.4 respectively. As seen in figure 5.3,
the velocity in the reactor is clearly different in these cases. These phenomena
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Figure 5.3: Comparisons of velocity in the reactor with full solution of the mo-
mentum and continuity equations (——), constant mass flux (— —) and constant
velocity (·—), reactor profiles at t = 200 s, standard conditions, Li2ZrO3 as accep-
tor.
affects the solution of all other transport equations and the impact on the hydrogen
mole fractions is seen in figure 5.4. Comparing the results from the different mod-
els, the simulation with constant velocity is more similar to the rigorous model
than the one with constant mass flux, although the difference is fairly equal with
opposite signs. The effect of removal of mass can be observed in figure 5.3. After
a decrease in velocity in the first part of the reactor due to changes in temperature
and gas composition, the velocity reaches a maximum before it slightly drops in
the last part of the reactor. An important future goal in the process development is
to find CO2-acceptors with faster kinetics than the one used in this work.
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Figure 5.4: Comparisons of hydrogen mole fraction in the reactor with full solution
of the momentum and continuity equations (——), constant mass flux (— —) and
constant velocity (·—), reactor profiles at t = 200 s, standard conditions, Li2ZrO3
as acceptor.
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Figure 5.5: Pressure in the reactor as function of axial position, at t = 200 s, stan-
dard conditions, Li2ZrO3 as acceptor.
In cases with faster capture kinetics the effect of not solving the continuity
equation is most likely even larger. The pressure drop in the system is dependent
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of the gas velocity and since small velocities have to be used to get satisfying con-
version, the pressure drop in the system is small. Figure 5.5 shows the pressure as
a function of axial position, Li2ZrO3 as acceptor. It is observed that the pressure is
approximately constant through the reactor. It is known that low pressure drops in
the reactor could lead to misdistribution of flow which is not taken into account in
this model. With faster capture kinetics higher gas velocities can be used, which
will lead to significantly higher pressure gradients in the reactor and thus removing
a possible misdistribution of flow. An important drawback for the model with so-
lution of the momentum and total continuity equations is the computational cost.
The simulations with the full model can take as much as four times the computa-
tional time used for the other two cases. To calculate the pressure and velocities
a rigorous model including the transient and convective terms in the momentum-
equation (4.15) are used. Other models for transient sorption reactors contain a
simpler formulation with only the Ergun equation (4.14) to get the pressure88, but
a full formulation was chosen because it makes the model much more robust. The
simpler Ergun formulation is sufficient in reactors with small changes in gas vol-
ume, but with changes both in gas composition, temperature and removal of CO2
these terms should be included.
d p
dz
=− f ρg|u|u
dp
(5.2)
Figure 5.6 shows the density profile in the reactor and the large changes in gas
density is seen.
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Figure 5.6: Gas density as a function of time and axial position, standard condi-
tions, Li2ZrO3 as acceptor.
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The Ergun equation is not on a transient form, hence the pressure will be set
up instantaneously as a function of velocity. This means that changes in density
because of variation in temperature, composition and total mass not will affect
the pressure directly as it does in the full formulation. In some cases, dependent
on the initial and boundary conditions, this will give non-physical solutions like
reversal of the flow in the reactor, solutions that are not observed when using the
more rigorous model. Therefore, the more rigorous model is chosen to be able to
handle different kind of operating conditions although it is computationally more
expensive.
5.1.3 Reactor performance
A long tube reactor of 20 meters is simulated to show the performance of the re-
actor as a function of the length. The thermodynamic upper limit of hydrogen
purity on dry basis at 10 bar total pressure and a temperature of 848 K with lithium
zirconate as acceptor is 91 mole%. Very long reactors and low space velocities
are required to reach the equilibrium composition due to the limitations of the
CO2-capture kinetics. Contour plots for the dry hydrogen fraction are shown in
figure 5.7. It is observed that a dry hydrogen mole fraction of 0.8 is reached just
after 2 meters of the reactor, but to get close to the thermodynamical limit a sig-
nificantly longer reactor is needed. At 10 meters a dry mole fraction of 0.88 is
reached, but after ten more meters the dry hydrogen fraction has only increased
by about 0.02 and equilibrium conversion is not reached. The main reason for this
is the slow capture kinetics at low partial pressures of CO2. A reaction order of 2
with respect to partial pressures of CO2 in equation (3.15) makes the process slow
as it reaches the thermodynamical limitation.
The partial pressure contour profiles of CO2 are shown in figure 5.8, and it
can be observed that the partial pressure is decreasing very slowly in the second
half of the reactor. The partial pressure is about 10000 Pa after 4 meters, after that
the capture kinetics decreases considerably and 16 meters of reactor are needed to
reach a partial pressure of 5000 Pa. The equilibrium partial pressure is about 3500
Pa at 848 K. The CO2 content is also shown in figure 5.9, but here in terms of
dry mole fraction. This mole fraction is considerably less than for the traditional
steam methane reforming, where the outlet dry CO2 mole fraction is in the region
0.10-0.15. This is obviously due to the capture of CO2 in the reactor and it also
affects the CO-content, which is shown as dry mole fraction in figure 5.10. For
SMR typical values for dry CO mole fractions is 0.02-0.03, hence the amount of
CO in the reactor is considerably less for the SE-SMR. The same tendency as with
longer reactors is observed when lowering the gas velocity. Figure 5.11 shows dry
hydrogen purity as function of axial position in a 4 meter long reactor at t = 200 s,
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Figure 5.7: Contour plots of the dry hydrogen mole fraction as function of time
and axial position at standard conditions, Li2ZrO3 as acceptor.
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Figure 5.8: Contour plots of the partial pressure of CO2 [Pa] as function of time
and axial position at standard conditions, Li2ZrO3 as acceptor.
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Figure 5.9: Contour plot of the dry CO2 mole fraction as function of time and axial
position at standard conditions, Li2ZrO3 as acceptor.
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Figure 5.10: Contour plot of the dry CO mole fraction as function of time and axial
position at standard conditions, Li2ZrO3 as acceptor.
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Figure 5.11: Comparison in dry hydrogen mole fraction at different inlet superfi-
cial gas velocities. u f = 0.6 m/s (— —), 0.3 m/s(——), 0.1 m/s (·—) at t = 200 s,
Li2ZrO3 as acceptor.
and the conversion is strongly dependent on the gas velocity.
As mentioned, there are equilibrium limitations for the process, and with lower
steam to carbon ratios the equilibrium conversion will be lowered. A relatively low
throughput of steam is desirable to get a more energy-efficient process, but as seen
in figure 5.12 product purity is considerably lowered when the S/C ratio is lowered.
This ratio is an important aspect for the process and must be evaluated carefully
in a full design. Traditional SMR uses S/C-ratios down to 3 and has at this point
an advantage to the SE-SMR with Li2ZrO3 as acceptor57. The CO2-capture ki-
netics are dependent on the fractional conversion of the CO2-acceptor. Thus, the
sorption kinetics will be slower with time. This will lead to lower conversion in
the reactor as shown in figure 5.13. The dry hydrogen mole fraction falls from
about 0.84 in the first minute and slowly decreasing to below 0.8 after 40 min-
utes. After that the hydrogen content decreases even more, and after 50 minutes
it is down to just above 70%, which is close to the thermodynamic limit for steam
methane reforming without CO2-acceptor at these conditions. The lower dry hy-
drogen mole fraction in the reactor is due to the decreasing capture kinetics. The
decrease in kinetics is mainly due to the dependence of fractional conversion, but
also because the temperature in the reactor is lowered. The reactor is heated with
a constant temperature at the wall which is set equal to the inlet gas temperature.
As observed in figure 5.14 this is not sufficient to sustain the temperature in the
reactor. This leads to slower sorption kinetics and hence lower conversion. Fig-
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Figure 5.12: Comparison in dry hydrogen mole fraction at different steam to car-
bon ratio at t = 200 s. S/C = 6(——), 5 (· · ·), 4 (— —), 3 (— ·), Li2ZrO3 as
acceptor.
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Figure 5.13: Dry hydrogen mole fraction as function of axial position, at 5 min
(—), 20 min (— —), 40 min (· · ·), and 70 min (·—), standard conditions, Li2ZrO3
as acceptor.
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Figure 5.14: Temperature in the reactor as function of time and axial position,
standard conditions, Li2ZrO3 as acceptor.
ure 5.15 shows the fractional conversion of the acceptor. In the timespan used in
the simulations, which is about an hour, the acceptor has reached about 80% of its
capacity.
It is observed that high conversions of methane can be reached with Li2ZrO3
as acceptor, but high steam to carbon ratios and long residence times have to be
used. The simulations show that the capture kinetics is the limiting step in the
process and a pseudo-homogenous model is sufficient for the reactor simulations.
The inclusion of the rigorous formulation of the momentum equation was found to
give significant differences in the solution of the models and the model including
this formulation is used in the following parts of the thesis.
70 Simulation results
0
2
4
0
50
0
0.5
1
Axial position [m]Time [min]
Fr
ac
tio
na
l c
on
ve
rs
io
n 
[−]
Figure 5.15: Fractional conversion of the acceptor as function of time and axial
position, standard conditions, Li2ZrO3 as acceptor.
5.2 Simulations with Li4SiO4 as CO2-acceptor
A 6 meter long reactor with an outlet pressure of 20 bar is simulated for SE-SMR
with lithium silicate as CO2-acceptor. The reactor is a multitube reactor with tube
diameters of 10 cm, which is a typical diameter in SMR. At startup the reactor
is filled with steam (97 mole %) and a small amount of hydrogen (3 mole %) at a
temperature of 848 K. The feed to the reactor is steam and methane at a steam-to-
carbon ratio of 5 with a temperature of 848 K. The inlet mass flux is set to 5 kg/m2s.
This gives an inlet superficial gas velocity of about 1 m/s. An acceptor-to-catalyst
ratio of 4 is used in the reactor. The operating conditions are chosen to yield a dry
hydrogen mole fraction out of the reactor above 0.85 and the highest production
capacity possible. The steam-to-carbon ratio is an important parameter for the
energy efficiency of the process. High S/C-ratios give lower thermal efficiency,
but give higher equilibrium conversion. For traditional SMR typical S/C-ratios are
about 3, but in SE-SMR with Li4SiO4 as acceptor a S/C-ratio of 5 is needed to
get satisfying conversion. This gives a feed to the reactor consisting of 16.7 %
methane and 83.3 % steam on molar basis. The physical parameters of the reactor
and the materials are given in table 5.3.
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Table 5.3: Physical parameters used in the simulations
dp(m) 0.005
dt(m) 0.1
L(m) 6
εp(−) 0.5
τ(−) 3
ρcap,p(kg/m3) 2600
ρcat,p(kg/m3) 2300
λp(W/mK) 0.2
Cps(J/kgK) 1000
5.2.1 Assessing the need for a heterogeneous model
Heterogeneous models or pseudo-homogeneous models including an efficiency
factor are conventionally used to simulate the steam methane reforming. The sorp-
tion enhanced process has been simulated with heterogeneous models to see if
there were any significant intra-particular resistances. Two different ways of in-
stalling the CO2-acceptor in the reactor is looked into: one particle with both cat-
alytic and capture properties or two different types of particles with catalytic and
capture properties. Figure 5.16 shows the dry hydrogen mole fraction as function
of axial position at t = 50 s. Particles with diameter of 5 mm have been used and
the results from the heterogeneous simulations with one type of particle is about
the same as for the pseudo-homogeneous model, but for the two-particle model the
results are different. With two particles, the CO2 has to diffuse out of the catalytic
particle, through the bulk phase and into the acceptor-particle and according to the
simulations this is a limiting step in the process. With one particle, this is not a
problem, since the CO2 is captured in the same particle as it is produced. This is
contrary to the results with Li2ZrO3 as acceptor, where no mass-transfer limita-
tions were found for two particles. A pseudo-homogeneous model with efficiency
factors of one is used for simulating the fixed-bed reactor in the latter parts of this
article, thus one particle with both properties is assumed.
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Figure 5.16: Comparison of dry hydrogen mole fraction between pseudo-
homogeneous model (——), one-particle heterogeneous model (◦◦◦) and two-
particle heterogeneous model (— —) with Li4SiO4 as acceptor, P = 20 bar, T f =
848 K, S/C-ratio = 5, u f = 1 m/s.
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Figure 5.17: CO2-capture kinetics for fresh sorbent as a function of partial pressure
of CO2 for Li2ZrO3 (— —) and Li4SiO4 (—).
The work reported in section 5.1 was with Li2ZrO3 as the CO2-acceptor and
the results show that the kinetics of Li2ZrO3 are slow, particularly at low partial
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pressures of CO2, which lead to low production capacities if a dry hydrogen frac-
tions in the range 0.8-0.85 should be reached. The kinetics of Li4SiO4 are faster,
and this can be clearly observed in figure 5.17, where the capture kinetics of both
Li2ZrO3 and Li4SiO4 are shown as a function of partial pressure of CO2. Fig-
ure 5.18 shows the outlet dry hydrogen mole fraction as a function of time, and
the large difference in performance with the two different acceptors is seen. A dry
hydrogen mole fraction of 0.87 can be reached at the outlet of the reactor when
Li4SiO4 is used as acceptor, compared to 0.75 for the Li2ZrO3. However, it is
observed that high purity of hydrogen can only be sustained for a short period of
time in the case of Li4SiO4 as acceptor. This is because the capture kinetics is de-
creasing with fractional conversion of the sorbent and the conversion of methane
is not sustained when the kinetics is slower.
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Figure 5.18: Dry hydrogen mole fraction at the outlet as function of time for
Li2ZrO3 (— —) and Li4SiO4 (—), P = 20 bar, T f = 848 K, S/C-ratio = 5, u f =
1 m/s, Li4SiO4 as acceptor.
Figure 5.19 and figure 5.20 show contour plots for inlet mass fluxes of respec-
tively 2 kg/m2s and 5 kg/m2s, corresponding to gas velocities of 0.4 and 1 m/s. It
is observed that the maximum conversion is the same in both cases, but that the
conversion is sustained for a longer period for the lower throughput. The equilib-
rium dry hydrogen mole fraction with Li4SiO4 as acceptor is just below 0.88 at the
working conditions and as observed in figure 5.18 and figure 5.20 the conversion
is close to equilibrium at low fractional conversion of the acceptor.
Figure 5.21 shows the fractional conversion of sorbent as a function of time
and space for the inlet mass flux of 5 kg/m2s, and at a fractional conversion of 0.1
74 Simulation results
0.5
0.
5
0.
5
0.7
0.7
0.7
0.7
0.8
0.8
0.8
0.8
.85 0.85
0.8
5
0.85
0.87 0.87
0.87
Axial position [m]
Ti
m
e 
[m
in]
0 2 4 6
2
4
6
8
10
Figure 5.19: Contour plot of dry hydrogen mole fraction as function of time and
axial position at an inlet mass flux of 2 kg/m2s with Li4SiO4 as acceptor, P = 20
bar, T f = 848 K, S/C-ratio = 5, Li4SiO4 as acceptor.
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Figure 5.20: Contour plots of dry hydrogen mole fraction as function of time and
axial position at an inlet mass flux of 5 kg/m2s, P = 20 bar, T f = 848 K, S/C-ratio
= 5, Li4SiO4 as acceptor.
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the kinetics have decreased in such a way that the conversion of CH4 reached at
the outlet of the reactor is lowered considerably. The capture kinetics is second
order with respect to fractional conversion and decreases rapidly as CO2 reacts
with the sorbent. Clearly, this is also the reason why the conversion is high for a
longer period at lower gas throughput, where the sorbent is kept at lower fractional
conversion for a longer period of time. Longer reactors and/or less gas throughput
is necessary if the dry hydrogen fraction should be kept at a high level for longer
periods in a fixed-bed reactor.
Figure 5.21: Fractional conversion of CO2-acceptor as function of time and space,
P = 20 bar, T f = 848 K, S/C-ratio = 5, u f = 1 m/s, Li4SiO4 as acceptor.
Figure 5.22 shows the temperature in the reactor as a function of time and
space for a simulation of 200 s. It can be observed that the temperature in the
reactor is dropping dramatically, especially near the inlet. A wall temperature of
848 K is used to heat the reactor but that is not enough to attain the temperature
at a constant level. The total enthalpy of reaction is positive for the process and
energy has to be supplied if the temperature in the reactor should be kept constant
and this has to be done more efficiently than in the simulations.
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Figure 5.22: Reactor temperature as function of time and space with Li4SiO4 as
CO2-acceptor, P = 20 bar, T f = 848 K, S/C-ratio = 5, u f = 1 m/s.
5.2.2 Comparisons with fluidized bed
A possible alternative to the fixed-bed reactor is a fluidized bed reactor. The flu-
idized bed offers some advantages in terms of heat integration and possibilities
for continuous regeneration of the sorbent. Simulations of a bubbling-bed reac-
tor have been carried out to compare some of the results to the fixed-bed reactor.
The model used to simulate the fluidized bed reactor is a rigorous 2-dimensional
dynamic model based on granular theory described by Lindborg et al.43 In Fig-
ure 5.23 the dry hydrogen mole fraction as function of axial position is shown for
a fixed-bed reactor and a fluidized bed reactor. The reactor beds have equal length
and the reactors are operated adiabatically at the same operating conditions. It is
observed in figure 5.23 that the conversion in the fixed-bed reactor is considerably
higher than for the fluidized bed reactor at equal bed heights. This could result
from several reasons: the bubbles in the fluidized bed reactor give inferior con-
tact between the gas-phase and the particles, the fluidized bed reactor has a higher
void fraction which give lower particle density, the fluidized bed reactor gives a
lower outlet temperature. The difference in temperature profiles can be seen in
figure 5.24 and an almost constant temperature in the fluidized bed is observed.
This could be an advantage compared to the fixed-bed reactor in terms of easier
heat supply, but in these simulations which are adiabatic, it leads to a lower outlet
temperature. This results in a lower equilibrium conversion, and the importance of
controlling the outlet temperature is seen.
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Figure 5.23: Comparison of dry hydrogen mole fraction as function of axial
position between the fixed-bed reactor model(——) and fluidized bed reactor
model(— —) with Li4SiO4 as acceptor at t = 85 s, adiabatic conditions, P = 20
bar, T f = 848 K, S/C-ratio = 5, u f = 0.4 m/s.
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Figure 5.24: Comparison of temperature as function of axial position between
the fixed-bed reactor model(——) and fluidized bed reactor model(— —) with
Li4SiO4 as acceptor at t = 85 s, adiabatic conditions, P = 20 bar, T f = 848 K,
S/C-ratio = 5, u f = 0.4 m/s.
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The lower particle density in the fluidized bed does not have a large effect on
the simulated composition. In the fluidized bed reactor an average void fraction of
about 0.6 is observed while the void-fraction in the fixed-bed reactor is just above
0.4. A fixed-bed reactor with the same void-fraction as the average void-fraction
in the fluidized bed was simulated to test for the effect of lower particle density.
The results from these simulations are quite similar to the results from the lower
void-fraction. This is because the actual local gas velocity is lowered when the
void fraction is increased, which weighs up for the lowered total reaction-rates
due to lower particle density, and the conversion is not affected significantly. In
figure 5.25 the outlet dry hydrogen mole fraction as a function of time is shown,
and the conversion is consistently lower in the fluidized bed reactor due to the
already listed reasons.
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Figure 5.25: Comparison of the outlet dry hydrogen mole fraction between the
fixed-bed reactor model(——) and fluidized bed reactor model(— —) as a func-
tion of time with Li4SiO4 as acceptor at adiabatic conditions, P = 20 bar, T f = 848
K, S/C-ratio = 5, u f = 0.4 m/s
Isothermal simulations for the two reactor concepts were also carried out. This
was done to see if the lower conversion was solely due to the lower outlet tem-
perature or if there is a combination of mechanisms. Figure 5.26 shows the dry
hydrogen mole fractions in the reactors at isothermal conditions. Here, it is ob-
served that the conversion in the fluidized bed reactor also is lower for the isother-
mal case. This means that the inferior gas-particle contact in the fluidized bed give
a significant decrease in the reactor performance. In a reactor design this means
that even if the heat integration is in such an efficient manner that the reactor is
close to isothermal, a longer fluidized bed reactor is needed to reach comparable
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conversions with the fixed-bed reactor. To reach more definite conclusions in the
comparison between the reactor concepts, the regeneration of the sorbent also has
to be looked into.
0 1 2 3 4
0
0.2
0.4
0.6
0.8
1
Axial position [m]
D
ry
 H
2 
m
o
le
 fr
ac
tio
n 
[−]
Figure 5.26: Comparison of the outlet dry hydrogen mole fraction between the
fixed-bed reactor model(——) and fluidized bed reactor model(— —) as a func-
tion of time with Li4SiO4 as acceptor at t = 85 s, isothermal conditions, P = 20 bar,
T f = 848 K, S/C-ratio = 5, u f = 0.4 m/s
The simulations performed show that hydrogen with a purity of 0.87 can be
produced at a temperature of 848 K, steam-to-carbon ratio of 5 and a pressure of
20 bar with Li4SiO4 as CO2-acceptor. This is a significant improvement compared
to the process with Li2ZrO3 as CO2-acceptor. The capture rate decreases with
fractional conversion of the sorbent and high conversion of CH4 can not be sus-
tained for more than a couple of minutes with high gas throughput in the reactor.
Simulations also show that if one type of particle with both catalytic and capture
properties is used, the capture rate is the limiting step of the process. This changes
when two particles are used, where some intra-particular diffusion resistance oc-
curs. This yields for a particle diameter of 5 mm. If a fluidized bed reactor is used
for the SE-SMR the large temperature gradients will be smaller. The simulations
also show that for larger production capacities the cycling times for the fixed-bed
reactor will be very short, a problem that will vanish using a fluidized bed reac-
tor with continuous regeneration of particles. The simulations of a fluidized bed
reactor show that a longer reactor-bed is needed to reach satisfying conversions
compared to a fixed-bed reactor. In the simulations the lower conversion in the
fluidized bed is because of the lower outlet temperature and because of inferior
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gas-particle contact due to gas-bubbles.
5.3 Simulations with Na2ZrO3 as CO2-acceptor
Simulations of a fixed bed reactor has also been carried out using Na2ZrO3 as CO2-
acceptor. The kinetic expression is taken from section 3.3 and the capture rate is
significantly faster than for Li4SiO4 and Li2ZrO3. The equilibrium partial pressure
is also lower, and this means that higher gas velocities and lower S/C-ratios can be
used and still get high conversions of methane. A comparison between the capture
kinetics as a function of partial pressure of CO2 with fresh sorbent is shown in
figure 5.27. Except for a small pressure interval where the kinetics of Li4SiO4
is comparable, the capture kinetics on Na2ZrO3 is much faster than for the two
sorbents used in the SE-SMR simulations in the previous subsections. It has also
much lower equilibrium partial pressure at this temperature, which means that the
maximum conversion at equal operating conditions is higher. The equilibrium
partial pressure of the sorbent is the partial pressure where rcap = 0 in figure 5.27.
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Figure 5.27: Comparison of the capture rate as function of partial pressure of CO2
on Na2ZrO3 (—), Li4SiO4 (— —), and Li2ZrO3 (· · ·) with fresh sorbent.
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Table 5.4: Standard reactor conditions for simulations with Na2ZrO3 as CO2-
acceptor
Pout(bar) 10
Tf (K) 848
Tw(K) 848
m˙ f (kg/m2s) 5
α(−) 3
The simulations of the reactor are carried out under different operating condi-
tions to observe the effect of changing these, but the standard conditions are given
in table 5.4. The pressure drop in the reactor is dependent primarily on gas veloc-
ity and particle size, and with better reaction kinetics, higher gas velocities can be
used in the reactor. This leads to higher pressure drops and with a particle diameter
of 5 mm and gas velocity of 2 m/s, the pressure drop in the 10 meter long reactor
would be about 3 bar. To get lower pressure drop a particle diameter of 1 cm has
been used in most of the simulations. This gives a pressure drop in the 10 m long
reactor of about 1.2 bar. The physical properties used in the simulations are shown
in table 5.5.
Table 5.5: Physical parameters used in the simulations with Na2ZrO3 as acceptor
dp(m) 0.01
dt(m) 0.1
L(m) 10
εp(m) 0.5
τ(−) 3
ρcap,p(kg/m3) 2000
ρcat,p(kg/m3) 2300
λp(W/mK) 0.2
Cps(J/kgK) 1000
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Figure 5.28: Comparison between a pseudo-homogeneous model (——) and a
one-particle heterogeneous model (· · ·) for simulation of SE-SMR with Na2ZrO3
as CO2-acceptor
5.3.1 Assessing the need for a heterogeneous model
For the simulations of Li4SiO4 and Li2ZrO3 the simulations with heterogeneous
models showed no significant mass-transfer resistance between the bulk phase and
the particles or inside the particles with the one-particle model. The faster kinetics
of Na2ZrO3 could change the rate limiting step, and simulations have been carried
out to assess if a pseudo-homogenous model is sufficient for the simulations of SE-
SMR. The equilibrium dry hydrogen mole fraction at standard conditions is about
0.92, but with the operating conditions from table 5.4 it is not possible to reach
this. In figure 5.28 a comparison between the one-particle heterogeneous model
and the pseudo-homogeneous model is shown. Figure 5.28 shows that there are
some differences in the results from the two models. Particularly after some time,
when the sorption rate drops, the transport have an effect on the results. Because
the capture rate is time dependent, a time dependent efficiency factor would be
necesarry to address this. The standard way to define the effectiveness factor is:20
η =
rate of reaction with pore diffusion resistance
rate of reaction with surface conditions
(5.3)
In figure 5.29 the CO2 mole fraction fields inside the pellets at 4, 6 and 8 minutes
are shown. Here it is observed how the capture zone moves down the reactor with
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Figure 5.29: The mole fraction of CO2 as function of radial position in the particle
(r) and the axial position in the reactor (z) at 4, 6, and 8 minutes for SE-SMR with
Na2ZrO3 as acceptor with operating conditions given in table 5.4.
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Figure 5.30: The effectiveness factor (η) for the capture reaction in SE-SMR with
Na2ZrO3 as acceptor as function of axial position at 100, 200 300, 400, and 500 s,
operating conditions given in table 5.4.
time. At 4 minutes the CO2 is captured within the same particles as the main con-
version of methane, and there are intraparticle gradients of the CO2 mole fraction
in the whole reactor. As the acceptor close to the reactor entrance is filled with CO2
the capture-zone moves, but the main production of CO2 from the reforming reac-
tions is still in the beginning of the reactor. As it is seen in figure 5.29(b) and more
clearly in figure 5.29(c) it is a zone in the reactor where equilibrium of SMR has
been reached and no CO2 is captured because the sorbent is filled with CO2. This
plateau with constant CO2-fraction is clearly observed in figure 5.29(c). When the
gas reaches a zone with fresh sorbent, the CO2-content decreases and hence the
conversion of the SMR reactions increases. Figure 5.30 shows the effectiveness
factor for the capture reaction as function of axial position at different times in the
reactor. This is calculated as in equation (5.4).
η =
1
Vp
∫
V rcap,pdV
rscap
(5.4)
Figure 5.30 shows how the zone with transport limitations moves through the
reactor with time. Just after startup the sorbent surfaces are fresh in the whole
reactor and the surface reaction is fast. For all times, but 20 seconds, there is a
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Figure 5.31: The fractional conversion of the solid as function of radial position
in the particle (r) and the axial position in the reactor (z) at 4, 6, and 8 minutes for
SE-SMR with Na2ZrO3 as acceptor with operating conditions given in table 5.4
zone with very high effectiveness factor downstream from the entrance, because
the acceptor-surface is saturated with CO2. This leads to a very low capture rate
and the denominator in equation (5.4) is close to zero. The zone with very high
effectiveness factor becomes longer with time as more and more solid is converted.
The area with the lowest effectiveness factor is where the capture rate is highest and
hence the diffusivity is lowest compared to the CO2-capture rate. The conversion
of the solid as function of radial position in the particle and of axial position after 4,
6 and 8 minutes are shown in figure 5.31 and the gradients in solid conversion in the
particle are seen. In the zone where the capture rate is highest, the gradients inside
the particles are highest, and this will also give the lowest effectiveness factor. The
heterogeneous simulations discussed up until now have been isothermal to isolate
the mass transfer effects. Adiabatic simulations have also been carried out, and the
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Figure 5.32: The temperature in the solid as function of radial position in the
particle (r) and the axial position in the reactor (z) at 4, 6, and 8 minutes for SE-
SMR with Na2ZrO3 as acceptor with operating conditions given in table 5.4
change in reactor temperature does affect the reactor performance, and this will
be discussed more throughout later. However, the temperature gradients inside the
solids will be small. This is shown in figure 5.32 where the solid temperature as
a function of radial position in the solid pellets and the axial position is presented
at 4, 6, and 8 minutes. As shown in this section, there are some mass-transfer
effects that influence the performance of the reactor. It is also difficult to use a
pseudo-homogenous model with an effectiveness factor, because this factor would
change with time. The heterogeneous model with one-particle is therefore used in
the following sections.
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5.3.2 Reactor performance
The reactor have been simulated with different operating conditions and as pre-
viously shown in figure 5.28, the dry hydrogen mole fraction with the conditions
given in table 5.4 gives a dry hydrogen outlet mole fraction about 0.83-0.84. A
contour diagram of the dry hydrogen mole fraction for an isothermal simulation
is shown in figure 5.33. It is seen that a dry hydrogen mole fraction above 0.8 is
sustained for about 5 minutes. The contour plot of the CO2 dry mole fraction for
the same simulation is shown in figure 5.34. It is observed that to achieve a dry
hydrogen mole fraction above 0.8 the dry mole fraction of CO2 has to be below
0.003. For a steam to carbon ratio of 3 this corresponds to a wet mole fraction
of below 0.002. The outlet pressure of this reactor is 10 bar, which means that
the partial pressure of CO2 has to be kept below 2000 Pa to achieve a dry hydro-
gen mole fraction above 0.8. However, this is quite far from the equilibrium CO2
partial pressure at 848 K. The equilibrium is at about 150 Pa, and the conversion
is controlled by the kinetics for the reactor conditions used in this simulation. If
equilibrium had been reached at these conditions, a dry hydrogen mole fraction of
about 0.92 would be observed.
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Figure 5.33: Contour plot of the dry hydrogen mole fraction as function of time
and axial position in an isothermal SE-SMR reactor with Na2ZrO3 as acceptor at
standard conditions.
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Figure 5.34: Contour plot of the dry CO2 mole fraction as function of time and ax-
ial position in an isothermal SE-SMR reactor with Na2ZrO3 as acceptor at standard
conditions.
An isothermal reactor is mostly an academic exercise, specially for this pro-
cess, where there are a mixture with endothermic and exothermic reactions, an ex-
tremely high heat transport through the reactor walls would be necessary to keep it
close to isothermal. Since the total reaction is close to energy neutral, one could try
to operate the reactor without heating or cooling. This reactor would then be close
to adiabatic, with no heat transferred between the reactor and the surroundings.
When simulating the reactor as adiabatic, the performance naturally changes,
but the outlet purity of hydrogen does not change significantly. The contour plot
of dry hydrogen purity as a function of time and axial position for the adiabatic
simulations is shown in figure 5.35.
It is seen in figure 5.35 that the hydrogen purity is above 0.8 for a longer period
in the adiabatic simulations. Although the total reaction is slightly endothermic,
the temperature close to the outlet will increase because the capture is slower than
the reforming and CO2 produced in the reforming will be captured downstream of
the reforming reactions. It is seen from figure 5.36 that the temperature increases
up to almost 950 K, which is 100 K above the inlet temperature, due to the exother-
mic capture reaction. The temperature in the reactor falls near the entrance because
the endothermic reforming is dominant and more CO2 produced than captured.
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Figure 5.35: Contour plot of the dry hydrogen mole fraction as function of time
and axial position in an adiabatic SE-SMR reactor with Na2ZrO3 as acceptor at
standard conditions.
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Figure 5.36: Plot of the temperature as a function of time and axial position in an
adiabatic SE-SMR reactor with Na2ZrO3 as acceptor at standard conditions.
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Figure 5.37: Contour plot of the dry CO2 mole fraction as function of time and ax-
ial position in an adiabatic SE-SMR reactor with Na2ZrO3 as acceptor at standard
conditions.
Downstream of the inlet zone the exothermic capture starts to dominate and
the temperature increases. The SMR is thermodynamically favored at higher tem-
peratures and this effect keeps the hydrogen mole fraction at a higher level even
when the sorption rate decreases. However, the CO2 content increases with tem-
perature and this is clearly observed in figure 5.37. The low CO2 content is kept
for a longer time, but the even when the CO2 dry mole fraction increases to 0.01
the dry hydrogen mole fraction is kept above 0.8. This is due to the thermodynam-
ics of the reforming, where more hydrogen will be produced when increasing the
temperature. But when increasing the temperature, the CO2 content increases and
the CO2 capture will decrease due to the higher partial pressure of CO2 at higher
temperatures. Therefore, it is important to control the outlet temperature to control
the amount of CO2 captured at a desired level. Temperature control is also impor-
tant to control the CO level. For the isothermal simulations at a temperature of
848 K, the CO content at the outlet will stay below 0.0015 when the dry hydrogen
mole fraction is kept above 0.8. When the temperature increases, the water-shift
reaction equilibrium moves towards the CO-side. It is noted that parts of the re-
actor with high temperature are operating outside the range where the empirical
expression for the CO2-capture kinetics was found, we expect that the given trends
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Figure 5.38: Plot of the fraction conversion of acceptor as a function of time and
axial position in an adiabatic SE-SMR reactor with Na2ZrO3 as acceptor.
will still yield even if the numerical values may not be accurate.
The total pressure in the reactor affects the process in several ways. Because
the reactions have a total production of moles, the reactor is thermodynamically
favored at low total pressure. However, a high pressure make the gas volume lower
and make the residence times higher. These effects partially cancels out each other,
but as seen in figure 5.39 the lowest pressure gives the highest hydrogen purity.
The lower pressure gives higher gas velocity, and for 10 bar at these conditions
about 2 m/s. The superficial velocity for the 20 bar case is about 1 m/s. This
leads to low pressure drop in the system, as seen in figure 5.40. The pressure in
the reactor has to be chosen in a total evaluation of the process where the lower
pressure drop and the slightly lower conversion with higher pressure has to be
taken into consideration with other system variables. The effect of total pressure
on SMR can be seen after 12 minutes of simulation where the CO2 capture effect
disappears and the resulting process is pure reforming. The hydrogen purity at this
stage is clearly lower for the high pressure case. The pressure as function of time
and axial position for an outlet pressure of 10 bar is seen in figure 5.41 and it is
seen that the pressure in the reactor is slightly dependent of time.
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Figure 5.39: Comparison in outlet dry hydrogen mole fractions with outlet pres-
sure of 20 bar (— —) and 10 bar (—) at equal mass flow with Na2ZrO3 as acceptor.
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Figure 5.40: Comparison of pressure gradients through an adiabatic SE-SMR reac-
tor with total pressure of 20 bar (—) and 10 bar (— —) with Na2ZrO3 as acceptor
at equal mass flow .
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Figure 5.41: The pressure as function of time and axial position in an adiabatic
SE-SMR reactor with Na2ZrO3 as acceptor.
The performance of the reactor will be a function of the distribution between
catalyst and sorbent in the reactor. To look at the effect of changing the ratio be-
tween the two active materials, the reactor have been simulated at different values
of α , which is the ratio between the mass of sorbent and the mass of catalyst.
A high ratio will make the rate of sorption and the CO2 capture capacity higher.
Figure 5.42 shows the outlet dry hydrogen mole fraction as function of time for
different values of α . The maximum performance of the reactor is at an α close to
4. When increasing it to 10 the initial hydrogen mole fraction falls from about 0.83
to about 0.82, the curve is flatter, but it does not cross the line for α = 4 before
a hydrogen fraction of about 0.75. However, the effect is not very large when the
amount of sorbent is higher than catalyst, i.e. an α above 1. When lowering the
α the effect is much more dramatic, particularly in terms of the time where higher
conversion is reached. When α is lowered from 4 to 1, the time where hydrogen
mole fraction above 0.8 is reached decreases from 7 to 5 minutes. When decreas-
ing the ratio between the materials even more, the time decreases, and for an α of
0.25 the highest dry hydrogen mole fraction reached is just above 0.8 and it drops
immediately.
Another parameter that can be changed in the simulations is the steam to car-
bon ratio. When the amount of steam is increased the thermodynamics change
and more hydrogen can be produced at equilibrium. However, a high steam to
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Figure 5.42: Outlet dry hydrogen mole fraction as function of time at different
values of α .
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Figure 5.43: Outlet dry hydrogen mole fraction as function of time at S/C-ratios
of 4 (· · ·) and 3 — for SE-SMR with Na2ZrO3 as acceptor.
carbon ratio will have a negative effect of the overall process efficiency, which
will be more looked into in the next chapter of this thesis. Figure 5.43 shows the
dry hydrogen mole fraction at S/C-ratios of 3 and 4 and the positive effect of a
higher steam to carbon ratio on the conversion is clearly observed. The dry hydro-
gen mole fraction increases from just above 0.83 to above 0.88 at the same mass
throughput in the reactor. A lower velocity in the reactor will also increase the con-
version, and the effect of this would be about the same as having a longer reactor.
A longer residence time in the reactor will increase the conversion unless equilib-
rium is reached. When lowering the mass throughput from 5 kg/m2s to 1 kg/m2s
the residence time is increased with a factor of 5, which will give an increased
conversion. This is observed in figure 5.44. The dry hydrogen mole fraction is just
below 0.90 in the first minutes after start-up and falls slowly when more acceptor
is filled with CO2. The other effect of lower velocity is that the time before the
conversion drops will be much higher due to the lower throughput of gas. The
time before the conversion drops dramatically would be expected to be about 5
times longer than for the case with 5 kg/m2s mass flow, and this is also observed in
figure 5.44. This means that if higher hydrogen mole fractions is desired out of the
reactor there are several ways to do this. One could have a higher steam to carbon
ratio, which will give a negative effect on the thermal efficiency of the process or
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Figure 5.44: Outlet dry hydrogen mole fraction as function of time for a mass input
of 1 kg/(m2s) for SE-SMR with Na2ZrO3 as acceptor
a higher residence time in the reactor can be used. For a given inlet flow this can
be accomplished either by making the reactor diameter larger, which decreases the
velocity, or a longer reactor can be made.
5.3.3 Comparison with fixed bed experiment
The SE-SMR in a fixed bed reactor has been investigated experimentally by Esther
Ochoa-Ferna´ndez in a small scale reactor.52 The operating conditions used in this
experiment is shown in table 5.6. At these conditions the equilibrium dry hydro-
gen mole fraction is about 0.99 when using the experimentally found equilibrium
partial pressure of CO2. The equilibrium dry hydrogen mole fraction when using
literature data33 is about 0.92. Figure 5.45 shows the comparison of dry hydrogen
mole fraction between the experimental data and the simulation results.
Unfortunately there were large unknown volumes in the experimental set-up
after the reactor, which make the break-through very difficult to model. It is ob-
served that the time before a steady hydrogen production is reached is much higher
than the expected for specified length of reactor and gas velocity. The reactor was
initially filled with hydrogen and the hydrogen mole fraction gradually falls down
until a ”steady-state” hydrogen production rate is reached after about 7 minutes.
With a 10 cm long reactor the expected time before the break-through of SE-SMR
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Table 5.6: Experimental reactor conditions in SE-SMR with Na2ZrO3 as acceptor
Pout(bar) 5
Tf (K) 848
Tw(K) 848
α 5
m˙ f (kg/m2s) 0.0167
L (m) 0.06
dt (m) 0.016
mcap (g) 7.25
mcat (g) 1.45
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Figure 5.45: Comparison of outlet dry hydrogen mole fraction for SE-SMR with
Na2ZrO3 as acceptor between experimental data (x) and model (—).
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product should be about 7 seconds. Due to this the starting point of the two data
sets has been shifted to try to get a comparison of the reactor outlet conditions. It
is observed that the dry hydrogen mole fraction reached is relatively similar. The
experimental results give a dry hydrogen mole fraction out of about 0.973 while
the simulation results give a dry hydrogen mole fraction of about 0.968. This
must be considered a nice fit between the model and the experimental data, and
it should be noted that the dry hydrogen mole fraction is not a result of a thermo-
dynamical limit, which is at about 0.99, but a result of the kinetics and the flow
in the reactor. The dead volumes in the experiment do lead to large discrepancies
when the conversion drops, and better knowledge about the dead volumes would
be necessary to incorporate this into the model. However, it is considered that
the fit to the maximum conversion give a good indication that the reactor model
and the capture kinetics are able to describe the process well, and the error is in
a small underprediction of the conversion. The simulations and actual SE-SMR
experiment also confirms the finding in the capture experiments that the equilib-
rium partial pressure of CO2 over Na2ZrO3 found in the literature is higher than
the actual equilibrium partial pressure for this material.
5.3.4 Comparison with Calcium oxide as acceptor
As discussed in section 2, Calcium Oxide is an alternative material for sorption
enhanced steam methane reforming. Li and Cai42 made a kinetic model for the
sorption and desorption of CO2 on calcium oxide. This model, which was based
on the spherical grain model, has been used in simulations of SE-SMR with the
models previously described. The equilibrium partial pressure of CO2 is about
the same for CaO and Na2ZrO3, but the kinetics of CaO is superior. Figure 5.46
shows a comparison between the capture rate of CO2 on CaO and Na2ZrO3, and a
significant difference is observed. Is should be pointed out that this calcium oxide
is a synthesized product and not from dolomite, and an optimized structure of the
sorption material is very important for the capture properties.
The higher rate of capture leads to better performance in SE-SMR. The hydro-
gen dry mole fraction at the outlet for simulations with CaO and Na2ZrO3 at the
standard conditions used in section 5.3 are shown in figure 5.47. The dry hydro-
gen mole fraction is at the equilibrium at the outlet for the simulations of calcium
oxide, and the capacity is also bigger, which means that longer cycle times can
be used. Li and Cai also claims that the calcium oxide material they use have a
good stability compared to calcium oxide materials used in previous studies. This
shows how the capture rate is very important for the SE-SMR process, and with
very similar equilibrium partial pressures of CO2 a much higher conversion is seen
with faster kinetics. This means that for Na2ZrO3 to be competitive with CaO in
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Figure 5.46: Comparison in rate of reaction between capture of CO2 on Na2ZrO3
(—) and CaO (· · ·).
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Figure 5.47: Comparison of dry hydrogen mole fraction at outlet for simulations
with calcium oxide (—) and sodium zirconate (— —) as acceptor.
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a SE-SMR, it must either have much better cycling properties, or the structure of
the material have to be optimized to compete with the capture rate of CaO.
Chapter 6
Process design and evaluation
In this part of the thesis the whole SE-SMR process is looked at. The reactor
simulations from the previous part are used in a bigger picture with production of
hydrogen from natural gas and sequestration of CO2. The process and the back-
ground for it are covered in detail in section 2. As described there, the main reactor
concepts that could be used in SE-SMR are fixed and fluidized beds, with varia-
tions of these concepts. Here, as in the rest of the thesis the focus has been on fixed
bed reactors. For a fixed bed reactor system a minimum of two reactors which are
operated in a cyclic manner are needed for the reforming-regeneration cycle.
Using input from the reactor simulations carried out in Matlab, the process has
been simulated with the process simulation software Hysys. The main process re-
sults, and the energy efficiency in particular, have been calculated using the Hysys
simulations for different process conditions and configurations. The size of the
process has been chosen to a similar size of the largest autothermal reformers in
the world, which give a hydrogen output with lower heating value of 700 MW,
and the product specifications has been chosen equal to the specifications of the
ENCAP (Enhanced production of CO2) EU-project.2
6.1 Overall process description
The process has been based on a traditional hydrogen production by SMR as de-
scribed in figure 1.1. A clean gas without heavies and sulphur is used as feed, and
the sulphur removal and prereforming steps are not necessary for the SE-SMR pro-
cess described here. For other feed gas compositions, these steps can be included.
Because the reforming is done at a low temperature and CO2 is removed from the
reaction zone, the water gas shift reaction will be shifted far to the hydrogen side
in equation (6.1).
CO+H2O↔CO2 +H2 (6.1)
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This means that there is little to gain by installing a shift reactor in an SE-SMR
concept. For hydrogen production with CO2 removal by steam methane reform-
ing there must be a process removing CO2 from the reforming product, and when
the CO2 is removed inside the reforming reactor, the steps in SE-SMR can be de-
scribed as in figure 6.1. Based on the steps in figure 6.1 and the reactor cycling
Natural gas HydrogenReforming PSA
C
O
2
Tail gas
Figure 6.1: An overview of the steps in the SE-SMR-process.
described in the following section, a simplified flow diagram of the process is
shown in figure 6.3. The input to the system is natural gas (methane) and deminer-
alised water, and the output is pure hydrogen at a pressure of 60 bar and a stream
of carbon dioxide at 110 bar. The reactor must be operated in a cyclic manner and
in this figure the reactor operation is split in three steps, reforming, regeneration,
and cooling. An overview of a possible reactor cycle is shown in figure 6.2, where
the SE-SMR is operated at 575 ◦C and 20 bar.
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Reforming
575 ° C
20 bar
Pressure relief
20 → 1 bar
Combustion and 
regeneration
575 ° C → 900 °C
1 bar
Cooling of bed
900° C → 575 °C
20 bar
Pressure increase
1 → 20 bar
Figure 6.2: An overview of the steps in the operation of a fixed bed reactor system
The reactor is filled with a nickel-based reforming catalyst and a CO2- accep-
tor, e.g. lithium zirconate or sodium zirconate. Natural gas, parts of it recirculated
from the product purification step, and steam, are fed to the reforming reactor at the
operating temperature and pressure. Through the reforming and sorption reactions
the gas is converted to hydrogen. The product from the reforming reactor consists
mainly of hydrogen, steam, and methane. There are also small contents of carbon
dioxide (< 0.02%) and carbon monoxide(< 0.01%). The product stream from the
reforming reactor is heat-exchanged with inlet streams and are cooled down to 25
◦C before it enters a knock-out drum where water is removed. After removal of
water the hydrogen is purified by pressure swing adsorption, where the hydrogen
adsorbs on a solid material, while the other species runs through. The hydrogen
recovery is typically 80-90 % dependent on feed gas composition.74 Although the
PSA unit is shown as one vessel in figure 6.3 the unit consists of several columns
and is operated in four main steps.
• Adsorption.
• Blow down.
• Desorption.
• Repressurization.
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During adsorption all other species than hydrogen are produced, while during des-
orption, a close to pure hydrogen stream is produced. By using several columns in
parallel it is possible to produce a continuous stream of pure hydrogen. Dependent
on the reactor pressure the gas entering the PSA must be compressed to the 20 bar
working pressure of the PSA. The high pressure hydrogen stream from the PSA-
unit is at 20 bar, while the low-pressure stream, mainly consisting of methane and
unrecovered hydrogen, is close to atmospheric conditions. After the purification
the hydrogen product is pressurized and cooled to the outlet specifications, here set
to 60 bar and 25 ◦C. The tail gas from the PSA is compressed and used for heating
in the regeneration step, or fed back as feed to the reforming reactor if the recycle
gives an excess of fuel gas.
The regeneration step of the reactor cycle can be done in different ways. In-
direct heating through the pipe walls and using a sweep gas is one possibility,
where the heating could come from combustion of natural gas/hydrogen in air. If
combustion in air is used to supply the heat of regeneration, and high CO2 re-
moval is desired, the flue gas from the combustion must be treated by another pro-
cess such as an amine solution. Another possibility implies combustion of natural
gas/hydrogen in pure oxygen. In this case high CO2 removal can be accomplished
without employing special CO2 removal processes and the heating can be supplied
directly inside the regeneration reactor without removing the possibility of CO2
sequestration. An option would be to feed natural gas and oxygen simultaneously
to the reactor, and the natural gas is combusted directly. To release CO2, a tem-
perature which gives an equilibrium partial pressure of CO2 higher than the actual
partial pressure is necessary. In the case with combustion of methane in pure oxy-
gen this means an equilibrium partial pressure larger than 0.33ptot . The heating by
combustion in oxygen could also be supplied through the reactor walls or partly
through the walls and in the reactor bed. Combustion in oxygen can yield very high
temperatures, and although the endothermic regeneration will help controlling the
temperature, measures must be taken to avoid extreme temperature gradients in
this case.
A possibility that has been looked into by Dupont et al. is to use unmixed
combustion. The nickel-catalyst can besides acting as a catalyst also be an oxygen
carrier.17 By first feeding oxygen, the oxygen reacts with nickel creating nickel
oxide. When natural gas is fed to the reactor the oxygen is released from the
nickel and the natural gas combusted. In all process configurations with SE-SMR
in a fixed bed reactor cyclic operation of the reactors is necessary.
In the simulations of the process shown later in the chapter oxygen is used
as the main combustion medium, without taking into account if the heating is sup-
plied inside or outside the reactor bed. If the heating is supplied inside the bed, one
large reactor bed could be used, while if the heating is supplied through the walls
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the reactor must consist of several beds with smaller diameter. To avoid excessive
temperature gradients with oxygen as heating medium it could be necessary to re-
cycle some of the CO2 for temperature control, but the main simulations are done
without recycling of CO2.
After the regeneration of sorbent at high temperature, the reactor bed has to
be cooled down to the desired reaction temperature. This is another challenge in
this process, where a lot of heat has to be removed in as short time as possible.
Here, steam is used for the cooling of the reactor and the hot steam from the re-
actor cooling is heat exchanged with the inlet steam to the reforming reactor. To
avoid too high volume flows in the reactor, the cooling-down should be done after
pressurization of the reactor.
The product stream from the regeneration step will consist of steam and carbon
dioxide, which is separated by cooling the stream to 25 ◦C. Before transportation
to storage, the CO2 has to be pressurized. This is done in a step-wise compression,
with three compressors followed by cooling and water-removal. The product CO2
is at 110 bar and in supercritical state.
6.2 Process simulation of SE-SMR
The process described in the previous section is simulated in Aspen Hysys ver-
sion 2006.5 to evaluate the process performance. Hysys is a modelling tool for
process plants with the ability to simulate all common process equipment such
as reactors, compressors, heat exchangers, pumps, vessels, etc. The process has
been simulated using the Peng Robinson fluid property package with a hypothetic
component defined for the solid material. The input and the desired output of the
process are shown in table 6.1. The specifications are the same as used in the
ENCAP project, and was also used in by Langørgen et. al.37 In the report by
Langørgen et.al hydrogen were produced by autothermal steam methane reform-
ing and CO2 removed from the reforming product by an amine process giving an
hydrogen product of 700 MW LHV. For the regeneration of the sorbent, pure oxy-
gen is used for the combustion which is fired either with natural gas or a mixture
of natural gas and hydrogen. A 3% stoechiometric excess of oxygen is used for
the combustion. An air separation unit is used to supply oxygen, this unit is not
modeled, but the cost for oxygen production was set to 1.0 MJ/kg.11 The PSA was
set as a component splitter, and the hydrogen recovery set to 90%.74 All compres-
sors and pumps in the process are modeled with a 75 % adiabatic efficiency. For
the regeneration combustion it has been assumed that the fuel must be at 2 bar,
and predominantly waste gas from the PSA is used as fuel. If there is excess waste
gas for fuel, the rest is pressurized to the reformer pressure and recycled back to
the process. If the waste gas from the PSA not gives enough fuel for the regenera-
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Table 6.1: Feed and product specifications:
Natural gas feed
Pressure 70 bar
Temperature 10 ◦C
Composition:
Methane 100%
Hydrogen product
Pressure 60 bar
LHV 700 MW
Composition:
H2 >99.99%
CO2 product
Pressure 110 bar
Composition:
CO2 >90%
H2O <500ppm
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tion, additional natural gas is fed to the combustion. The SE-SMR is operated as a
thermal-pressure swing process, using a reformer pressure of 10/20 bar and a tem-
perature of 575 ◦C. Due to the pressure drop in the reactor the feed is pressurized
to 11 bar. The regeneration with sodium zirconate as acceptor is done at 900◦C
and 1 atm.
Because there are no complete equilibrium data for the Na2ZrO3- material, the
regeneration temperature is an estimate based on regeneration data at lower tem-
peratures. It is assumed that the equilibrium partial pressure of CO2 at 900 ◦C is
above 1 bar, and that there are no thermodynamic limitations at this temperature.
With an equilibrium partial pressure of CO2 higher than the total pressure in the
reactor, there will be a driving force for regeneration with any CO2 content in the
stream. When direct combustion is used as heating the CO2 from the combustion
would make a maximum CO2 content of about 33% on molar basis. This means
that the minimum temperature that the regeneration temperature, if the combus-
tion is carried out inside the reaction bed or the combustion products is used as
sweep gas, would be the temperature corresponding to a partial pressure of 0.33
bar for regeneration close to atmospheric conditions. To ensure a reasonable driv-
ing force, the regeneration should be operated at a temperature corresponding to
a partial pressure considerably higher than this, and an atmospheric equilibrium
partial pressure is used as a guideline in the simulations. For the simulations with
lithium zirconate as acceptor the equilibrium data from Knacke et al.33 were used
in the same way as in section 3.1, and the regeneration temperature were set to the
temperature where the partial pressure of Li2ZrO3 is 1 bar.
The reactors are modeled as conversion reactors and the conversions based
on the Matlab simulations of the fixed bed reactors. In general, the reforming
reactions are fast compared to the CO2-sorption; hence the reforming reactions
will be in equilibrium, while the state of the sorption reaction is dependent on the
operating conditions.
CH4 +H2O↔CO+3H2 (6.2)
CO+H2O↔CO2 +H2 (6.3)
MO+CO2↔MCO3 (6.4)
The main reactions in the reactor are given in equation (6.2), (6.3), and (6.4) and
the conversion of these three reactions is the input to the Hysys simulations. Equa-
tion (6.2) is the main reaction and the one that is most affected by changes in
simulation parameters. Equation (6.3) and (6.4) is close to 100 % conversion in
the cases looked at, and it is equation (6.2) that gives how much hydrogen that is
produced. Equation (6.3) mainly affects the amount of CO in the product, while
equation (6.4) mainly affects the amount of CO2 in the product. A reactor with
length of 10 meters is used as a base-case, and the mass flow through the reactor is
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CO2 + H2O
Figure 6.4: How the solid regeneration cycle is implemented in Hysys
adjusted to get a satisfying conversion. A low steam-to-carbon ratio gives higher
thermal efficiency, but it was found that for the faster sorbent (Na2ZrO3) a lower
S/C-ratio than 3 was not possible without considerably lowering the conversion.
The simulations in Hysys are done in steady state, and because the process is
of a non steady-state nature some approximations have been done. For the internal
solids that are heated in the regeneration step, this is approximated by using a
pseudo solid stream defined by the total mass in the reactor divided by the cycling
time. For the cooling of the solid this stream is heat exchanged with a steam
stream. A sketch of this setup is shown in figure 6.4. This means that the flow of
the pseudo stream is calculated as in equation (6.5).
w˙solid =
Vreactorρsolid
tcycle
(6.5)
The volume of the reactor is calculated from the actual inlet gas volume flow (V˙gas)
of the reforming reactor, the superficial gas velocity used in the reactor simulations
(v), and the height of the reactor (L), as shown in equation (6.6):
Vreactor =
V˙gas
v
L (6.6)
In the simulations the regeneration is split in three steps. One reactor is covering
the heating of bed to the regeneration temperature where the outlet gas temperature
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is set to 575 ◦C. For the regeneration the outlet gas temperature is set to the tem-
perature of regeneration, and for the cooling down the outlet steam temperature is
set equal to the temperature of regeneration.
6.2.1 Thermal efficiency
The thermal efficiency is calculated for the process, and used as a main figure
for comparison. Gross efficiency is calculated as the ratio between lower heating
value (LHV) of the natural gas feed and LHV of the hydrogen product. The net
efficiency is the overall efficiency, calculated as in equation (6.7).
ηnet =
LHVProduct
LHVFeed−power input (6.7)
There are large quantities of energy transport in the system, and to make use of
the heat in an efficient way a simplified pinch methodology has been employed in
Hysys. The basic concept of pinch methodology is that heat can only be transferred
from hot to cold streams and there must always be a driving force in terms of
temperature gradient between the hot and cold streams in a heat exchanger. Typical
minimum temperature gradients are 5-20 K and the point where this minimum
temperature difference is found is called the pinch temperature. To get an optimum
heat recovery for the process, no heat should be transferred across this temperature.
With lower minimum temperature gradient the driving force in the heat exchangers
will be smaller, which means that higher heat transfer area has to be used. This
means that there will be a trade-off between a low minimum temperature gradient,
which maximizes the heat recovery, and a higher minimum temperature gradient
to minimize the heat transfer area. By grouping the streams in the system into cold
and hot streams and drawing a graph based on the total heat in the hot and cold
streams at different temperatures, the composite diagram can be made.
In Hysys, the LNG exchanger unit operation, several streams can be combined
in one heat exchanger, the hot and cold streams are grouped, and the pinch temper-
ature can be specified. In the simulations, a hot or cold utility stream is routed to
this multistream exchanger to balance the heat transfer, and the outlet temperature
of the hot streams is specified so that the pinch temperature is 10 K. The cooling
that must be supplied to the hot streams below the pinch point is done outside the
multistream heat exchanger in Hysys and is done by water cooling the streams to
a temperature of 25◦C. This means that one main unit operation can be used for
the heat exchanger network shown in figure 6.3 except the low temperature cool-
ing which is done by single heat exchangers to simplify the control of the process
simulation.
In a majority of the simulations there is excess heat above the pinch temper-
ature. If this cooling is supplied as low temperature cooling water with a small
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Steam turbine
Water pump
Heat exchanger 
network
Cold 
utilities 140 bar
540 C
Vacuum condenser
0.3 bar
25 C
140 bar
25 C
Figure 6.5: An overview of the steam turbine cycle used as cold utility.
temperature increase the heat would be lost. This means that an other cold utility
must be supplied in a way that the heat can be recovered. This is done by using
a steam turbine cycle, where the excess heat creates high pressure steam, which
in turn is expanded in a steam turbine creating power which can be used for the
power requirements of the plant or exported. This is the same way as excess heat
was accounted for by Langørgen et. al. The steam turbine cycle is shown in fig-
ure 6.5. If there is no excess heat, but heat must be supplied to the reactor, this is
added by steam at 20 bar. This is accounted for in the calculations by assuming
an 85 % efficiency of the steam boiler based on the LHV, and then the necessary
fuel gas for the boiler can be calculated. A screenshot from the Hysys simulations
is shown in figure 6.6 with the streams named as in figure 6.3. It is used separate
reaction vessels for the reforming methane conversion, CO2 removal, regeneration
heating and regeneration. It is in the reforming and CO2 removal vessels where
the conversions found from the Matlab simulations are specified.
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6.3 Process simulation results
6.3.1 Sodium Zirconate as CO2 acceptor
Earlier work on thermal efficiencies in SE-SMR has not taking the kinetics of the
reactions into consideration.52 When taking this into account, the possible pro-
cess designs and thermal efficiencies can change significantly. The process per-
formances using the capture kinetics found in section 3 with lithium zirconate and
sodium zirconate as acceptor in SE-SMR have been looked at here. The reactor
sizes have been based on the performance of the reforming, because there has not
been enough kinetic data available for the regeneration. The main process param-
eters for the process simulation with Na2ZrO3 as acceptor are shown in table 6.2.
Table 6.2: Simulation parameters for SE-SMR with Na2ZrO3 as CO2-acceptor.
Reforming temperature (K) 848
Reforming pressure (bar) 10
Regeneration temperature (K) 1173
Regeneration pressure (bar) 1.013
Reactor length (m) 10
Gas velocity (m/s) 2
S/C- ratio 3
The parameters in table 6.2 have been used in reactor simulations with the
models described in section 4. The conversion of methane at these conditions
is shown in figure 6.7. From figure 6.7 it is observed that a maximum methane
conversion of about 55 % is reached in the reactor and this corresponds to a dry
hydrogen mole fraction of about 0.83. The CO2 dry mole fraction will be about
0.002. In the Hysys models the conversion of the main reactions are found from
the reactor simulations and the whole process is then simulated with the input to
the conversion reactors from the Matlab simulations. The length of a cycle then
determines the reaction conversions, and it also gives the solid flow as given by
equation (6.5). A shorter cycle time gives a higher conversion, but it will give
a higher pseudo solid flow, which increases the heat that has to be added to the
reactor to heat it from reforming temperature to regeneration temperature. For
Na2ZrO3 as acceptor two different cycle times have been used in the simulations,
4 and 8 minutes. As observed in figure 6.7, at 4 minutes the conversion of methane
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Figure 6.7: The conversion of methane in SE-SMR with Na2ZrO3 as sorbent at
575 ◦C, 10 bar and a S/C ratio of 3.
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Table 6.3: Physical properties of the pseudo solid flow.
Density (kg/m3) 1230
Heat capacity (J/kgK) 1000
is only slightly lower than at the initial conditions, while at 8 minutes the rate of
decrease in conversion is high. The average values over the cycle times are used
for the conversions in the simulations, and the methane conversion is 0.55 for the
simulations with a 4 minute cycle, while it is 0.5 for an 8 minute cycle.
A pseudo-solid was defined in Hysys with the properties for the mixture of
Na2ZrO3, catalyst and support material given in table 6.3 based on the properties
used in the reactor simulations in section 5.3. For the simulations with Na2ZrO3
as CO2 acceptor with main conditions given in table 6.2, the properties of the main
streams as named in figure 6.6 are given in appendix A.1. The process thermal
efficiency for the 4 and 8 minute cycle has been calculated based on the Hysys
simulations, and the main numbers are given in table 6.4. In this table the natural
gas feed is the sum of the feed for the reforming, the feed for regeneration and
possible natural gas feed for the additional steam boiler in the case where there are
no excess heat in the heat exchanger network. All the numbers are based on lower
heating value, and the simulations are adjusted to give a lower heating value of
the Hydrogen product of 700 MW. Even if the conversion is lower in the 8 minute
cycle, the thermal efficiency is much higher. This is due to the large amounts of
heat that must be added when heating the bed to regeneration temperature and the
large amounts of heat that must be removed when cooling the bed to reforming
temperature. Not all the heat can be recovered, and when increasing the rate of
heat flow in the systems as in the 4 minute cycle, more heat is lost. Some of the
heat is recovered in the steam turbine cycle, 97.4 MW for the 4 minute case, but
still there is a lot of low temperature heat that can not be utilized. The higher
conversion have a positive effect on the waste gas compression, because less gas
is recycled, but more oxygen must be produced for the higher heat flow that is
needed, and more fuel is needed, leading to higher fuel compression. The product
compression consists of both compression of the product to 20 bar before pressure
swing adsorption, and the compression of the hydrogen product.
The reactor cross-section area can be calculated based on the volumetric flow
in the reactor and the superficial velocity in the reactor. This is given in table 6.5
together with the thermal efficiency. For the setup used here, the CO2 removal
will be close to 100 %. All CO2 is captured, except the small amounts that are not
separated from H2 in the PSA unit and the CO2 soluble in the water separated from
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Table 6.4: Process thermal efficiency for simulations with Na2ZrO3 as CO2 accep-
tor at a reformer pressure of 10 bar and S/C ratio of 3 for cycle times of 4 and 8
minutes.
Cycle time 4 min 8 min
Natural gas feed (LHV) MW 1114.9 948.0
Hydrogen output (LHV) MW 700.8 700.5
Fuel compression MW 1.3 0.9
Oxygen production MW 22.3 18.9
Waste gas compression MW 1.8 5.6
Product compression MW 20.7 20.9
Pumps MW 1.6 0.5
CO2 compression MW 20.9 17.7
Power input MW 68.5 64.4
Power out turbine MW 97.4 22.1
Net Power MW -29.0 42.4
Gross efficiency 0.63 0.74
Net efficiency 0.65 0.71
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Table 6.5: Main process simulation results for SE-SMR with Na2ZrO3 as acceptor
at 10 bar and S/C =3 for cycle times of 4 and 8 min.
Cycle time 4 min 8 min
Reactor cross-section area m2 21.0 19.5
Pseudo solid flow kg/s 1001 539
Thermal efficiency - 0.65 0.71
the combustion product. Table 6.5 shows the large difference in pseudo-solid flow
for the two cycle times, which gives a large difference of heat flow in the system,
directly affecting the thermal efficiency. In figure 6.8 and figure 6.9 the composite
diagrams for the heat exchanger network for the 8 and 4 minute cycles are shown.
As observed in the figures, there is much higher total heat flow in the 4 minute
cycle, and more heat is removed by the steam turbine cycle, shown as the constant
line above 300 ◦C on the cold composite curve for both cycle times. Because more
heat is removed in the 4 minute cycle, the constant level is longer for this cycle
time. The largest difference between the two cycle times is the amount of heat
on the hot composite curve above 575 ◦C. Due to the large amount of heat that
must be transferred to the bed by combustion in the regeneration part, this high
temperature heat is reflected in this area of the hot composite curve. When there
are more mass that must be heated, as in the 4 minute cycle, more heat must be
removed in this temperature area in the heat exchanger network.
Earlier works on hydrogen production by steam reforming have been with tra-
ditional steam reforming and amine scrubbing of the flue gas. The thermal effi-
ciency reported for this process is 67.5 % with equal basis and methods of simu-
lation.37 The thermal efficiency calculated for SE-SMR with the given parameters
is then comparable and higher than the thermal efficiency for SMR with CO2 re-
moval with equal boundary conditions. Metz et al. reports figures of 61.2% and
68.1 % net plant efficiency from two studies on hydrogen production by SMR with
a 90% CO2 removal, but with slightly different conditions.
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Figure 6.8: Hot and cold composite curves for the heat exchanger network for SE-
SMR with Na2ZrO3 as acceptor at a pressure of 8 bar an S/C-ratio of 3 and a cycle
time of 8 minutes.
Figure 6.9: Hot and cold composite curves for the heat exchanger network for SE-
SMR with Na2ZrO3 as acceptor at a pressure of 8 bar an S/C-ratio of 3 and a cycle
time of 4 minutes.
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6.3.2 The effect of regeneration temperature
The temperature of regeneration will have an impact of the efficiency of the pro-
cess. As seen for the 4 and 8 minute cycles with Na2ZrO3 as sorbent, lower heat
flows leads to higher efficiencies. As the regeneration kinetics and equilibrium is
not known exactly is has been assumed that with a regeneration temperature of 900
◦C, the equilibrium partial pressure of CO2 would be above 1 atm and desorption
is ensured. If the regeneration temperature can be lowered, it would be an advan-
tage. The effect of this has been simulated, and the figures for thermal efficiencies
for regeneration at 800, 850, and 900 ◦C are shown in the table below.
Table 6.6: Process thermal efficiency for SE-SMR with Na2ZrO3 as acceptor at a
reformer pressure of 10 bar, an S/C ratio of 3 at different regeneration temperatures
for a cycle time of 8 minutes.
Regeneration temperature (K) 1173 1123 1073
Natural gas feed (LHV) MW 948.0 911.8 898.7
Hydrogen output (LHV) MW 700.5 699.3 700.4
Fuel compression MW 0.9 0.8 0.7
Oxygen production MW 18.9 18.2 17.6
Waste gas compression MW 5.6 6.0 6.5
Product compression MW 20.9 20.9 20.9
Pumps MW 0.5 0.2 0.1
CO2 compression MW 17.7 17.0 16.3
Power input MW 64.4 63.1 62.1
Power out turbine MW 22.1 7.7 0.0
Net Power MW 42.4 55.4 62.1
Gross efficiency 0.74 0.77 0.78
Net efficiency 0.71 0.72 0.73
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It is for all these figures assumed that there are no kinetic or equilibrium lim-
itations for the regeneration. As observed in table 6.6 a lower temperature has a
positive impact on the thermal efficiency, but not as high impact as the longer cy-
cles times shown previously. A positive effect is that for the 1073 K regeneration
temperature there is no excess heat, and the steam turbine cycle is unnecessary.
Table 6.7: Main process simulation results for SE-SMR with Na2ZrO3 as acceptor
at 10 bar and S/C =3 for different regeneration temperatures for a cycle time of 8
min.
Regeneration temperature (K) 1173 1123 1073
Reactor cross-section area m2 19.5 20.9 21.6
Pseudo solid flow kg/s 539 535 552
Thermal efficiency - 0.71 0.72 0.73
As observed in table 6.7 the pseudo-solid flow is not significantly different for
the three different temperatures, not giving any difference in the heat that must be
supplied to the process. But when the same mass must be heated from 575 ◦C to
900 ◦C instead of 800 ◦C the heat for heating the reactor bed will be significantly
less, resulting in the difference in natural gas feed shown in table 6.6. This is
directly affecting the thermal efficiency, giving the higher figure for regeneration
at 800 ◦C.
6.3.3 Lithium Zirconate as CO2-acceptor
The thermal efficiency of SE-SMR is dependent of steam to carbon ratio and the
conversion in the reactor. With Li2ZrO3 as CO2-acceptor the process performance
is affected by the dramatic change in sorbent kinetics and thermodynamics. In
section 5.1 the SE-SMR reactor was simulated with Li2ZrO3 as CO2 acceptor. As
described in section 5.1 a high steam to carbon ratio must be used to get satisfying
conversion, and a ratio of 5 is used in the simulations. The main parameters in
the simulations are given in table 6.8, and as seen; the regeneration temperature in
addition to the superficial gas velocity and the S/C-ratio are the main differences.
The regeneration temperature is set to the temperature where the equilibrium par-
tial pressure of CO2 is 1 bar, and because of the higher equilibrium partial pressure
at equal temperature, the regeneration temperature with Li2ZrO3 as sorbent will be
significantly lower than for Na2ZrO3. The conversion of methane from the reactor
simulations at 10 bar, a temperature of 575 ◦C and an S/C ratio of 5 are shown in
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Table 6.8: Simulation parameters for SE-SMR with Li2ZrO3 as CO2-acceptor.
Reforming temperature (K) 848
Reforming pressure (bar) 10
Regeneration temperature (K) 900
Regeneration pressure (bar) 1.013
Gas velocity (m/s) 0.3
Reactor length (m) 10
S/C- ratio 5
figure 6.10. The conversion reached here is marginally higher than for Na2ZrO3,
but the gas velocity is lower and the steam to carbon ratio is higher. As seen in fig-
ure 6.10 the conversion is kept at a high level much longer than for the Na2ZrO3,
which means that the cycle time will be longer. The CO2-capacity of Li2ZrO3 is
marginally higher than for Na2ZrO3 (0.22 compared to 0.17 kg CO2/kg acceptor),
but the main reason for a longer cycle time is the lower throughput in the reactor
which means that the rate of CO2-production is lower. In the Hysys simulations 50
and 100 minute cycles have been simulated. For the 50 minute cycle an average
methane conversion of 60% has been used, and 55% conversion has been used for
the 100 minute cycle.
The conversions from the Matlab simulations were in the same way as for
the simulations with Na2ZrO3 used as input to the Hysys-simulations. The main
stream data from the Hysys simulations with the 50 minute cycle are given in
appendix A.2. The largest difference from the simulations with Na2ZrO3 is the
higher fraction of CO2 in the outlet of the reactor, and the higher steam content
in most streams due to the higher steam to carbon ratio. In the same way as for
the simulation with Na2ZrO3 as sorbent, the thermal efficiency of the process has
been calculated. The main figures are shown in table 6.9. It was observed in the
simulations with Na2ZrO3 as sorbent that the lower temperature of regeneration
did not have a large effect on the thermal efficiency and it is other properties of
Li2ZrO3 that make the thermal efficiency with this sorbent lower. Contrary to the
simulations with Na2ZrO3 the longer cycle time gives a lower thermal efficiency,
which means that there are other effects than the pseudo solid flow that has the
largest effect on thermal efficiency. It is also observed that for this set-up of the
Li2ZrO3 process there is no excess heat for the turbine cycle. This is due to the
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Table 6.9: Process thermal efficiency for SE-SMR with Li2ZrO3 as acceptor at 10
bar and S/C = 5 with 50 and 100 min cycles compared to the thermal efficiency of
the 8 minute cycle with Na2ZrO3 as sorbent.
Cycle 50 min
Li2ZrO3
100 min
Li2ZrO3
8 min
Na2ZrO3
Natural gas feed (LHV) MW 985.9 1012.0 948.0
Hydrogen output (LHV) MW 699.2 700.1 700.5
Fuel compression MW 0.7 0.5 0.9
Oxygen production MW 16.7 15.8 18.9
Waste gas compression MW 4.8 6.7 5.6
Product compression MW 20.4 20.7 20.9
Pumps MW 0.2 0.2 0.5
CO2 compression MW 15.5 14.6 17.7
Power input MW 58.2 58.4 64.4
Power out turbine MW 0.0 0.0 22.1
Net Power MW 58.2 58.4 42.4
Gross efficiency 0.71 0.69 0.74
Net efficiency 0.67 0.65 0.71
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Figure 6.10: The conversion of methane in SE-SMR with Li2ZrO3 as sorbent at
575 ◦C, 10 bar and a S/C ratio of 5.
large amounts of steam that must be heated with a S/C ratio of 5. Instead of a gas
turbine cycle it is in this case used steam at a pressure of 20 bar as heating medium
in the heat exchanger network, and this is accounted for in the feed gas flow. It is
not assumed that this steam boiler is of an oxyfuel type, thus a CO2 removal below
100 % is calculated. The main results from the process simulations are shown in
table 6.10. As observed, the thermal efficiency of the 50 minute cycle is higher
than for the 4 minute cycle with Na2ZrO3, but lower than for the 8 minute cycle.
The pseudo-mass flow for Li2ZrO3 as sorbent is 711 kg/s while it is 539 kg/s for the
8 minute Na2ZrO3 cycle. For the 100 minute cycle the pseudo-solid flow is lower
than for the Na2ZrO3 cycle, but it is not reflected in the thermal efficiency. The
heating of the reactor from reforming temperature to the regeneration temperature
require significantly less heat for the Li2ZrO3 cycle than for Na2ZrO3, specially for
the 100 minute cycle, where the pseudo solid mass flow is lower and the change in
temperature is only 52 ◦C compared to 225◦C. However, there are no excess heat
in the heat integration in the 50 minute cycle, and the even lower heat rates in the
100 minute cycle does not lead to lower heat losses in the process. This means
that the main reason for the lower thermal efficiency with Li2ZrO3 compared to
Na2ZrO3 as CO2 acceptor for these conditions is the higher steam to carbon ratio.
The lower thermal efficiency of the 100 minute cycle is due to the lower con-
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Table 6.10: Main process simulation results for SE-SMR with Li2ZrO3 as acceptor
at 10 bar and S/C = 5 compared to the results for Na2ZrO3 at S/C = 3, 10 bar and
with a 8 min. cycle.
Cycle 50 min
Li2ZrO3
100 min
Li2ZrO3
8 min
Na2ZrO3
Reactor cross-section area m2 173 186 21
Pseudo solid flow kg/s 711 388 539
Thermal efficiency - 0.67 0.65 0.71
CO2 removal - 0.86 0.79 1
version in the reactor and more gas is recycled from the PSA. The hot and cold
composite curves for the Li2ZrO3 cycle for the 100 minute and 50 minute cycles
are shown in figure 6.11 and figure 6.12.
Figure 6.11: Hot and cold composite curves for the heat exchanger network in the
100 minute Li2ZrO3 SE-SMR cycle.
Differently from the 8 minute Na2ZrO3 cycle at 10 bar and S/C of 3, there is
no excess heat in the SE-SMR cycle with Li2ZrO3. This means that steam heating
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Figure 6.12: Hot and cold composite curves for the heat exchanger network in the
50 minute Li2ZrO3 SE-SMR cycle.
is added in the heat integration, seen as the constant level just above 200 ◦C in the
hot composite curve. The vaporization of steam for the reforming is reflected in
the constant line just below 200 ◦C in the cold composite curve, and it is seen that
more heat is required for the 100 minute cycle than for the 50 minute cycle in the
vaporization. This is due to the lower conversion which means that more methane
must be fed to the reactor for the equal amount of product, resulting in a higher
steam rate. This directly affects the amount additional heat that must be put into
the heat exchanger network.
The other main difference for the process with lithium zirconate is that a much
larger reactor has to be used for Li2ZrO3 as sorbent for equal hydrogen produc-
tion capacity. The necessary crossectional area of the reforming bed for the most
effective cycle time is 173 m2 compared to 21 m2 for Na2ZrO3, and not to forget
that this is only one of the beds where there must be three or more in parallel. The
lower change in temperature from hydrogen production to regeneration will lead
to easier operation, and lower temperature can lead to less expensive materials of
construction. These are effects that not have been incorporated into the models,
and which should be looked at when doing a complete analysis of the process, but
the slow kinetics of Li2ZrO3 does not make it at attractive sorbent for SE-SMR.
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6.3.4 The effect of higher methane conversion
Higher conversion in the reactor without changing the other operating conditions
should increase the process performance. Without changing the acceptor proper-
ties or the operating conditions, higher conversion can be reached by using a longer
reactor. Higher conversion could also be achieved by having a faster sorbent, e.g.
CaO as shown in section 5.3.4. A case with Na2ZrO3 at equilibrium conversion
has been simulated with all other process parameters as given in table 6.2. The
equilibrium conversion of methane at equilibrium is 0.77, which is at a partial
pressure of CO2 of 152 Pa. The main stream data for the process simulations are
shown in appendix A.3. With higher conversion, the thermal efficiency increases,
in this case from about 0.74 to 0.78. The figures for the calculation of thermal
efficiency are shown in table 6.11 for a cycle time of 8 minutes. The regeneration
has been done at a temperature of 1173 K. It is still assumed a 10 m long reactor
which means that for these simulations looks at the effect of having improved CO2
capture kinetics on Na2ZrO3.
It is observed that the thermal efficiency at equilibrium conversion is signifi-
cantly higher than for the conversion from the Matlab simulations. The thermal
efficiency for the 8 minute cycle with kinetic limitations on the reforming and a
regeneration temperature of 1173 K gave thermal efficiency of 0.71 compared to
0.74. The pseudo-solid flow and the reactor cross section for the simulations with
equilibrium reforming conversion are shown together with the thermal efficiency
table 6.12. The change in conversion both means that less natural gas must fed
to the process for the production of the necessary amount of hydrogen, and the
lower volume flow also reduces the pseudo solid flow in the reactor. The change
in pseudo solid flow is 487 kg/s for the high conversion compared to 539 kg/s for
the simulated reactor. This has an effect on the thermal efficiency, due to that less
heat is lost in the cooling of the reactor bed. It is seen in table 6.11 no power for
waste gas compression is required for the equilibrium simulation, also increasing
the efficiency. This is due to that with a high conversion the purity of the product
stream for the reforming section is high, and less tail gas from the PSA produced.
This means that all tail gas is used in the regeneration heating.
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Table 6.11: Process thermal efficiency for SE-SMR with Na2ZrO3 close to equi-
librium, at 10 bar and S/C = 3.
Regeneration limitation Equilibrium Kinetic
Natural gas feed (LHV) MW 932.2 948
Hydrogen output (LHV) MW 699.7 700.5
Fuel compression MW 1.0 0.9
Oxygen production MW 17.7 18.9
Waste gas compression MW 0.0 5.6
Product compression MW 19.7 20.9
Pumps MW 0.5 0.5
CO2 compression MW 17.4 17.7
Power input MW 56.5 64.4
Power out turbine MW 38.4 22.1
Net Power MW 18.1 42.4
Gross efficiency 0.75 0.74
Net efficiency 0.74 0.71
Table 6.12: Main process simulation results for SE-SMR with Na2ZrO3 as accep-
tor close to equilibrium at 10 bar and S/C =3 for a cycle time of 8 min compared
to the results with kinetic limitation.
Regeneration limitation Equilibrium Kinetic
Reactor cross-section area m2 14.3 19.5
Pseudo solid flow kg/s 487 539
Thermal efficiency - 0.74 0.71
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6.3.5 The effect of higher reformer pressure
With a high pressure in the reformer the cross-sectional area of the reformer could
be lowered if the superficial velocity is kept constant. However, the thermody-
namics is favored at a lower total pressure. Therefore, it has been looked at a case
where the pressure in the reactor is increased to 20 bar. In figure 5.40 in section 5.3
the effect on dry hydrogen mole fraction is observed at a constant mass input. It
is seen that the initial dry hydrogen mole fraction falls from 0.83 at 10 bar to 0.80
with a pressure of 20 bar, and this corresponds to a fractional conversion of 0.5. A
cycle time of 8 minutes has been used for the simulations which gives an average
methane conversion of 0.47. The results for the 20 bar simulations is compared
with the results from the simulations at 10 bar. The superficial velocity at 20 bar
is lower, but the conversion of methane is lower because of the thermodynamics.
Because the PSA is operated at 20 bar the compression before the PSA-unit is
also avoided. The figures for the thermal efficiency for the simulation of the 20
bar process are shown in table 6.13 together with the figures for the process with
Na2ZrO3 for a cycle time of 8 minutes.
It is observed that a lower product compression power is needed, but more
power for the waste gas compression is necessary due to lower methane conver-
sion, leading to higher flow of waste gas, and higher differential pressure. It is seen
that even if the net power for the 20 bar case is lower than for the 10 bar case, the
net efficiency is lower. This is due to that more feed must added to get a 700 MW
LHV product because of the lower conversion, leading to higher pseudo-solid flow
and more heat for feed heating. However, the effect of a higher pressure is not very
large, and it must be looked at more closely to make definitive conclusions. The
compressor in front of the PSA can be removed which will give a positive impact
on cost, but the reactor could be more expensive because of higher pressure.
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Table 6.13: Process thermal efficiency SE-SMR with Na2ZrO3 as sorbent at 20 bar
and S/C=3
Reactor pressure 20 bar 10 bar
Natural gas feed (LHV) MW 967.6 948
Hydrogen output (LHV) MW 699.9 700.5
Fuel compression MW 0.9 0.9
Oxygen production MW 19.3 18.9
Waste gas compression MW 8.2 5.6
Product compression MW 11.4 20.9
Pumps MW 0.7 0.5
CO2 compression MW 18.1 17.7
Power input MW 58.5 64.4
Power out turbine MW 29.8 22.1
Net Power MW 28.7 42.4
Gross efficiency 0.72 0.74
Net efficiency 0.70 0.71
Table 6.14: Main process simulation results for SE-SMR with Na2ZrO3 as accep-
tor at 20 bar compared to the results at 10 bar for cycle times of 8 minutes.
Reactor pressure 20 bar 10 bar
Reactor cross-section area m2 23.4 19.5
Pseudo solid flow kg/s 600 539
Thermal efficiency - 0.7 0.71
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6.3.6 The effect of higher steam to carbon ratio
Previously, the performance of SE-SMR with Li2ZrO3 as acceptor was looked at,
and the results was a lower thermal efficiency than with Na2ZrO3, partly because of
higher steam to carbon ratio. If the S/C-ratio is increased with Na2ZrO3 as sorbent,
the conversion can be increased. The effect this has on the thermal efficiency has
been looked at. All other parameters are the same as given in table 6.2 and when
the S/C-ratio is increased to 4, the conversion of methane increases. Figure 5.43 in
section 5.3 shows that the dry hydrogen mole fraction at maximum conversion is
about 0.88. This corresponds to a methane conversion of 65 %. For an 8 minute cy-
cle the average dry hydrogen mole fraction is 0.87 which corresponds to a methane
conversion of 62%.
Table 6.15 shows the overview of the thermal efficiency of the process at an
S/C-ratio of 4 and a cycle time of 8 minutes. The conversion in the reactor is
higher but the increased amount of steam has a negative effect on the thermal
efficiency. By increasing the S/C-ratio from 3 to 4 the thermal efficiency of the
process decreases from 0.71 to 0.70. The difference in thermal efficiency for this
case is not large, but the difference is due to that with higher steam to carbon ratio
a more steam must be heated and there is also a slightly higher pseudo-solid flow
due to that higher steam to carbon ratio gives a higher total gas flow through the
reactor, even if the amount of recycled gas from the PSA tail gas is lower. The
results shows that a low S/C ratio is favorable, but not to a dramatic extent. The
increased heat of vaporization is nearly made up for by the increase in conversion.
If there were no excess heat for the steam turbine cycle the effect of increasing the
steam to carbon ratio would be much more dominant, as for Li2ZrO3 as sorbent.
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Table 6.15: Process thermal efficiency SE-SMR with Na2ZrO3 as sorbent at 10 bar
and S/C=4
S/C-ratio 4 3
Natural gas feed (LHV) MW 952.1 948
Hydrogen output (LHV) MW 699.3 700.5
Fuel compression MW 1.0 0.9
Oxygen production MW 19.0 18.9
Waste gas compression MW 2.3 5.6
Product compression MW 20.3 20.9
Pumps MW 0.4 0.5
CO2 compression MW 17.7 17.7
Power input MW 60.7 64.4
Power out turbine MW 15.6 22.1
Net Power MW 45.1 42.4
Gross efficiency 0.73 0.74
Net efficiency 0.70 0.71
Table 6.16: Main process simulation results for SE-SMR with Na2ZrO3 as accep-
tor with S/C-ratio of 4 compared to the results with an S/C-ratio of 3.
S/C-ratio 4 3
Reactor cross-section area m2 21.5 19.5
Pseudo solid flow kg/s 550 539
Thermal efficiency - 0.7 0.71
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6.3.7 Air as regeneration combustion medium
To get a high CO2 removal, the regeneration has to be done with pure oxygen if not
another process for CO2-removal is included. An air separation unit, which is nec-
essary to make pure oxygen, is expensive both in investment cost and energy-wise.
If a lower CO2 removal can be tolerated, combustion in air for the regeneration of
the sorbent is an option. In that case the combustion product and the CO2 from
regeneration can not be mixed if CO2 removal is wanted. Only the captured CO2
from the reforming is sent to injection and the design of the reactor must be equal
to a traditional reforming reactor, with firing of the natural gas outside the tubes.
When simulating this process it has been assumed that the combustion products
exits the regeneration at 900 ◦C and this stream is used for heating of the air and
fuel feed to the regeneration reactor. Table 6.17 shows the thermal efficiency of
the process when air is used instead of pure oxygen for the case with Na2ZrO3 as
sorbent, and all other parameters as shown in table 6.2. Surprisingly it is seen that
combustion in air gives a much lower thermal efficiency than the combustion in
oxygen. The zero power for oxygen production gives a positive impact, but the net
result is negative. The main reason for this is the large amount of low temperature
heat that is lost. Due to the 79% nitrogen content in air, the mass flow with high
temperature from the regeneration will be much higher. As observed in table 6.17
some of the heat is recovered in the steam turbine cycle, but it is impossible to
recover all the heat. This means that the total input of heat to the system is much
higher for the case with air than for oxygen as combustion medium. The pseudo-
solid flow is in this case more or less equal for the two cases that is compared, and
differently from many of the other cases looked at, not the significant factor for the
difference in thermal efficiency. The other main drawback with air as combustion
medium, in addition to the low efficiency, is that only 55% of the CO2 is captured.
The results here show that oxygen should be more attractive for the regeneration
heating than air. The cost of an air separation unit is large, but the changes in CO2
removal and thermal efficiency is quite dramatic.
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Table 6.17: Process thermal efficiency SE-SMR with Na2ZrO3 as sorbent, regen-
eration heat from combustion in air
Combustion medium Air Oxygen
Natural gas feed (LHV) MW 1156.1 948.0
Hydrogen output (LHV) MW 699.6 700.5
Fuel compression MW 1.3 0.9
Oxygen production MW 0.0 18.9
Waste gas compression MW 2.8 5.6
Product compression MW 21.0 20.9
Pumps MW 1.7 0.5
CO2 compression MW 11.4 17.7
Power input MW 38.2 64.4
Power out turbine MW 105.3 22.1
Net Power MW -67.1 42.4
Gross efficiency 0.61 0.74
Net efficiency 0.64 0.71
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Table 6.18: Main process simulation results for SE-SMR with Na2ZrO3 as accep-
tor at 10 bar and S/C = 3 in 8 minute cycles with a comparison of regeneration
firing in air or pure oxygen.
Combustion medium Air Oxygen
Reactor cross-section area m2 21.3 21
Pseudo solid flow kg/s 555 539
Thermal efficiency - 0.64 0.71
CO2 removal - 0.55 1
6.3.8 Mixed methane hydrogen product
If the product stream is used in a combustion power plant and not in fuel cells,
there is no specific limit on the hydrogen purity, and the unconverted methane
can be burned with hydrogen in gas turbines. The degree of methane conversion
in SE-SMR would then mostly be dependent on how high CO2 removal rate that
is desired. In this case the PSA-unit would be obsolete and the stream before
the PSA unit in figure 6.3 is the product stream going to the power plant. The
product hydrogen pressure is here set to 30 bar, a typical fuel pressure for gas
turbines. The process has been simulated for the case described, and it naturally
leads to an increased efficiency of the process. But because non-converted methane
is not recirculated the fraction CO2 captured will be less, when the CO2 in the
product methane is calculated as CO2-equivalents. The main stream data for the
simulations without H2-purification are given in appendix A.4.
For the case where pure oxygen is used for regeneration the figures for the cal-
culation of thermal efficiency are shown in table 6.19. The figures for the thermal
efficiency show that there are several places where energy is saved compared to the
case with purification of hydrogen. There is of course no need for waste gas re-
compression or fuel compression, because all fuel is taken from the high pressure
inlet natural gas. The reason that less hydrogen is produced is because methane
here is included in the LHV of the product. The power for CO2-compression will
also be less in this case, due to that less CO2 is captured and compressed. The frac-
tion of CO2 captured is shown together with the other main results in table 6.20.
As seen here, the thermal efficiency for this process will be significantly higher
than for the one with pure H2 as product, but it comes at the cost of lower fraction
of CO2 sequestrated. If a higher CO2 removal is desired the solution would be
to have a higher conversion in the reforming, which could be done by increasing
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Table 6.19: Process thermal efficiency of SE-SMR without H2-purification with
Na2ZrO3 as sorbent.
Product H2 +CH4 H2
Natural gas feed (LHV) MW 818.2 948.0
Hydrogen output (LHV) MW 700.6 700.5
Fuel compression MW 0.0 0.9
Oxygen production MW 12.6 18.9
Waste gas compression MW 0.0 5.6
Product compression MW 12.3 20.9
Pumps MW 0.2 0.5
CO2 compression MW 9.2 17.7
Power input MW 34.4 64.4
Power out turbine MW 9.2 22.1
Net Power MW 25.2 42.4
Gross efficiency 0.86 0.74
Net efficiency 0.83 0.71
Table 6.20: Main process simulation results for SE-SMR with Na2ZrO3 as accep-
tor without H2-purification.
Reactor cross-section area m2 10
Pseudo solid flow kg/s 258
Thermal efficiency - 0.83
CO2 sequestration - 0.62
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the residence time in the reactor or having a faster CO2 acceptor. The volume
flow through the reactor will be much smaller because less feed is needed to get
the specified LHV of product, and no gas is recycled back to the reforming. The
product hydrogen in this case is about 80 mole% and the majority of the rest is
methane. The carbon in the methane is also accounted for in the CO2-removal
given in table 6.20.
6.3.9 CO2 recycle for combustion temperature control
As mentioned earlier in this chapter, excessive temperatures could be a problem
with O2 as combustion medium even if no detailed analysis have been carried out
on this subject. One solution to this could be to recycle CO2 to lower the concen-
tration of fuels and oxygen in the combustion. Two different ways of doing this
have been investigated. A cold CO2 stream at about 130 ◦C after the integration
could be used, or the high temperature CO2 content stream directly from the re-
generation could be recycled. To be able to recycle this a fan has to be installed
and it has been assumed a 2 bar exit pressure from the recycling fan. A 50% re-
cycle of the CO2 stream has been assumed in the simulations. It is not considered
if a fan operating at a temperature above 800 ◦C is practically feasible. The fig-
ures for the thermal efficiency are given in table 6.21, where the CO2 recycle fan
power has been added to the CO2 compression power. The figures in the table
above give a similar thermal efficiency for the hot recycling as without recycling,
while the cold recycle gives a significantly lower thermal efficiency. The reason
for this is that when a cold recycle stream is introduced in the regeneration more
fuel must be added to keep the high temperature, which results in a higher total
fuel consumption. For the hot recycle the gross efficiency actually is higher than
for the simulation without the recycle. The reason for this is that heat is added to
the stream when it is pressurized and this heat will reduce the amount of fuel that
has to be added in the regeneration. However, the effect of this naturally lost on
the net efficiency, when the fan power is taken into account. This means that if
CO2 is to be recycled it should be done at as high temperature as possible to avoid
losses of thermal efficiency, but naturally the effect on temperature control in the
combustion would be higher with a colder stream. These effects has to be weighed
against each other together with the feasibility of having a fan operating with a hot
gas when evaluating the recycling of CO2 in the regeneration heating.
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Table 6.21: Process thermal efficiency of SE-SMR with CO2 recirculation at low
(LT) and high temperature (HT) with Na2ZrO3 as sorbent compared to the process
without recirculation. All simulations at S/C =3, 10 bar reforming pressure and 8
minute cycle time
CO2 recirculation HT LT None
Natural gas feed (LHV) MW 908 1046 948
Hydrogen output (LHV) MW 700.6 699.8 700.5
Fuel compression MW 0.8 1 0.9
Oxygen production MW 18.2 20.9 18.9
Waste gas compression MW 5.9 4.2 5.6
Product compression MW 20.7 21.0 20.9
Pumps MW 0.5 1.1 0.5
CO2 compression MW 33.2 28.2 17.7
Power input MW 79.3 76.5 64.4
Power out turbine MW 15.9 65.6 22.1
Net Power MW 63.4 10.8 42.4
Gross efficiency 0.76 0.67 0.74
Net efficiency 0.71 0.66 0.71
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6.3.10 Concluding remarks on the reactor simulation results
The simulations carried out in this part of the thesis shows that it is possible to
reach high thermal efficiencies when using actual kinetics for the CO2 capture.
This can be done without using too large reactors, a typical reactor size for the
process with Na2ZrO3 as acceptor would have a length of 10 meters and a diame-
ter of about 4.5-5 meters if the heat of regeneration is supplied inside the bed. To
have a high CO2-removal( 85 %) the heat for regeneration must be supplied from
combustion in pure oxygen. When a lot of high temperature heat must be supplied
the oxygen alternative is also more efficient than with air. It is also shown that the
capture-kinetics of sorbent is important, and to have high thermal efficiency the
kinetics must be fast enough for SE-SMR with relatively low residence times and
steam to carbon ratios, and if the kinetics of sorption on Na2ZrO3 could be im-
proved further, this would increase the thermal efficiency of SE-SMR. The heating
of the bed from reaction temperature to regeneration demands a lot of heat and
this heat is dominating the heat flow in the system and the thermal efficiency of
the process. As long as there are excess high temperature heat in the system it is
advantageous to have a longer cycle time and a lower conversion. For optimization
of the process it should be set up in a way that the necessary heating and cooling
above the pinch point are as much in balance as possible. For this optimization
more reliable data for the regeneration is necessary, and both the thermodynam-
ics and kinetics have to be looked at in detail. The change in temperature from
reforming to regeneration can also lead to difficulties with construction material.
However the relative change is not that high compared to e.g. dehydration with mol
sieves where typical changes in temperature is from 30 ◦C to 250 ◦C with similar
cycle times used for the simulations here. Perhaps the most promising process
seems to be a process with a production of a mixed methane/hydrogen product.
This increases the thermal efficiency of the process dramatically, and if a faster
sorbent were used the CO2 removal could be in the region of typical SMR with
an amine CO2 removal process(85-90%). With some methane in the product this
also eases the design of gas turbines for power production because the combustion
would yield lower temperatures. The necessary reactor area for this process would
also be about half of the area for a production of a pure hydrogen product.
Chapter 7
Conclusions and proposed
further work
7.1 Conclusions
The work in this thesis has focused on simulation of hydrogen production by sorp-
tion enhanced steam methane reforming in a fixed bed reactor. A robust transient
one dimensional model has been formulated and implemented for the simulations
of the reforming reactor. Three main models have been formulated, one pseudo-
homogeneous model and two heterogeneous model that account for intraparticle
mass and heat transfer. The two heterogeneous models are different in the way
the solid materials are placed in the reactor. The 1-particle model considers one
type of pellet in the reactor consisting of both catalytic and sorbent material, while
the 2-particle model considers two separate pellet types with catalytic and sorbent
material.
To simulate sorption enhanced steam methane reforming reactors, kinetic mod-
els for all major reactions must be formulated. The steam methane reforming reac-
tions have been extensively studied earlier, and the kinetic model of Xiu and Fro-
ment was used in the simulations. Different solid synthetic materials for the high
temperature CO2 capture have been studied and kinetic models for the capture of
CO2 on these materials have been formulated in this thesis. Two of the materials,
nanocrystalline lithium zirconate and sodium zirconate have been synthesized at
NTNU, while the lithium silicate was obtained from Toshiba. The materials syn-
thesized at NTNU showed quite similar kinetic properties, and the capture rate of
CO2 was described by a first order rate reaction with respect to fractional con-
version of the solid. This can indicate that the kinetics are limited by nucleation
as described by the Avrami-Erofeev model. Others have also used the first order
model, without using it to describe a specific mechanism. The two zirconates had
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been synthesized by the same method, and it is reasonable to believe that this is the
reason for why the same formulation could be used to model the capture kinetics
on both materials. Contrary the lithium silicate material showed a CO2 capture
rate which were dependent on the squared fractional conversion. This does not
indicate any specific mechanism, but can be the result of changes in mechanism
during the course of reaction. However, while the shape of the rate expression
was similar for the two zirconates, the reaction rates did differ substantially. The
lithium zirconate had the slowest capture rate of the materials, with a kinetic con-
stant about 100 times lower than the one for sodium zirconate, which showed the
fastest kinetics. The capture rate on lithium silicate was found to be between the
two other materials.
The simulations of SE-SMR show that it is possible to produce hydrogen with
a purity above 80 % on a dry basis in a fixed bed reactor with the investigated
sorbents. The conversion is very dependent on the kinetics of the sorbent and the
steam to carbon ratio. With lithium zirconate as acceptor a steam to carbon ratio
of 5 had to be used to reach a dry hydrogen purity above 80%. The superficial
velocity used for the simulations with Li2ZrO3 was 0.3 m/s for the base case and
a dry hydrogen mole fraction of about 0.86 was reached after 10 meters at this
velocity. This is low compared to traditional SMR, which often uses gas velocities
above 2 m/s, and a very large reactor would be needed to produce the same amount
of hydrogen as traditional SMR with Li2ZrO3 as acceptor in SE-SMR.
The capture kinetics on Li2ZrO3 are slow, and no need for heterogeneous mod-
els were found for the pellet size used in the simulations. However, if the pellet size
was increased there would be mass transfer effects, and a simple pseudo homoge-
neous model would over predict the conversion of methane. The model used in the
simulations incorporates the effect of mass removal from the gas phase due to CO2
capture. The effect of including this part was looked at, and it showed that there
was significant difference in the solutions when compared to models with constant
mass flow or constant gas velocity. When comparing the results with lithium sili-
cate as acceptor to the results with lithium zirconate, it was seen that much higher
gas velocities could be used at equal steam to carbon ratios, and still obtain dry
hydrogen mole fractions at the outlet of the reactor above 0.8. For the simulations
with Li4SiO4 it was observed that a pseudo homogenous model gave the same re-
sults as the heterogeneous model when the acceptor and the catalyst were localized
in the same pellet. When two different pellets were used, a difference in reactor
performance was observed due to mass transfer limitations. This shows that the
distribution of the active materials has an effect on the overall performance, and if
possible, one particle should be used for best possible performance. A comparison
with a fluidized bubbling bed reactor has also been done, and it showed that while
the temperature gradients in the fluidized bed were much smaller, a longer reactor
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was needed to reach the same conversion as in a fixed bed reactor.
Sodium zirconate was the last acceptor where a kinetic expression for the cap-
ture rate was found from in-house experimental data. This acceptor showed clearly
better performance in SE-SMR than the previous two, due to both superior kinet-
ics and lower equilibrium partial pressure. The change in properties meant that
hydrogen with above 80% purity could be produced with as low steam to carbon
ratios as 3, and with gas velocities up to 2 m/s in a 10 meter long reactor. The
simulations with a heterogeneous model showed that there would be mass transfer
limitations with the pellet size used, and the one-particle heterogeneous model was
used for the simulations.
An important result from all simulations is that it is seen that there will be large
temperature gradients in the reactor even if the total reaction not is very endother-
mic. If a fixed bed reactor is operated without external heating, the temperature
close to the inlet will decrease dramatically, while the outlet temperature will in-
crease. This means that temperature control could be necessary during hydrogen
production, and that heating/cooling not only has to be supplied during regenera-
tion.
The simulations of the SE-SMR with Na2ZrO3 ere also compared to experi-
mental data. The simulations showed that the models gave a good prediction of the
conversion in the reactor. However, the experimental set-up had too large dead vol-
umes to be able to predict the whole cycle until the sorbent was fully saturated. The
results from the simulations with Na2ZrO3 were finally compared to results from
simulations with a synthetic CaO as sorbent. It showed that even if the Na2ZrO3
has very good properties compared to Li4SiO4 and Li2ZrO3 the kinetics of CaO
were superior.
The SE-SMR process as a whole has been studied, from the inlet stream of
natural gas to production of hydrogen and compression/injection of CO2. This has
been done by incorporating the results from the reactor simulations in simulations
of the whole process. The analysis ware done using the conversion results from the
reactor simulations and it has been shown that a process thermal efficiency com-
parable to and higher than SMR with CO2 capture can be reached. The efficiency
is very dependent on the amount of heat that must be supplied to the reactor in
the regeneration step and the kinetics of the sorbent. A thermal efficiency of 0.71
was calculated for an SE-SMR process with Na2ZrO3 as sorbent with a gas veloc-
ity of 2 m/s, a 10 m long reactor, a pressure of 10 bar, a reforming temperature
of 848 K and a steam to carbon ratio of 3. The heat for regeneration was in this
case supplied by combustion of methane in pure oxygen and yielded high degree
of CO2-removal (≈ 100%). The temperature of regeneration used for Li2ZrO3 as
sorbent were only 52 ◦C higher than the reforming temperature, while it was 325
◦C higher for Na2ZrO3. When Li2ZrO3 replaced Na2ZrO3 as CO2-acceptor the
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lower temperature increase for regeneration, which lead to less heat supplied, did
make up for some of the disadvantages of Li2ZrO3, but in total the slower kinetics
make it a less promising sorbent for SE-SMR. With all other parameters equal the
thermal efficiency fell from 0.71 to 0.67 when using Li2ZrO3 as acceptor instead
of Na2ZrO3. At the same time the cross-section area of the reactor had to be in-
creased almost 10 times to get the throughput that was necessary to have equal
production of hydrogen.
The process efficiency can be increased for Na2ZrO3 if better kinetics or a
longer reactor are used. If the conversion of methane could reach equilibrium the
thermal efficiency of the process would increase from 0.71 to 0.74. High degree
of CO2 removal is only reached if the heat of regeneration is supplied by combus-
tion in pure oxygen and the simulations show that only about 55 % of the carbon
can be captured if the combustion is carried out in air. In this case the only cap-
tured carbon is from the reforming and not from the combustion of methane for
regeneration heating.
The possibility of not producing pure hydrogen, but a mixture of hydrogen and
methane has also been investigated. With the low conversion of methane the CO2
capture simulated for this process was only 62 % when the methane content in the
product is calculated as CO2-equivalents. The thermal efficiency of this process
was about 0.83, compared to the 0.71 for the case with pure hydrogen as product.
If the kinetics of CO2-sorption could be increased, giving higher hydrogen content
in the product, an increased CO2 removal can be reached without lowering the
thermal efficiency.
7.2 Proposed further work
This work has focused on the reforming reactor and the kinetics of capture and has
shown that it is possible to produce hydrogen with high purity by SE-SMR. There
has not been enough data available for the regeneration kinetics to be modeled and
simulated, and this should be the main focus in further work on SE-SMR. The
regeneration could pose a challenge when large amounts of heat has to be supplied
to release the CO2. Accurate models of this will help in the work of finding the
optimum operating point and the way of doing the regeneration. The heating to
the regeneration could be done indirectly through the pipe wall or by combustion
inside the reactor volume. In any case it is important to describe the heat transfer
and reactions in the regeneration reactor. Na2ZrO3 had the best properties of the
materials that was characterized, and had kinetics properties which make it an
interesting challenger to CaO. A comparison with a synthetic CaO material showed
that Na2ZrO3 was not as fast as CaO, and for the more expensive materials like
zirconates to be alternatives they have to have better properties than CaO or MgO.
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Even if the Na2ZrO3 showed lower performance the problem with CaO has been
that it does not withstand thousands of cycles, and how the material performance
declines after cycles should be incorporated into the models to get a complete
picture.
There are problems with operating the fixed bed reactor that could be difficult
to overcome. Large changes in temperature between cycles and internal temper-
ature gradients are problems that could be diminished by using a fluidized bed
reactor concept. The temperature gradients in a fluidized bed reactor are much
smaller and when using one reactor as reformer and the other as regenerator the
cycling in temperature is removed. The small endothermic heat of the reforming
section can then be supplied as hot regenerated particles. Though, the challenge
in supplying the heat to the regenerator is still there, and modelling of the whole
reforming-regeneration cycle in a fluidized bed reactor with the possibility of in-
corporate different type of heat sources, both indirect and combustion inside the
reactor volume is something that should be looked into.
For a fixed bed reactor system unmixed combustion could be a concept that
would make it easier to control temperature and CO2 release. This is something
that could an alternative for the heat supply during regeneration. By first feeding
oxygen that reacts with nickel in the catalyst and then the methane for combustion,
it could be possible to lower the temperature of combustion. For fixed bed reactor
concept it is important to control the temperature at a level as low as possible while
CO2 still is released at a reasonable rate.
As the comments here suggests, most of the work on SE-SMR has been on
the reforming, and now it is time to go deeper into detail on the regeneration, and
to combine the modelling of the reforming and the regeneration, with special care
given to how the heat is supplied during regeneration.
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Appendix A
Simulation mass balances
A.1 SE-SMR with Na2ZrO3, 10 bar, S/C = 3, 8 minute
cycle.
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Case Name: SESMRFIX10BARNAZR700MWWPOWERLNG750KGSxml8min.hsc
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Workbook: Case (Main)
Material Streams Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Added fuel
1.0000
25.00
7000
0.0000
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
CO2 for injection
1.0000
25.00
101.3
4479
1.924e+005
1.090e+005
0.0000
0.9486
0.0312
0.0000
0.0000
0.0000
0.0202
0.0000
Cold solid
0.0000
575.0
101.3
1.938e+004
1.940e+006
1577
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Condensate
0.0000
25.23
1200
1.703e+004
3.069e+005
304.6
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
Feed
1.0000
574.0
1100
2.371e+004
4.026e+005
1.514e+005
0.2395
0.0020
0.7189
0.0000
0.0389
0.0007
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Natural Gas
1.0000
10.00
7000
4252
6.821e+004
1201
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
O-1
1.0000
25.00
200.0
3378
1.081e+005
4.180e+004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
P-1
1.0000
575.0
1000
2.661e+004
2.804e+005
1.877e+005
0.1067
0.0035
0.4278
0.0000
0.4608
0.0012
0.0000
0.0000
P-2
0.8225
133.0
1000
2.661e+004
2.804e+005
7.345e+004
0.1067
0.0035
0.4278
0.0000
0.4608
0.0012
0.0000
0.0000
Product Hydrogen
1.0000
157.0
6000
1.042e+004
2.102e+004
6333
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
PSA feed
0.9984
25.00
2000
1.528e+004
7.619e+004
1.898e+004
0.1858
0.0062
0.0033
0.0000
0.8027
0.0020
0.0000
0.0000
Regen gas
1.0000
801.6
101.3
8103
2.577e+005
7.146e+005
0.0000
0.5246
0.4642
0.0000
0.0000
0.0000
0.0112
0.0000
Regen-2
1.0000
133.0
101.3
8103
2.577e+005
2.690e+005
0.0000
0.5246
0.4642
0.0000
0.0000
0.0000
0.0112
0.0000
Warm solid
0.0000
900.0
101.3
1.938e+004
1.940e+006
1577
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Waste Gas
1.0000
21.83
131.7
4853
5.516e+004
9.027e+004
0.5850
0.0194
0.0102
0.0000
0.3790
0.0064
0.0000
0.0000
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Workbook: Case (Main) (continued)
Material Streams (continued) Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Water
0.0000
25.00
101.3
5699
1.027e+005
101.9
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
WG-2
1.0000
157.8
1200
2437
2.771e+004
7277
0.5852
0.0194
0.0102
0.0000
0.3787
0.0064
0.0000
0.0000
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A.2 SE-SMR with Li2ZrO3, 10 bar, S/C = 3, 50 minute
cycle.
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Material Streams Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Added fuel
1.0000
25.00
7000
0.0000
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
CO2 for injection
1.0000
25.00
101.3
3928
1.690e+005
9.555e+004
0.0000
0.9544
0.0312
0.0000
0.0000
0.0000
0.0145
0.0000
Cold solid
0.0000
575.0
101.3
2.557e+004
2.559e+006
609.3
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Condensate
0.0000
25.25
1200
2.359e+004
4.250e+005
421.8
0.0000
0.0001
0.9999
0.0000
0.0000
0.0000
0.0000
0.0000
Feed
1.0000
574.1
1100
2.936e+004
5.078e+005
1.872e+005
0.1607
0.0040
0.8024
0.0000
0.0321
0.0008
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Natural Gas
1.0000
10.00
7000
3750
6.016e+004
1059
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
O-1
1.0000
25.00
200.0
2356
7.538e+004
2.914e+004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
P-1
1.0000
575.0
1000
3.232e+004
3.891e+005
2.277e+005
0.0584
0.0071
0.5544
0.0000
0.3787
0.0015
0.0000
0.0000
P-2
0.8127
147.2
1000
3.232e+004
3.891e+005
9.057e+004
0.0584
0.0071
0.5544
0.0000
0.3787
0.0015
0.0000
0.0000
Product Hydrogen
1.0000
157.2
6000
1.040e+004
2.098e+004
6324
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
PSA-feed
0.9984
25.00
2000
1.445e+004
6.714e+004
1.796e+004
0.1306
0.0157
0.0033
0.0000
0.8471
0.0034
0.0000
0.0000
Regen gas
1.0000
675.5
101.3
6564
2.165e+005
5.110e+005
0.0000
0.5713
0.4200
0.0000
0.0000
0.0000
0.0086
0.0000
Regen-2
1.0000
147.2
101.3
6564
2.165e+005
2.256e+005
0.0000
0.5713
0.4200
0.0000
0.0000
0.0000
0.0086
0.0000
Warm solid
0.0000
700.0
101.3
2.557e+004
2.559e+006
609.3
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Waste Gas
1.0000
22.00
131.7
4045
4.616e+004
7.530e+004
0.4665
0.0561
0.0116
0.0000
0.4539
0.0120
0.0000
0.0000
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Material Streams (continued) Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Water
0.0000
25.00
101.3
5715
1.030e+005
102.2
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
WG-2
1.0000
160.3
1200
2075
2.368e+004
6236
0.4664
0.0561
0.0116
0.0000
0.4539
0.0120
0.0000
0.0000
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A.3 SE-SMR with Na2ZrO3 at equilibrium.
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Material Streams Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Added fuel
1.0000
25.00
7000
203.2
3260
62.45
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
CO2 for injection
1.0000
25.00
101.3
4410
1.894e+005
1.073e+005
0.0000
0.9476
0.0312
0.0000
0.0000
0.0000
0.0212
0.0000
Cold solid
0.0000
575.1
101.3
1.746e+004
1.747e+006
416.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Condensate
0.0000
25.20
1200
1.193e+004
2.150e+005
213.4
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
Feed
1.0000
574.0
1100
1.603e+004
2.809e+005
1.023e+005
0.2482
0.0000
0.7518
0.0000
0.0000
0.0000
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Natural Gas
1.0000
10.00
7000
3978
6.381e+004
1124
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
O-1
1.0000
25.00
200.0
3249
1.040e+005
4.020e+004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
P-1
1.0000
575.0
1000
1.909e+004
1.463e+005
1.348e+005
0.0479
0.0001
0.3103
0.0000
0.6415
0.0001
0.0000
0.0000
P-2
0.8189
112.0
1000
1.909e+004
1.463e+005
5.005e+004
0.0479
0.0001
0.3103
0.0000
0.6415
0.0001
0.0000
0.0000
Product Hydrogen
1.0000
157.7
6000
1.041e+004
2.100e+004
6336
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
PSA feed
0.9984
25.00
2000
1.321e+004
4.033e+004
1.645e+004
0.0692
0.0002
0.0033
0.0000
0.9271
0.0002
0.0000
0.0000
Regen gas
1.0000
814.5
101.3
8391
2.612e+005
7.489e+005
0.0000
0.4983
0.4906
0.0000
0.0000
0.0000
0.0112
0.0000
Regen-2
1.0000
112.0
101.3
8391
2.612e+005
2.639e+005
0.0000
0.4983
0.4906
0.0000
0.0000
0.0000
0.0112
0.0000
Warm solid
0.0000
900.0
101.3
1.746e+004
1.747e+006
416.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Waste Gas
1.0000
22.36
131.7
2800
1.933e+004
5.221e+004
0.3268
0.0010
0.0153
0.0000
0.6562
0.0008
0.0000
0.0000
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Workbook: Case (Main) (continued)
Material Streams (continued) Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Water
0.0000
25.00
101.3
6051
1.090e+005
108.2
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
WG-2
---
---
1200
0.0000
0.0000
---
0.3268
0.0010
0.0153
0.0000
0.6562
0.0008
0.0000
0.0000
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A.4 SE-SMR with Na2ZrO3 with mixed product.
NORWEGIAN UNIV SCI&TECH
Calgary, Alberta
CANADA
Case Name: SESMRFIX10BARNAZR700MWWPOWERLNG750KGSxml8mineq.HSC
Unit Set: SI
Date/Time: Thu Feb 04 21:27:56 2010
Workbook: Case (Main)
Material Streams Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Added fuel
1.0000
25.00
7000
203.2
3260
62.45
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
CO2 for injection
1.0000
25.00
101.3
4410
1.894e+005
1.073e+005
0.0000
0.9476
0.0312
0.0000
0.0000
0.0000
0.0212
0.0000
Cold solid
0.0000
575.1
101.3
1.746e+004
1.747e+006
416.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Condensate
0.0000
25.20
1200
1.193e+004
2.150e+005
213.4
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
Feed
1.0000
574.0
1100
1.603e+004
2.809e+005
1.023e+005
0.2482
0.0000
0.7518
0.0000
0.0000
0.0000
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Natural Gas
1.0000
10.00
7000
3978
6.381e+004
1124
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
O-1
1.0000
25.00
200.0
3249
1.040e+005
4.020e+004
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
P-1
1.0000
575.0
1000
1.909e+004
1.463e+005
1.348e+005
0.0479
0.0001
0.3103
0.0000
0.6415
0.0001
0.0000
0.0000
P-2
0.8189
112.0
1000
1.909e+004
1.463e+005
5.005e+004
0.0479
0.0001
0.3103
0.0000
0.6415
0.0001
0.0000
0.0000
Product Hydrogen
1.0000
157.7
6000
1.041e+004
2.100e+004
6336
0.0000
0.0000
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
PSA feed
0.9984
25.00
2000
1.321e+004
4.033e+004
1.645e+004
0.0692
0.0002
0.0033
0.0000
0.9271
0.0002
0.0000
0.0000
Regen gas
1.0000
814.5
101.3
8391
2.612e+005
7.489e+005
0.0000
0.4983
0.4906
0.0000
0.0000
0.0000
0.0112
0.0000
Regen-2
1.0000
112.0
101.3
8391
2.612e+005
2.639e+005
0.0000
0.4983
0.4906
0.0000
0.0000
0.0000
0.0112
0.0000
Warm solid
0.0000
900.0
101.3
1.746e+004
1.747e+006
416.0
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
0.0000
1.0000
Waste Gas
1.0000
22.36
131.7
2800
1.933e+004
5.221e+004
0.3268
0.0010
0.0153
0.0000
0.6562
0.0008
0.0000
0.0000
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Workbook: Case (Main) (continued)
Material Streams (continued) Fluid Pkg: All
Name
Vapour Fraction
Temperature
Pressure
Molar Flow
Mass Flow
Actual Volume Flow
Mole fraction [-] (Methane)
Mole fraction [-] (CO2)
Mole fraction [-] (H2O)
Mole fraction [-] (Nitrogen)
Mole fraction [-] (Hydrogen)
Mole fraction [-] (CO)
Mole fraction [-] (Oxygen)
Mole fraction [-] (Solid*)
(C)
(kPa)
(kgmole/h)
(kg/h)
(m3/h)
Water
0.0000
25.00
101.3
6051
1.090e+005
108.2
0.0000
0.0000
1.0000
0.0000
0.0000
0.0000
0.0000
0.0000
WG-2
---
---
1200
0.0000
0.0000
---
0.3268
0.0010
0.0153
0.0000
0.6562
0.0008
0.0000
0.0000
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Numerical Investigation of Sorption Enhanced Steam Methane Reforming Using
Li2ZrO3 as CO2-acceptor
Hans Kristian Rusten,* Esther Ochoa-Ferna´ndez, De Chen, and Hugo Atle Jakobsen
The Norwegian UniVersity of Science and Technology (NTNU), NO-7491 Trondheim, Norway
A fixed-bed reactor for the production of hydrogen via sorption-enhanced steam methane reforming (SE-
SMR) is investigated. Pseudo-homogeneous and heterogeneous models have been formulated and used to
simulate the process performance. The capture kinetics of CO2 on Li2ZrO3 have been characterized
experimentally for determination of a kinetic model that is used in the simulations of SE-SMR. The simulations
show that hydrogen with purities of >87 mol % can be produced at a temperature of 848 K and a total
pressure of 10 bar, but with long reactors and low production capacities. To make SE-SMR an industrial
alternative, materials with better capture properties are required.
1. Introduction
Hydrogen is an important raw material in the chemical and
petroleum industries; large quantities are used in the manufacture
of ammonia and methanol and in a variety of petroleum
hydrotreating processes. In addition, hydrogen might become a
new generation clean energy source for transport, especially for
fuel cell application, which would cause a huge increase in
hydrogen demand.
Steam methane reforming (SMR) is currently the major
process for the large-scale production of hydrogen. The process
involves multiple steps and severe operating conditions in which
the reformer is normally operated at 800-850 °C and 20-35
bar, followed by high and low-temperature shift reactors. For
hydrogen production with CO2 capture, another cost-effective
process is desirable. Within the past few years, the concept of
multifunctional reactors that combine reaction and separation,
especially the concept of the sorption-enhanced reaction process
(SERP), have received increased attention. A CO2 acceptor can
be installed, together with a catalyst, to remove CO2 from the
gas phase, normal equilibrium limits of reforming and shift
reactions are changed, and a product that contains more than
98% H2 (dry basis) is possible.1 Sorption-enhanced steam
reforming can be performed at a much lower temperature (450-
630 °C) than normal steam reforming, which will significantly
lower investment and operation cost. The primary impurity is
methane and relative low levels of carbon oxides.2 A lower
concentration of CO and higher concentration of hydrogen will
reduce the coking potential, which is a serious problem in
normal steam reforming.
The capture is an exothermic reaction, which is contrary to
the endothermic steam reforming, and the heat of sorption will
make the need for external heating less than that for the
traditional steam reforming process.
The net change of enthalpy for the reaction, calculated at the
working temperature, is positive; hence, energy still must be
supplied, but the quantity required is considerably less than that
for the traditional SMR process.
There has been extensive research on the equilibrium of CO2
capture on different solids at ambient temperature and atmo-
spheric pressure. Recently, there has been increased attention
to high-temperature acceptors. High-temperature CO2 solid
sorbents in SE-SMR should fulfill certain requirements: high
capacity, fast sorption rate, good multicycling stability, relatively
low temperature for regeneration, and inert for steam reforming
catalysts.3 Carbon-based materials, metal oxides, zeolites, and
hydrotalcite-like materials are potential acceptors for CO2.
Recently it has been reported that lithium-containing materials
(mainly Li2ZrO3 and Li4SiO4) are promising candidates with
high CO2 capture capacity and high stability.4,5 The regeneration
temperature is also much lower than that for other oxides such
as CaO and MgO.
In this work, we study the reactor performance using Li2-
ZrO3 as the CO2 acceptor.6 A tapered element oscillating
microbalance has been used for the CO2 uptake measurements.
From these data, a kinetic expression for the capture kinetics,
as a function of CO2 partial pressure and temperature, has been
developed.
Previous modeling work on SE-SMR has been performed for
hydrotalcite and CaO as CO2 acceptors, using simpler models.7,8
The objective of this work has been to develop a model to
describe the SE-SMR process in a fixed-bed reactor that is easily
adapted for different types of CO2 capture kinetics. Different
reactor models have been assessed and a model with full solu-
tion of the pressure velocity coupling has been chosen based
on an evaluation of various model formulations. Hetero-
geneous and pseudo-homogeneous reactor models have been
formulated to study the integration between the catalyst and
the sorbent.
2. Kinetics of the CO2 Acceptor
Nanocrystalline lithium zirconate has been synthesized by a
novel soft-chemistry route presented by Ochoa et al.6 The CO2
capture properties of this material has been investigated in a
tapered element oscillating microbalance with flow rates high
enough to ensure no external mass-transfer limitations. The
uptake of CO2 is measured at three temperatures (530, 550, and
575 °C) and at partial pressures in the range of 0.3-1 bar. A
mathematical model for the capture kinetics is needed to enable
utilization of the kinetic data in reactor simulations. Several
models for gas-solid reactions have been proposed in the
literature,9 and for the sorption of gas on solid, the shrinking-
CH4 + 2H2O + Li2ZrO3(s) S 4H2 + Li2CO3(s) + ZrO2(s)
(¢H848K ) 15 kJ/mol) (1)
4435Ind. Eng. Chem. Res. 2007, 46, 4435-4443
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core model is commonly applied.10 The model has been used
to explain the mechanism of CO2 capture on Li2ZrO3,11 where
the diffusion of CO2 in the product Li2CO3 shell is observed to
be the rate-determining step. However, the shrinking-core model
and several other models failed to explain the results obtained
in our experiments. The original shrinking-core model is linearly
dependent on the partial pressure of CO2, and some modified
versions have a dependency of PCO2 between 0 and 1.8 The
measured data show a dependency of the CO2 partial pressure
close to 2, which is a number that is not explained by the
shrinking-core model or other proposed mechanistic models.
With respect to fractional coverage (x), a linear function of (1
- x) gives the best fit to the data. The higher-order dependency
of the partial pressure of CO2 indicates that the limiting step is
the chemical reaction itself; however, further work is needed
to derive a detailed kinetic model that explains the actual
reaction mechanism. The primary objective of this work is to
model and simulate the SE-SMR process, and, in this context,
a simpler model was determined to be sufficient. The work on
developing more detailed kinetics is continuing as well. Because
no mechanistic model that explained the experimental results
was found, an empirical model was chosen. This relation is
given in eq 2.
The equilibrium partial pressure of CO2 (peq,CO2) is modeled
using thermodynamic data;12 x is the fractional conversion and
has a value of 1 at full saturation of the CO2 acceptor.
Here, q is the mass of CO2 captured per mass of lithium
zirconate, and qmax is the value of q at maximum capture and is
determined to have a value of 0.22 for this sample of Li2ZrO3.
K1 is the effective reaction rate constant for which an Arrhenius
expression is used for the temperature dependence.
T0 was chosen as 848 K and the fitted parameters in eqs 2 and
4 are given with standard deviations in Table 1.
An in-house code for nonlinear model fitting using a secant
version of Marquardt’s method of least squares was used to
determine the parameters in the model. The experimental data
and the model fit at different partial pressures of CO2 and
temperatures are shown in Figure 1. A short induction period
is observed at lower partial pressures, which gives a small
discrepancy between the experiments and the predictions;
however, the model is considered appropriate, in regard to
simulating the SE-SMR process. The model is not able to
reproduce the maximum in the capture kinetics that is observed
at 585 °C; thus, the model should not be used at higher
temperatures.
3. The Reactor Models
Transient one-dimensional reactor models with axial disper-
sion have been developed to simulate a fixed-bed reactor. A
transient model is chosen because the capture of CO2 has a time-
dependent nature, and axial dispersion is included because
relatively low gas velocities are used in the simulations. Three
different models have been developed: two heterogeneous
models and a pseudo-homogeneous model. The difference
between the two heterogeneous models is the manner in which
the sorbent is installed in the reactor. One model considers that
Li2ZrO3 and the reforming catalyst are separated in two different
particles, whereas, in the other case, there is one particle with
both catalytic and capture properties. The SMR and the water-
gas shift reaction kinetics can be described by three equations,
two of which are independent:
Table 1. Parameters Fitted to Eq 2
parameter value
K10 (s-1) 8.07  10-13 ( 7  10-15
E1 (J/mol) 7.7  104 ( 2  103
Figure 1. (â â â) Experimental data and (s) kinetic model for CO2 capture on lithium zirconate.
K1 ) K10 exp[-(ER)(1T - 1T0)] (4)
dx
dt ) K1(pCO2 - peq,CO2)
2(1 - x) (2)
x ) qqmax
(3)
4436 Ind. Eng. Chem. Res., Vol. 46, No. 13, 2007
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The kinetics of these reactions are described by Xu and
Froment:13
DEN is given as 1 + KCOpCO + KH2pH2 + KCH4pCH4 +
KH2OpH2O/pH2 and all constants are taken from Xu and Froment.13
3.1. Bulk Gas Equations. The general mass balance equation
for a chemical species i in reacting fluid flow with varying
density, temperature, and composition is written as
A cross-sectional average of eq 11 reduces the model to one
dimension, and after introducing mass fractions, the transport
equation for porous media flows is given as
Equation 12 is solved for the components H2, CO, CH4, and
CO2. H2O is the dominating component in the system, and the
mass fraction of H2O is obtained from eq 13:
The source term (Si) is different in the various models, with
the expressions shown in eq 14.
For the one particle (1-P) and two-particle (2-P) heteroge-
neous models, the source terms contain particle-bulk mass-
transfer terms. For the pseudo-homogeneous (P-H) model, Si
is a reaction-rate term.
For the two-particle model (2-P), the mass-transfer term
considers both mass transfer from the catalyst and CO2-acceptor
particles; hence, two terms are included. There are also two
terms in the source term for the pseudo-homogeneous model:
one for the reforming reactions and one for the CO2 capture
kinetics. For all components but CO2, the capture rate is zero.
The parameter R is the ratio between the mass of the CO2
acceptor and that of the catalyst. For a case with both materials
in one particle, the void fractions (p,cat and p,cap) will be the
same and the source term for the pseudo-homogeneous model
can be simplified.
An averaged one-dimensional energy equation is formulated
in terms of temperature:
In the same way as that for the component transport, the
source term, S′i, is different for the different models, as defined
in eq 16.
The source terms are analogous to the terms in the component
transport equation, with heat-transfer terms for the heterogeneous
models and heat-of-reaction terms for the pseudo-homogeneous
model.
For the 1-D model, a momentum equation and a continuity
equation are solved to predict the pressure-velocity coupling
in the reactor. The continuity equation is given by eq 17:
The capture kinetics, Rcap, are taken into consideration in the
continuity, because mass, in terms of CO2, is removed from
the gas phase of the reactor bed. The cross-sectional average
momentum equation for a fixed-bed reactor can be given as14
Viscous forces, gravitational forces, and the wall shear forces
are small, compared to the friction term in porous media for
reactor conditions used in these simulations and, hence, are
neglected in the momentum equation. Compared to a standard
momentum equation for gas flow, a porous media friction term,
(-bfFgjuju/dp), is added to the right-hand side. Relations for
the friction factor and the others parameters used in the
simulations are given in Table 2.
3.2. Particle Equations. Inside the catalyst and capture
pellets, convective terms are assumably not significant, and the
balance equation for the chemical components is expressed by
(FgCpgb + FsCps) @T@t + FguCpg
@T
@z
) @
@z (ìz @T@z) + S′i (15)
S′i ){av,cath(T - Tcats ) + av,caph(Tcats - T) (2-P)av,ph(Tps - T) (1-P)1 - b1 + R(p,cap/p,cat)(1 - p,cat)Fcat ∑i3 ¢HRiRi +1 - b
1 - [p,cat(p,cat + p,capR)]
(1 - p,cap)Fcap¢Hcaprcap
(P-H)
(16)
b
@Fg
@t
+ @
@z
(Fgu) ) -Rcap (17)
@
@t
(Fgu) + @@z (Fguub ) ) b@p@z - bf Fgjujudp (18)
p
@Fgöp,i
@t
) 1
r
2
@
@r (r2Dp,iFg @öp,i@r ) + rji (19)
1. CH4 + H2O S CO + 3H2 (5)
2. CO + H2O S CO2 + H2 (6)
3. CH4 + 2H2O S CO2 + 4H2 (7)
R1 )
k1
pH2
2.5[pCH4pH2O - (pH23pCO/K1)DEN2 ] (8)
R2 )
k2
pH2
[pCOpH2O - (pH2pCO2/K2)DEN2 ] (9)
R3 )
k3
pH2
3.5[pCH4pH2O2 - (pH24pCO2/K3)DEN2 ] (10)
@Fi
@t
+ râ(Fiu) + râJi ) Ri (11)
b
@Fgöi
@t
+ @
@z
(Fgöiu) ) @@z (bDz,iFg @öi@z ) + Si (12)
∑
i)1
5
öi ) 1 (13)
Si ) {av,catkiFg(öcat,is - öi) + av,capkiFg(öcap,is - öi) (2-P)av,pkiFg(öp,is - öi) (1-P)( 1 - b1 + R(p,cap/p,cat))(1 - p,cat)Fcatri +1 - b
1 - [p,cat/(p,cat + p,capR)]
(1 - p,cap)Fcapri,cap
(P-H)
(14)
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Two different models, based on these equations, are simulated:
one model that has one particle (1-P), consisting of both the
sorbent and the catalyst, and one model with two different
particles (2-P). For the model with one type of particle, the
term rji consists of both the reforming reaction and the cap-
ture reaction rates. For all components but CO2, the capture
rate is zero. The reaction rates in the pellets can then be
expressed as
In the model with two types of particles, eq 19 is solved for
both of them. The catalyst particle equations are solved for all
components, with the reforming kinetics. Similar to the equa-
tions for bulk component transport, eq 19 is solved for the same
four components and H2O is calculated from the sum of mass
fractions (eq 13). In the sorbent particle, all components but
CO2 are inert, and only one component in eq 19 is solved, in
addition to the energy equation (eq 21).
The temperature equation for the particles (eq 21) is solved in
the same manner as the component equations, with different
¢HR values for the different models.
3.3. Boundary Equations. The inlet boundary conditions are
given by
Boundary conditions at the outlet are also needed, and are given
as
Table 2. Relations for Parameters Used in the Model
parameter equation/comments
Axial dispersion coefficient, DL:15 Dz,i ) 0.73Dim +
0.5udp
1 + 9.49Dim/(udp)
where Dim is calculated from the Wilke equation16 and the molecular
binary diffusivities are calculated from relations in Poling et al.17
The effective diffusivities in the particles are calculated from
Dp,i )
Dimp
ô
Mass-transfer coefficient between particles and bulk:18 Sh ) 2 + 1.1(Sc)1/3(Rep)0.6
where Sc ) í
FgDm
, Sh )
Dm
kdp
, and Rep )
dpFg
í
The analogy between heat and mass transfer allow us to use a similar
expression for the heat-transfer coefficient, replacing Sh and Sc
with Nu and Pr:
Heat-transfer coefficient between particles and bulk Nu ) 2 + 1.1(Pr)1/3(Rep)0.6
Pr )
Cpgí
ìg
and Nu )
ìg
hdp
Effective axial bed conductivity:19 ìz
ìg
)
ìz
0
ìg
+ 0.75(Pr)(Rep)
where ìz
0
kg
)  + 1 - 
0.139 - 0.0339 + 2/[3(ìg/ìp)]
Gas conductivities ìg are estimated from the Eucken formula.20
The bed void fraction is calculated from a relationship valid for
(dp/dt) e 0.5:21 b ) 0.4 + 0.05(dpdt) + 0.412 (dpdt)2
Friction factor for flow in porous media:22
f ) 6.8[(1 - b)1.2b3 ]Re-0.2
rji ){(1 - p1 + R)Fcatri + [ 1 - p1 - 1/(1 + R)]Fcapri,cap (1-P)(1 - p,cat)Fcatri (2-P, catalyst)(1 - p,cap)Fcapri,cap (2-P, acceptor)
(20)
[pFgCpg + (1 - p)FpCps]
@Tp
@t
) 1
r
2
@
@r (r2ìp @Tp@r ) + ¢HR
(21)
¢HR ){ (1 - p1 + R)Fcat ∑i3 (-¢HRi)Ri +1 - p1 - [1/(1 + R)]Fcapri,cap(-¢Hr,cap) (1-P)(1 - p,cat)Fcat ∑i3 (-¢HRi)Ri (2-P, catalyst)
(1 - p,cap)Fcapri,cap(-¢Hr,cap) (2-P, acceptor)
(22)
öi ) öi,f
T ) Tf
u ) uf
mø ) mø f
} at z ) 0 (23)
@öi
@z
) 0
@T
@z
) 0
P ) Pout
} at z ) L (24)
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Boundary conditions for the particle phase are as follows:
3.4. The Algorithm. The governing equations are discretized
using a finite volume scheme with uniform cell sizes and a
staggered grid. This means that pressure, temperature, mass
fractions, and density are evaluated at ordinary nodal points,
whereas the velocity is solved on a staggered grid centered
around the scalar cell faces. First-order forward differences are
used for the discretization in time, which gives an implicit set
of equations. The pressure-velocity coupling is solved using
the semi-implicit method for pressure-linked equations
(SIMPLE)23 and a time splitting scheme is used to make the
algorithm more efficient. At t ) 0, the pressure-velocity
coupling is implicitly solved without the component and energy
transport equations in an initialization procedure to start the
algorithm with consistent flow and pressure fields. For t > 0,
the algorithm can be sketched as follows:
(1) The temperature and component species equations are
solved implicitly in an iteration procedure until convergence is
reached. The pressure and the velocity are held constant in these
calculations while the gas density (Fg) is updated continuously
with the change in gas composition and temperature.
(2) The pressure-velocity coupling is solved by an adapted
SIMPLE algorithm.
(3) The variables are stored and the algorithm proceeds to
the next time step with calculation of new temperature and
component mass fractions.
In the heterogeneous models, the particle equations are solved
in step 1 simultaneously with the bulk transport equations, using
an implicit scheme. The particle equations and the bulk transport
equations are thus solved in an iteration loop until convergence
is reached in the specific time step, because the reaction rate
terms and heat of reaction are nonlinear. For all the transport
equations, the TDMA algorithm is used to solve the discretized
algebraic equations.
4. Results and Discussion
A tube reactor with dimensions given in Table 3 is simulated.
The dimensions chosen are based on the regular SMR, where
reactor tubes with a diameter of 10 cm is typical. The length of
the reactor is a case chosen for this particular project, because
shorter reactors than those used in the conventional SMR are
desired, to save investment costs. The reactor is operated at a
total pressure of 10 bar. Because the reforming kinetics are fast,
compared to the sorption rate, a high ratio between the CO2
acceptor and the catalyst is used. The reactor is filled with steam
(97 mol %) and a small amount of hydrogen at the desired
temperature (848 K) at startup. The input to the reactor is
methane and steam, in which the steam-to-methane ratio is set
to 6. A high steam-to-carbon (S/C) ratio is necessary to reach
high conversions. A typical set of reactor conditions are
presented in Table 4, and these are referenced as standard
conditions in the subsequent parts of the paper. The inlet mass
flux, which is set to 0.77 kg m-2 s-1 in the simulations,
corresponds to a superficial gas velocity of 0.3 m/s. Physical
properties of the reactor and materials are given in Table 3.
A measure used for the performance of the reactor is the dry
hydrogen mole fraction, which is the hydrogen mole fraction
of the gas after steam is removed. The dry mole fractions are
calculated as in eq 29:
4.1. Assessing the Need for Heterogeneous Models. For
steam reforming, heterogeneous models or pseudo-homogeneous
models that include an efficiency factor have been used to
simulate the process. The SMR has been determined to be
strongly intraparticular diffusion-controlled,24 and to check
whether this is also the case for the SE-SMR, heterogeneous
models have been formulated. Dry hydrogen mole fractions at
t ) 200 s are plotted in Figure 2, and no significant differences
are observed in the reactor performances for the pseudo-
homogeneous, one-particle heterogeneous, and two-particle
heterogeneous models.
No advantage of heterogeneous models is observed under
standard conditions, because the capture of CO2 is the limiting
step of the process. In contrast to the SMR, where the reactions
are very fast, the capture kinetics are slow, compared to the
diffusion processes. The search for new and better CO2 acceptors
is in progress, and with faster kinetics, heterogeneous models
or pseudo-heterogeneous with efficiency factors could be
necessary. In the present case, a pseudo-homogeneous model
Table 3. Physical Parameters Used in the Simulations
parameter value
dp 0.005 m
dt 0.1 m
L 4 m
p 0.5 m
ô 3
Fcap,p 2500 kg/m3
Fcat,p 2300 kg/m3
ìp 0.2 W m-1 K-1
Cps 1000 J kg-1 K-1
(Dp,i @öi@r )r)rp ) -ki(öp,i - öi) (25)
(ìp @Tp@r )r)rp ) -h(Tp - T) (26)
(@öi@r )r)0 ) 0 (27)
(@Tp@r )r)0 ) 0 (28)
Table 4. Standard Reactor Conditions
parameter value
Pout 10 bar
Tf 848 K
Tw 848 K
mø f 0.77 kg m-2 s-1
R 4
yi
d )
yi
1 - yH2O
(29)
Figure 2. Comparison in dry hydrogen mole fraction with (s) the pseudo-
homogeneous model, (- â -) the one-particle heterogeneous model, and
(- - -) two-particle heterogeneous model at t ) 200 s, P ) 10 bar, Tf ) 848
K, steam-to-carbon (S/C) ratio ) 6, uf ) 0.3 m/s.
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with an efficiency factor of 1 gives satisfying results for the
dimensions of particles used.
With larger particles, the process will move toward being
controlled by intraparticle diffusion. Figure 3 shows the dry
hydrogen outlet mole fraction under standard conditions for
both one and two particles after 50 s. The conversion in the
reactor decreases with larger particles. The effect is, as expected,
greater for the two-particle model and occurs at smaller particle
sizes. The reason for this is that, for two particles, the CO2 must
diffuse out of the catalyst particle, through the bulk phase, and
into the sorbent, and this becomes the limiting step. For the
one-particle model, the diffusion of the reacting species to and
from the bulk phase becomes the limiting step at larger particle
diameters.
4.2. Effects of Solving the Momentum Equation. The
pressure-velocity coupling is solved for the models described
in section 3. This part of the simulation is computationally
expensive, and the necessity for this model part is tested by
comparing its results with other simpler model formulations.
The two alternative approaches used are to assume constant gas
velocity through the reactor or assume a constant mass flux
through the reactor. Comparisons of the velocity and hydrogen
mole fraction that were obtained in the reactor are shown in
Figures 4 and 5, respectively. As seen in Figure 4, the velocity
in the reactor is clearly different in these three cases. These
phenomena affect the solution of all other transport equations
and the impact on the hydrogen mole fractions is observed in
Figure 5. There is a 10%-15% discrepancy between the
rigorous model and the others for the output mole fractions.
The effect of removal of mass can be observed in the results
from the rigorous model in Figure 4. After a decrease in velocity
in the first part of the reactor, because of changes in temperature
and gas composition, the velocity reaches a maximum before
it slightly decreases in the last part of the reactor. Without the
removal of mass, the results from the rigorous model would be
very similar to the model with constant mass flux. An important
future goal in the process development is to find CO2 acceptors
with faster kinetics than those used in this work. In cases with
faster capture kinetics, the effect of not solving the continuity
equation is most likely larger, and a model that includes this is
even more important.
An important drawback associated with requiring solution
of the momentum and continuity equations is the computational
cost. The simulations with the complete model can require as
much as four times the computational time used for the other
two cases.
The pressure drop over the porous bed is determined by the
friction factor in eq 18. The overall pressure drop in the reactor
is small, because small velocities must be used to obtain
satisfactory conversion. Figure 6 shows the pressure as a
function of axial position. It is observed that the pressure is
approximately constant through the reactor. It is known that
low pressure drops in the reactor might lead to a misdistribution
of flow; nevertheless, this effect is not taken into account in
the model. With faster capture kinetics, higher gas velocities
can be used, which will lead to significantly higher pressure
gradients in the reactor and, thus, remove a possible misdistri-
bution of flow.
To calculate the pressure and velocity profiles, a rigorous
model that includes the transient and convective terms in the
momentum equation (eq 18) are used. Other models for transient
sorption reactors contain a simpler formulation, with only the
Ergun equation for the pressure;7 however, a complete formula-
tion was chosen, because it makes the model much more robust.
The simpler Ergun formulation (eq 30) is sufficient in reactors
with small changes in gas volume; however, with changes both
Figure 3. Outlet dry hydrogen mole fraction at standard conditions for
different particle sizes from (O) one-particle and () two-particle hetero-
geneous models at t ) 50 s.
Figure 4. Comparisons of velocity in the reactor with full solution of (s)
the momentum and continuity equations, (- â -) constant mass flux,
and (- - -) constant velocity; reactor profiles at t ) 200 s, standard con-
ditions.
Figure 5. Comparisons of hydrogen mole fraction in the reactor with full
solution of (s) the momentum and continuity equations, (- â -) constant
mass flux, and (- - -) constant velocity; reactor profiles at t ) 200 s, standard
conditions.
Figure 6. Pressure in the reactor as function of axial position, at t ) 200
s; standard conditions.
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in gas composition, temperature, and removal of CO2, these
terms should be included.
Figure 7 shows the density profile in the reactor, and the large
changes in gas density are observed. The Ergun equation is not
on a transient form; hence, the pressure will be set up
instantaneously as a function of velocity. Because the pressure,
in reality, has a fast but dynamic nature, the simplifications in
the Ergun equation can lead to numerical problems. With certain
combinations of initial and operating conditions, nonphysical
solutions such as a reversal of the flow in the reactor may
occur: these are solutions that are not observed when using
the more rigorous model. Therefore, the rigorous model is
chosen to be able to handle different types of operating
conditions, although it is computationally more expensive.
4.3. Reactor Performance. A tube reactor of 20 m is
simulated to show the performance of the reactor as a function
of length. The thermodynamic upper limit of hydrogen purity,
on a dry basis at 10 bar total pressure and a temperature of 848
K, using lithium zirconate as an acceptor, is 91 mol %. Very
long reactors and low space velocities are required to reach the
equilibrium composition, because of the limitations of the CO2-
capture kinetics. Contour plots of the dry hydrogen mole fraction
are shown in Figure 8. It is observed that a dry hydrogen mole
fraction of 0.8 is attained just after 2 m of the reactor; however,
to get close to the thermodynamic limit, a significantly longer
reactor is needed. At 10 m, a dry mole fraction of 0.86 is
reached, but after 10 more meters, the dry hydrogen mole
fraction has only increased by 0.02 and equilibrium conversion
is not reached. The main reason for this is the slow capture
kinetics at low partial pressures of CO2. A reaction order of 2,
with respect to the partial pressure of CO2 in eq 2, makes the
process slow as it reaches the thermodynamic limitation. The
partial pressure contour profiles of CO2 are shown in Figure 9,
and it can be observed that the partial pressure is decreasing
very slowly in the second half of the reactor. The partial pressure
is 7000 Pa after 4 m; thereafter, the capture kinetics decreases
considerably and 14 m of reactor are needed to attain a partial
pressure of 7000 Pa. The equilibrium partial pressure is 3500
Pa at 848 K. The CO2 content is also shown in Figure 10, but
here, it is shown in terms of dry mole fraction. This mole
fraction is considerably less than that for the traditional SMR,
where the outlet dry CO2 mole fraction is in the region of 0.10-
0.15. This is obviously due to the capture of CO2 in the reactor,
and it also affects the CO content, which is shown in terms of
dry mole fraction in Figure 11. For SMR, typical values for
dry CO mole fractions is 0.02-0.03; hence, the amount of CO
in the reactor is considerably less for the SE-SMR.
The same tendency as that experienced with longer reactors
is observed when the gas velocity is reduced. Figure 12 shows
the dry hydrogen purity as a function of axial position in a 4-m-
long reactor at t ) 200 s, and the conversion is strongly
dependent on the gas velocity.
As mentioned, there are equilibrium limitations for the
process, and with lower S/C ratios, the equilibrium conversion
Figure 7. Gas density as function of time and axial position; standard
conditions.
Figure 8. Contour plots of the dry hydrogen mole fraction, as a function
of time and axial position, under standard conditions.
Figure 9. Contour plots of the partial pressure of CO2 [Pa], as a function
of time and axial position, under standard conditions.
Figure 10. Contour plot of the dry CO2 mole fraction, as a function of
time and axial position, under standard condtitions.
Figure 11. Contour plot of the dry CO mole fraction, as a function of
time and axial position, under standard conditions.
dp
dz ) f
Fgjuju
dp
(30)
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will be reduced. A relatively low throughput of steam is
desirable to obtain a more energy-efficient process, but as
observed in Figure 13, the product purity is reduced considerably
when the S/C ratio is reduced. This ratio is an important aspect
for the process and must be evaluated carefully in a complete
design. Traditional SMR uses S/C ratios as small as 3 and has,
at this point, an advantage, compared to the SE-SMR with Li2-
ZrO3 as an acceptor.1
The CO2-capture kinetics are dependent on the fractional
conversion of the CO2 acceptor. Thus, the sorption kinetics will
become slower with time. This will lead to lower conversion
in the reactor, as shown in Figure 14. The contour plot shows
that a dry hydrogen mole fraction of >0.83 only is reached in
the first minutes. The hydrogen content then decreases, and,
after 70 min, it is down to just above 70%, which is close to
the thermodynamic limit for SMR without a CO2 acceptor under
these conditions. The lower dry hydrogen mole fraction in the
reactor is due to the decreasing capture kinetics. The decrease
in kinetics is mainly due to the dependence of fractional
conversion, but it is also attributable to a reduction in the
temperature in the reactor. The reactor is heated with a constant
temperature at the wall, which is set equal to the inlet gas
temperature. As observed in Figure 15, this is not sufficient to
sustain the temperature in the reactor. This leads to slower
sorption kinetics and, hence, lower conversion. Figure 16 shows
the fractional conversion of the acceptor. In the time span used
in the simulations, which is approximately an hour, the acceptor
has reached 80% of its capacity.
5. Conclusions
Heterogeneous and pseudo-homogeneous models with cal-
culation of the pressure-velocity coupling in the reactor have
been formulated. Simulations show that the solutions are
dependent on including the pressure-velocity coupling. Dry
hydrogen mole fractions of >87% can be obtained in sorption-
enhanced steam methane reforming (SE-SMR) with Li2ZrO3
as a CO2 acceptor, but they require long reactors and low gas
velocities. The work on new acceptors with improved kinetics
is in progress and it is very important for improving the process.
Simulations show that the kinetics of the CO2 capture is the
rate-determining step in the process under the given conditions
and indicate that there are no significant intraparticular resis-
tances. This means that a pseudo-homogeneous model with an
efficiency factor of 1 can be used instead of more rigorous
heterogeneous models. For particles >5 mm in diameter, an
efficiency factor must be included in the pseudo-homogeneous
model or heterogeneous models should be used.
Notation
av ) surface area of particles (m-1)
C ) concentration (mol/m3)
Cp ) heat capacity (J mol-1 K-1)
d ) diameter (m)
dt ) diameter of reactor tube (m)
D ) dispersion factor or diffusivity (m2/s)
E ) Arrhenius activation energy (J/mol)
Figure 12. Comparison in dry hydrogen mole fraction at different inlet
superficial gas velocities (uf ) (- - -) 0.6 m/s, (s) 0.3 m/s, and (- â -) 0.1
m/s) at t ) 200 s.
Figure 13. Comparison in dry hydrogen mole fraction at different steam-
to-carbon (S/C) ratios at t ) 200 s: S/C ) (s) 6, (âââ) 5, (- - -) 4, and
(- â -) 3.
Figure 14. Dry hydrogen mole fraction as a function of axial position at
different times: (s) after 5 min, (- - -) after 20 min, (âââ) after 40 min, and
(- â -) after 70 min).
Figure 15. Temperature in the reactor, as a function of time and axial
position.
Figure 16. Fractional conversion of the acceptor, as a function of time
and axial position.
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f ) friction factor
h ) bulk-particle heat-transfer coefficient (W m-1 K-1)
-¢H ) heat of reaction (J/kg)
J ) mass flux vector (kg/m2)
k ) mass-transfer coefficient (m/s)
K ) constant in capture kinetics (s-1)
L ) length of reactor (m)
mø ) mass flux (kg m-1 s-1)
n ) constant in capture kinetics
p ) pressure (Pa)
q ) mass of CO2 per mass of acceptor
r ) radius (m)
r ) reaction rate of components (kg kg-1 s-1)
R ) reaction rate (kg m-3 s-1)
R ) gas constant (J K-1 mol-1)
S ) component mass source term (kg m-3 s-1)
S′ ) heat source term (J m-3 s-1)
t ) time (s)
T ) temperature (K)
u ) superficial space velocity (m/s)
x ) fractional conversion
y ) mole fraction
z ) axial position (m)
Greek Symbols
R ) ratio between the volume of the acceptor and the volume
of the catalyst
 ) void fraction
ì ) conductivity (J m-1 s-1)
í ) viscosity (Pa s)
F ) density (kg/m3)
ô ) tortuosity
ö ) mass fraction
Subscripts
b ) bed
cap ) capture, CO2 acceptor
cat ) catalyst
eq ) equilibrium
f ) feed
g ) gas
i ) component i
m ) molar
max ) maximum
p ) particle
s ) solid
w ) wall
z ) axial direction
Superscripts
d ) dry
s ) surface
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Hydrogen Production by Sorption-Enhanced Steam Methane Reforming Using
Lithium Oxides as CO2-Acceptor
Hans Kristian Rusten,* Esther Ochoa-Ferna´ndez, Håvard Lindborg, De Chen, and
Hugo A. Jakobsen
The Norwegian UniVersity of Science and Technology (NTNU), NO-7491 Trondheim, Norway
The kinetics of CO2-capture on Li4SiO4 has been examined experimentally and described by a mathematical
reaction-rate model. Sorption-enhanced steam methane reforming has been simulated with a fixed-bed reactor
model using the formulated capture kinetics. At working conditions of 20 bar, 848 K, a steam-to-carbon ratio
of 5, and a superficial inlet gas velocity of 1 m/s, a dry hydrogen mole fraction at the outlet of 0.87 can be
reached. The performance of the process with Li4SiO4 is compared to that with Li2ZrO3 as CO2-acceptor.
Li4SiO4 gives higher conversion and production capacity at lower steam-to-carbon ratios. A drawback for the
process with Li4SiO4 as acceptor is that high conversion is only reached at low fractional conversion of the
acceptor. This is due to the fact that the capture kinetics is second order with respect to unreacted solid. The
total reaction is endothermic, and effective heat exchange is necessary to avoid a dramatic drop in the reactor
temperature. A fluidized-bed reactor has also been simulated, and the results have been compared to those of
the fixed-bed reactor. The fluidized-bed reactor has some advantages in terms of easier heat integration and
continuous regeneration of CO2-acceptor, but compared to the fixed bed, a longer reactor is needed to reach
the same conversion.
1. Introduction
An increased demand for hydrogen as an energy-carrier and
as a fuel for clean power generation is expected during the 21st
century. The Kyoto protocol states that the world has to decrease
its CO2 emissions to the atmosphere. A concept combining
hydrogen production and sequestration of CO2 is the sorption-
enhanced steam methane reforming (SE-SMR) process. This is
an alternative to the traditional steam methane reforming (SMR).
SE-SMR is a concept that has received increased attention in
recent years. The process utilizes a solid CO2-acceptor to capture
CO2 in the reforming reactor and thereby change the normal
thermodynamic limitations of steam methane reforming. As a
consequence, the SE-SMR can be run at lower temperatures
than the traditional SMR process, which will reduce energy
consumption, coking and sintering of the catalyst, and invest-
ment costs. Different metal oxides have been proposed as high-
temperature CO2-acceptors for SE-SMR, and lithium-containing
materials have shown promising properties. Lithium zirconate
and lithium silicate are two potential candidates as CO2-
acceptors at high temperatures having high capacity and
relatively low regeneration temperature.1,2 The total reaction for
SE-SMR with Li4SiO4 as CO2-acceptor is shown in
In the SE-SMR process, the solid CO2-acceptor will be
regenerated by temperature swing or pressure swing and a
product stream of CO2 can be transported to storage.
In this paper, a kinetic model for the capture of CO2 on Li4-
SiO4 is presented and mathematical reactor models are used to
study the performance of the SE-SMR with Li4SiO4 as CO2-
acceptor. In a previous paper,3 a relation for the capture kinetics
of CO2 on Li2ZrO3 was found, and a fixed-bed SE-SMR reactor
was simulated. The performance of the process with Li2ZrO3
is compared to the process with Li4SiO4 as acceptor.
Both fixed-bed reactors and fluidized-bed reactors have been
proposed for the process. Johnsen et al.4 modeled a dual
fluidized bed using calcium oxide as CO2-acceptor. Xiu et al.5
simulated a fixed-bed reactor using hydrotalcite as sorbent. The
fluidized-bed reactor offers some advantages in terms of heat
integration and continuous operation. For this reason, a fluidized-
bed SE-SMR reactor has been simulated in this work for
comparison with the fixed-bed reactor.
2. Apparent Kinetic Model for the CO2 Capture
The kinetics of CO2-capture on a Li4SiO4-based material from
Toshiba have been examined in a tapered element oscillating
microbalance (TEOM) at three different temperatures, 803, 823,
and 848 K, and at partial pressures of CO2 in the range 0.05-1
bar. The synthesis method of the lithium orthosilicate material
used is reported by Kato et al.6 The material was ground to a
fine powder before the experiments, and the flow rates used in
the measurements were high enough to ensure no external mass-
transfer limitations. The experimental setup and procedures of
the TEOM measurements are described in detail by Ochoa-
Ferna´ndez et al.7
To be able to utilize the experimental data in a mathematical
reactor model, a kinetic rate expression for the CO2 capture on
Li4SiO4 has to be found. A typical model for gas-solid reactions
is given by eq 2.
Different expressions for F(x) have been given in the literature,
and a selection of these is listed by Gomez-Barea and Ollero.8
A commonly applied model is the shrinking unreacted core
model9 where F(x) ) (1 - x)2/3. Other used models are the
random pore model10 and the volumetric model.9 None of these
models or variations of these, like the shrinking core model
* To whom correspondence should be addressed. Phone: +47
73550359.Fax: +4773594080.E-mail: hans.kristian.rusten@chemeng.ntnu.no.
dx
dt ) Kf(Pa)F(x) (2)
CH4 + 2H2O + Li4SiO4(s) S 4H2 + Li2CO3(s) +
Li2SiO3(s) ¢H848K ) 45 kJ/mol (1)
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with different geometries and including an induction period,11
showed a satisfying fit to the experimental data over the whole
range of operating conditions. For the gathered experimental
data, an expression with F(x) ) (1 - x)n and an n-value of 2
gave the best fit to the data. This formulation does not explain
the capture mechanism, but it indicates that the rate-limiting
step is changing with fractional conversion, as reported by Lee12
for the reaction of calcium oxide with CO2. A rigorous
mechanistic model for the CO2 capture should include the
change in the rate-limiting step during the course of the reaction
and with the change in temperature and partial pressure of CO2,
but for the purpose of this work, which is the modeling of SE-
SMR, a simpler model is considered sufficient. To be able to
formulate a more descriptive model that explains the different
steps in the capture of CO2, further experimental analysis is
needed.
After the determination of the expression for F(x) in eq 2,
the reaction rate expression is given as
Mechanistic models based on first-order reaction kinetics with
respect to the CO2 partial pressure use f(pCO2) ) pCO2 - pCO2,eq,
but the experimental data clearly showed that the kinetics were
not first order with respect to partial pressure. Similar to the
function of fractional conversion, this indicates that the rate-
limiting step changes with partial pressure. Nonlinear depend-
encies of the partial pressure have also been found and modeled
for other gas-solid reactions, like the reaction of CO2 with
calcium oxide.4 The expression found for the modeling of the
capture kinetics is shown in eq 4:
Experiments have also been carried out to get the equilibrium
partial pressure of CO2 for the material, and this was done by
finding the highest partial pressure of CO2 at different temper-
atures, which did not lead to weight gain after several hours in
the TEOM. From these experimental data, an expression for
the equilibrium partial pressure of CO2 as a function of
temperature was found.
To get the values of the parameters in the kinetic model, an
in-house code for nonlinear model fitting based on Marquardt’s
secant model was used. By integrating eq 4 in time, the
expression fitted to the experimental data was found:
x is the fractional conversion of sorbent, defined as q/qmax where
q is the mass uptake of CO2 per mass of sorbent and qmax is the
maximum of q found for this material, which was 0.20. For the
kinetic constant (K), an Arrhenius expression (eq 7) is used for
the temperature dependence.
The fitted parameters in eqs 4 and 7 with standard deviations
are given in Table 1.
Figure 1 shows the experimental data and the model fit at all
examined partial pressures and temperatures. The fit is reason-
ably good, particularly since the material will undergo minor
changes as it is used in several cycles. Changes in the
morphology during the capture-regeneration cycles will have
some effect on the sorption kinetics, which will lead to
discrepancies to any kinetic model. However, the model fit is
found to be sufficient to model the SE-SMR with Li4SiO4 as
CO2-acceptor.
3. Reactor Models
Transient one-dimensional reactor models with axial disper-
sion have been developed to simulate a fixed-bed reactor. A
transient model is chosen because the capture of CO2 has a time-
dependent nature, and axial dispersion is included because
relatively low gas velocities are used in the simulations. Three
different models have been developed, two heterogeneous
models and a pseudo-homogeneous model. The difference
between the two heterogeneous models is the manner in which
the sorbent is installed in the reactor. One model considers that
the acceptor and the reforming catalyst are separated in two
different particles, whereas, in the other case, there is one particle
with both catalytic and capture properties.
The steam methane reforming and the water gas shift reaction
kinetics can be described by three equations, two of which are
independent:
Figure 1. Experimental data (âââ) and kinetic model (s) for the capture of
CO2 on lithium orthosilicate.
Table 1. Capture Kinetic Parameters
K0 (s-1) 1.84  10-4 ( 1.7  10-5
Ecap (J/mol) 1.1  105 ( 3  103
n 0.26 ( 0.01
dx
dt ) Kf(pCO2)(1 - x)
2 (3)
dx
dt ) K(pCO2 - pCO2,eq)
n(1 - x)2 (4)
ln( 1pCO2) ) -0.0066T - 2.25 (5)
x ) 1 - 1
1 + K(pCO2 - pCO2,eq)
nt
(6)
K ) K0 exp[-Ecap/R(1T - 1T0)] (7)
(1) CH4 + H2O S CO + 3H2 (8)
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The kinetics of these reactions have been described by Xu and Froment:13
DEN is given as 1 + KCOpCO + KH2pH2 + KCH4pCH4 + KH2OpH2O/pH2, and all constants are taken from Xu and Froment.13
3.1. Bulk Gas Equations. The general mass-balance equation for a chemical species i in reacting fluid flow with varying density,
temperature, and composition is written as
A cross-sectional average of eq 14 reduces the model to one dimension, and after introducing mass fractions, the transport equation
for porous media flows is given as
Equation 15 is solved for the components H2, CO, CH4, and CO2. H2O is the dominating component in the system, and the mass
fraction of H2O is obtained from eq 16.
The axial dispersion coefficient (Dz,i) is calculated from eq 17:14
The molecular diffusivities (Dim) of component i in the gas mixture are calculated from the Wilke equation,15 and the molecular
binary diffusivities are calculated from relations by Poling et al.16 The source term (Si) is different in the various models, with the
expressions shown in eq 18. For the one-particle (1-P) and two-particle (2-P) heterogeneous models, the source term contains particle-
bulk mass-transfer terms, and for the pseudo-homogeneous model (P-H), Si is a reaction-rate term.
For the two-particle model, the mass-transfer term considers mass transfer from both the catalyst and the CO2-acceptor particles;
hence, two terms are included. There are also two terms in the source term for the pseudo-homogeneous model: one each for
volume of CO2-acceptor and of catalyst. For a case with both materials in one particle, the void fractions (p,cat and p,cat) will be the
same and the source term can be simplified. The capture reaction rate (rcap,i) is given by eq 19 where the relation for dx/dt is found
in Section 2.
The mass-transfer coefficient between the gas phase and the particle is given by17
(2) CO + H2O S CO2 + H2 (9)
(3) CH4 + 2H2O S CO2 + 4H2 (10)
R1 )
k1
pH2
2.5(pCH4pH2O - pH2
3pCO/K1)/DEN2 (11)
R2 )
k2
pH2
(pCOpH2O - pH2pCO2/K2)/DEN
2 (12)
R3 )
k3
pH2
3.5(pCH4pH2O - pH2
4pCO2/K3)/DEN
2 (13)
@Fi
@t
+ râ(Fiu) + râJi ) Ri (14)
b
@Fgöi
@t
+ @
@z
(Fgöiu) ) @@z(bDz,iFg@öi@z ) + Si (15)
∑
i)1
5
öi ) 1 (16)
Dz,i ) 0.73Dim +
0.5udp
1 + 9.49Dim/(udp)
(17)
Si ) {av,catkiFg(öi,cats - öi) + av,capkiFg(öi,caps - öi) 2-Pav,pkiFg(öp,is - öi) 1-P1 - b1 + R1 - p,cat1 - p,cap (1 - p,cat)Fcatri + 1 - b1 + 1 - p,capR(1 - p,cat)(1 - p,cap)Fcaprcap,i P-H (18)
rcap ) qmax
dx
dt (19)
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From the Sherwood number (Sh), the mass-transfer coefficient can be found from eq 21.
An averaged one-dimensional energy equation is formulated in terms of temperature:
A relation for the effective axial bed conductivity is given by Yagi et al.:18
ìz
0/kg in eq 23 is given by eq 24:
Gas conductivities (ìg) are estimated from the Eucken formula.19
In the same way as that for the component transport, the source term (S′i) is different for the different models, as defined in eq 25.
The terms are analogous to the terms in the component transport equation, with heat-transfer terms for the heterogeneous models
and a heat-of-reaction term for the pseudo-homogeneous model. The heat-transfer coefficient between the gas phase and the particles
is calculated using the analogy between heat and mass transfer, replacing Sh and Sc with Nu and Pr, respectively, in eq 20.
For the 1-D model, a momentum equation and a continuity equation are solved to predict the pressure-velocity coupling in the
reactor. The continuity equation is as given in eq 28.
The capture kinetics, Rcap, are accounted for in the continuity since mass in terms of CO2 is removed from the gas phase of the
reactor bed. The momentum equation for an averaged 1-D fixed-bed reactor can be given as20
Viscous forces, gravitational forces, and the wall shear forces are small compared to the friction term in porous media for reactor
conditions used in these simulations and, hence, are neglected in the momentum equation. Compared to a standard momentum
equation for gas flow, a porous media friction term, (-bfFgjuju/dp), is added to the right-hand side. A relation for the friction factor
is given in eq 30.21
Sh ) 2 + 1.1(Sc)1/3(Rep)0.6 (20)
Sh )
Dm
kdp
(21)
(FgCpgb + FsCps) @T@t + FguCpg
@T
@z
) @
@z(ìz @T@z) + S′i (22)
ìz
ìg
)
ìz
0
ìg
+ 0.75(Pr)(Rep) (23)
ìz
0
kg
)  + 1 - 
0.139 - 0.0339 + 2/3(ìg/ìp)
(24)
S′i ) {av,cath(T - Tcats ) + av,caph(Tcaps - T) 2-Pav,ph(Tps - T) 1-P1 - b1 + R 1 - p,cat
1 - p,cap
(1 - p,cat)Fcat ∑
i
3
¢HRiRi +
1 - b
1 +
1 - p,cat
R(1 - p,cap)
(1 - p,cap)Fcap¢Hcaprcap
P-H
(25)
Nu ) 2 + 1.1(Pr)1/3(Rep)0.6 (26)
Nu )
ìg
hdp
(27)
b
@Fg
@t
+ @
@z
(Fgu) ) -Rcap (28)
@
@t
(Fgu) + @@z(Fguub ) ) b @p@z - b f Fgjujudp (29)
f ) 6.8(1 - b)
1.2
b
3 Rep
-0.2 (30)
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3.2. Particle Equations. Inside the catalyst and capture pellets, convective terms are assumed to be insignificant and the balance
equation for the chemical components is expressed by
In eq 31, the effective diffusion coefficient in the particle (Dp,i) is calculated from the relationship in eq 32.
Two different models based on these equations are simulated: one model with one particle (1-P) consisting of both the sorbent
and the catalyst and one model with two different particles (2-P). For the model with one type of particle, the term rji consists of both
the reforming reaction rates and the capture reaction rate. For all components but CO2, the capture rate is zero. The reaction rates
in the pellets can then be expressed as
In the model with two types of particles, eq 31 is solved for both of them. The catalyst particles are solved for all components, with
the reforming kinetics. Similarly to the equations for bulk-component transport, eq 31 is solved for four components and H2O is
calculated from the sum of mass fractions (eq 16). In the sorbent particle, all components but CO2 are inert, and only one component
equation is solved in addition to the energy eq 34.
The temperature equation for the particles (eq 34) is solved in the same manner as the component equations, with different ¢HR for
the different models.
The given set of equations is discretized using a finite volume scheme, and the resulting algebraic equations are solved using a
TDMA solver. The algorithm is described in detail by Rusten et al.3
4. Results and Discussion
A 6 m long reactor is simulated with an outlet pressure of 20 bar. The reactor is a multitube reactor with tube diameters of 10
cm, which is a typical diameter in SMR. At start-up, the reactor is filled with steam and a small amount of hydrogen at a temperature
of 848 K. The feed to the reactor is steam and methane at a steam-to-carbon ratio of 5 with a temperature of 848 K. The inlet mass
flux is set to 5 kg/(m2 s). This gives an inlet superficial gas velocity of 1 m/s. In the reactor, an acceptor-to-catalyst ratio of 4 is
used. The operating conditions are chosen to yield a dry hydrogen mole fraction out of the reactor above 0.85 and the highest
production capacity possible. The steam-to-carbon ratio is an important parameter for the energy efficiency of the process. High S/C
ratios give lower thermal efficiency but higher equilibrium conversion. For traditional SMR, typical S/C ratios are 3, but in SE-
SMR with Li4SiO4 as acceptor, a S/C ratio of 5 is needed to get satisfying conversion. This gives a feed to the reactor consisting
of 16.7% methane and 83.3% steam on a molar basis. The physical parameters of the reactor and the materials are given in
Table 2.
A measure used for the performance of the reactor is the dry hydrogen mole fraction, which is is the hydrogen mole fraction of
the gas after steam is removed. The dry mole fractions are calculated as in eq 36.
p
@Fgöp,i
@t
) 1
r
2
@
@r(r2Dp,iFg @öp,i@r ) + rji (31)
Dp,i ) Dimp/ô (32)
rji ) {1 - p1 + RFcatri + 1 - p1 + 1R Fcaprcap,i 1-P(1 - p,cat)Fcatri 2-P, catalyst(1 - p,cap)Fcaprcap,i 2-P, acceptor (33)
(pFgCpg + (1 - p)FpCps)
@Tp
@t
) 1
r
2
@
@r(r2ìp @Tp@r ) + ¢HR (34)
¢HR ) {1 - p1 + RFcat ∑i3 (-¢HRi)Ri + 1 - p1 + 1RFcaprcap,i(-¢Hr,cap) 1-P(1 - p,cat)Fcat ∑i3 (-¢HRi)Ri 2-P, catalyst
(1 - p,cap)Fcaprcap,i(-¢Hr,cap) 2-P, acceptor
(35)
yi
d )
yi
1 - yH2O
(36)
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4.1. Assessing the Need for a Heterogeneous Model.
Heterogeneous models or pseudo-homogeneous models includ-
ing an efficiency factor are conventionally used to simulate the
steam methane reforming. The sorption-enhanced process has
been simulated with heterogeneous models to see if there were
any significant intraparticular resistances. Two different ways
of installing the CO2-acceptor in the reactor are looked into:
one particle with both catalytic and capture properties or two
different types of particles with catalytic and capture properties.
Figure 2 shows the dry hydrogen mole fraction as function of
axial position at t ) 50 s. Particles with diameters of 5 mm
have been used, and the results from the heterogeneous
simulations with one type of particle are about the same as those
for the pseudo-homogeneous model; for the two-particle model,
the results are different. With two particles, the CO2 has to
diffuse out of the catalytic particle, through the bulk phase, and
into the acceptor particle, and according to the simulations, this
is a limiting step in the process. With one particle, this is not a
problem, since the CO2 is captured in the same particle as it is
produced. This is contrary to the results with Li2ZrO3 as
acceptor, where no mass-transfer limitations were found for two
particles.3 A pseudo-homogeneous model with efficiency factors
of 1 is used for simulating the fixed-bed reactor in the latter
parts of this article; thus, one particle with both properties is
assumed.
Earlier work on SE-SMR from our group has been with
Li2ZrO3 as the CO2-acceptor, and the results show that the
kinetics of Li2ZrO3 are slow, particularly at low partial pressures
of CO2, which leads to low production capacities if a dry
hydrogen fractions in the range 0.8-0.85 should be reached.3
The kinetics of Li4SiO4 are faster, and this can be clearly
observed in Figure 3, where the capture kinetics of both Li2-
ZrO3 and Li4SiO4 are shown as functions of partial pressure of
CO2.
Figure 4 shows the outlet dry hydrogen mole fraction as a
function of time, and the large difference in performance with
the two different acceptors is seen. A dry hydrogen mole fraction
of 0.87 can be reached at the outlet of the reactor when Li4-
SiO4 is used as acceptor, compared to 0.75 for the Li2ZrO3.
However, it is observed that a high purity of hydrogen can only
be sustained for a short period of time in the case of Li4SiO4 as
acceptor. This is due to the fact that the capture kinetics is
decreasing with fractional conversion of the sorbent and the
conversion of methane is not sustained when the kinetics is
slower.
Figures 5 and 6 show contour plots for inlet mass fluxes
of, respectively, 2 and 5 kg/(m2 s), and it is observed that the
maximum conversion is the same in both cases but that
the conversion is sustained for a longer period for the lower
throughput. The equilibrium dry hydrogen mole fraction
with Li4SiO4 as acceptor is just below 0.88 at the working
conditions, and as observed in Figures 4 and 6, the conversion
is close to equilibrium at low fractional conversion of the
acceptor.
Figure 7 shows the fractional conversion of sorbent as a
function of time and space, and at a fractional conversion of
0.1, the kinetics has decreased in such a way that the conversion
of CH4 reached at the outlet of the reactor is lowered
considerably. The capture kinetics is second order with respect
Figure 2. Comparison of dry hydrogen mole fraction between pseudo-
homogeneous model, (s) one-particle heterogeneous model (OOO) and
two-particle heterogeneous model (- -) with Li4SiO4 as acceptor, P ) 20
bar, Tf ) 848 K, S/C ratio ) 5, uf ) 1 m/s.
Figure 3. CO2-capture kinetics for fresh sorbent as a function of partial
pressure of CO2 for Li2ZrO3 (- -) and Li4SiO4 (s).
Table 2. Physical Parameters Used in the Simulations
dp (m) 0.005
dt (m) 0.1
L (m) 6
p 0.5
ô 3
Fcap,p (kg/m3) 2600
Fcat,p (kg/m3) 2300
ìp (W/(m K)) 0.2
Cps (J/(kg K)) 1000
Figure 4. Dry hydrogen mole fraction at the outlet as function of time for
Li2ZrO3 (- -) and Li4SiO4 (s), P ) 20 bar, Tf ) 848 K, S/C ratio ) 5,
uf ) 1 m/s.
Figure 5. Contour plot of dry hydrogen mole fraction as function of time
and axial position at an inlet mass flux of 2 kg/(m2 s) with Li4SiO4 as
acceptor, P ) 20 bar, Tf ) 848 K, S/C ratio ) 5.
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to fractional conversion and decreases rapidly as CO2 reacts
with the sorbent. Clearly, this is also the reason why the
conversion is high for a longer period at lower gas throughput,
where the sorbent is kept at lower fractional conversion for a
longer period of time. Longer reactors and/or less gas throughput
are necessary if the dry hydrogen fraction should be kept at a
high level for longer periods in a fixed-bed reactor.
Figure 8 shows the temperature in the reactor as a function
of time and space for a simulation of 200 s. It can be observed
that the temperature in the reactor is dropping dramatically,
especially near the inlet. A wall temperature of 848 K is used
to heat the reactor, but that is not enough to attain the
temperature at a constant level. The total enthalpy of reaction
is positive for the process, and energy has to be supplied if the
temperature in the reactor should be kept constant; this has to
be done more efficiently than in the simulations.
4.2. Comparisons with Fluidized Bed. A possible alternative
to the fixed-bed reactor is a fluidized-bed reactor. The fluidized
bed offers some advantages in terms of heat integration and
possibilities for continuous regeneration of the sorbent. Simula-
tions of a bubbling-bed reactor have been carried out to compare
some of the results to those of the fixed-bed reactor. The model
used to simulate the fluidized-bed reactor is a rigorous 2-di-
mensional dynamic model based on granular theory described
by Lindborg et al.22 In Figure 9, the dry hydrogen mole fraction
as a function of axial position is shown for a fixed-bed reactor
and a fluidized-bed reactor. The reactor beds have equal length,
and the reactors are operated adiabatically at the same operating
conditions.
It is observed in Figure 9 that the conversion in the fixed-
bed reactor is considerably higher than that for the fluidized-
bed reactor at equal bed heights. This could result from several
reasons: the bubbles in the fluidized-bed reactor give inferior
contact between the gas phase and the particles, the fluidized-
bed reactor has a higher void fraction that gives lower particle
density, and the fluidized-bed reactor gives a lower outlet
temperature. The difference in temperature profiles can be
seen in Figure 10, and an almost constant temperature in
the fluidized bed is observed. This could be an advantage
compared to the fixed-bed reactor in terms of easier heat supply,
but in these simulations, which are adiabatic, it leads to a lower
outlet temperature. This results in a lower equilibrium conver-
sion, and the importance of controlling the outlet temperature
is seen.
The lower particle density in the fluidized bed does not have
a large effect on the simulated composition. In the fluidized-
bed reactor, an average void fraction of 0.6 is observed, while
the void fraction in the fixed-bed reactor is just above 0.4. A
fixed-bed reactor with the same void fraction as the average
void fraction in the fluidized bed was simulated to test for the
effect of lower particle density. The results from these simula-
tions are quite similar to the results from the lower void fraction.
This is due to the fact that the actual local gas velocity is lowered
when the void fraction is increased, which weighs up for the
lowered total reaction rates due to lower particle density, and
the conversion is not effected significantly.
Figure 6. Contour plots of dry hydrogen mole fraction as function of time
and axial position at an inlet mass flux of, P ) 20 bar, Tf ) 848 K, S/C
ratio ) 5.
Figure 7. Fractional conversion of CO2-acceptor as function of time and
space, P ) 20 bar, Tf ) 848 K, S/C ratio ) 5, uf ) 1 m/s.
Figure 8. Reactor temperature as function of time and space with Li4SiO4
as CO2-acceptor, P ) 20 bar, Tf ) 848 K, S/C ratio ) 5, uf ) 1 m/s.
Figure 9. Comparison of dry hydrogen mole fraction as function of axial
position between the fixed-bed reactor model (s) and fluidized bed reactor
model (- -) with Li4SiO4 as acceptor at t ) 85 s, adiabatic conditions, P
) 20 bar, Tf ) 848 K, S/C ratio ) 5, uf ) 0.4 m/s.
Figure 10. Comparison of temperature as function of axial position between
the fixed-bed reactor model (s) and fluidized bed reactor model (- -)
with Li4SiO4 as acceptor at t ) 85 s, adiabatic conditions, P ) 20 bar, Tf
) 848 K, S/C ratio ) 5, uf ) 0.4 m/s.
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In Figure 11, the outlet dry hydrogen mole fraction as a
function of time is shown, and the conversion is consistently
lower in the fluidized-bed reactor for the already listed reasons.
Isothermal simulations for the two reactor concepts were also
carried out. This was done to see if the lower conversion was
solely due to the lower outlet temperature or if there is a
combination of mechanisms. Figure 12 shows the dry hydrogen
mole fractions in the reactors at isothermal conditions. Here, it
is observed that the conversion in the fluidized-bed reactor also
is lower for the isothermal case. This means that the inferior
gas-particle contact in the fluidized bed gives a significant
decrease in the reactor performance. In a reactor design, this
means that, even if the heat integration is in such an efficient
manner that the reactor is close to isothermal, a longer fluidized-
bed reactor is needed to reach comparable conversions with the
fixed-bed reactor. To reach more definite conclusions in the
comparison between the reactor concepts, the regeneration of
the sorbent also has to be looked into, and this work is in
progress.
5. Conclusions
The simulations performed show that hydrogen with a purity
of 0.87 can be produced at a temperature of 848 K, a steam-
to-carbon ratio of 5, and a pressure of 20 bar with Li4SiO4 as
CO2-acceptor. This is a significant improvement compared to
the process with Li2ZrO3 as CO2-acceptor. The capture rate
decreases with fractional conversion of the sorbent, and high
conversion of CH4 cannot be sustained for more than a couple
of minutes with high gas throughput in the reactor. Simulations
also show that, if one type of particle with both catalytic and
capture properties is used, the capture rate is the limiting step
of the process. This changes when two particles are used, where
some intraparticular diffusion resistance occurs. This yields a
particle diameter of 5 mm.
Energy needs to be supplied to the reactor, and a wall
temperature of 848 K is not sufficient to keep the temperature
from dropping dramatically. To attain the temperature in the
reactor, better heating or another reactor concept is needed. A
fluidized-bed reactor is an alternative for this process, presenting
the mentioned advantages. The large temperature gradients will
be smaller, and heat can be added to the reactor by recirculating
the particles. The simulations also show that, for larger
production capacities, the cycling times for the fixed-bed reactor
will be very short, a problem that will vanish when using a
fluidized-bed reactor with continuous regeneration of particles.
The simulations on a fluidized-bed reactor show that a longer
reactor bed is needed to reach satisfying conversions compared
to a fixed-bed reactor. In the simulations, the lower conversion
in the fluidized bed is because of the lower outlet temp-
erature and because of inferior gas-particle contact due to gas
bubbles.
Notation
Roman Symbols
av ) surface area of particles (1/m)
C ) concentration (mol/m3)
Cp ) heat capacity (J/(mol K))
d ) diameter (m)
dt ) diameter of reactor tube (m)
D ) dispersion factor or diffusivity (m2/s)
E ) Arrhenius activation energy (J/mol)
f ) friction factor
h ) bulk-particle heat transfer coefficient (W/(m K))
-¢H ) heat of reaction (J/kg)
J ) mass flux vector (kg/m2)
k ) mass-transfer coefficient (m/s)
K ) constant in capture kinetics (1/s)
L ) length of reactor (m)
mø ) mass flux (kg/(m2 s))
n ) constant in capture kinetics
p ) pressure (Pa)
q ) mass of CO2 per mass of acceptor
r ) radius (m), or reaction rate of components (kg/(kg s))
R ) reaction rate (kg/(m3 s)), or gas constant (J/(K mol))
S ) component mass source term (kg/(m3 s))
S′ ) heat source term (J/(m3 s))
t ) time (s)
T ) temperature (K)
u ) superficial space velocity (m/s)
x ) fractional conversion
y ) mole fraction
z ) axial position (m)
Greek Symbols
R ) ratio between volumes of acceptor and catalyst
 ) void fraction
ì ) conductivity (J/(m s))
í ) viscosity (Pa s)
F ) density (kg/m3)
ô ) tortuosity
ö ) mass fraction
Subscripts
b ) bed
cap ) capture, CO2-acceptor
Figure 11. Comparison of the outlet dry hydrogen mole fraction between
the fixed-bed reactor model (s) and fluidized bed reactor model (- -) as
a function of time with Li4SiO4 as acceptor at adiabatic conditions, P ) 20
bar, Tf ) 848 K, S/C ratio ) 5, uf ) 0.4 m/s.
Figure 12. Comparison of the outlet dry hydrogen mole fraction between
the fixed-bed reactor model (s) and fluidized bed reactor model (- -) as
a function of time with Li4SiO4 as acceptor at t ) 85 s, isothermal
conditions, P ) 20 bar, Tf ) 848 K, S/C ratio ) 5, uf ) 0.4 m/s.
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cat ) catalyst
eq ) equilibrium
f ) feed
g ) gas
i ) component i
m ) molar
max ) maximum
p ) particle
s ) solid
w ) wall
z ) axial direction
Superscripts
d ) dry
s ) surface
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